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and 2-6, respectively, using the SEMK model described in Section 3.1 with 
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(circles), Zeo7 (triangles) and CBV760 (diamonds). Isomerization and 
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25-75 wt% Pt/NaH-Y–Pt/H-ZSM22 mixture (dash dot), calculated with the 
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protonation excess via Eqns. 4-3 and 4-6, respectively, extended with the 
physisorption and reaction rules described in Section 4.1.2, and Eqn. 4-8 for 
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catalyst descriptors values. 
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Figure 5-1 Total n-hexadecane conversion, calculated via Eqn. 2-2, versus time on stream 
for the Pt/H-beta catalyst at 513 K, 0.5 MPa, an inlet H2-to-nC16 molar ratio of 
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Figure 5-2 Experimental isomerization yield as a function of the total n-hexadecane 
conversion at varying reaction conditions (inlet H2-to-nC16 molar ratio = 100, 
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Figure 5-3 Experimental (symbols) and simulated (lines) total n-hexadecane conversion 
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estimates given in Table 5-1 for the original model described in Section 3.1 
(dashed lines), or with the set of parameter estimates given in Table 5-1 and 
Table 5-3 for the advanced model additionally incorporating Eqns. 5-3 and 5-7 
for respectively the formation of ethyl branches and the Langmuir coefficient 
including size entropy (full lines). 
Figure 5-4 Experimental (symbols) and simulated (lines) monobranched (full circles) and 
multibranched isomer yields (open squares) (Eqn. 2-5) versus total n-
hexadecane conversion (Eqn. 2-2). Simulated yields were calculated with the 
set of parameter estimates given in Table 5-1 for the original model described 
in Section 3.1 (dashed lines), or with the set of parameter estimates given in 
Table 5-1 and Table 5-3 for the advanced model additionally incorporating 
Eqns. 5-3 and 5-7 for respectively the formation of ethyl branches and the 
Langmuir coefficient including size entropy (full lines). 
Figure 5-5 Cracking product yields (Eqn. 2-4)  according to the carbon number at a total 
n-hexadecane conversion of 76%, at 513 K, 1 MPa and an inlet H2-to-nC16 
molar ratio of 100; Full bars, experimental data; Grey bars, calculated with the 
set of parameter estimates given in Table 5-1 for the original model described 
in Section 3.1; Open bars, calculated with the set of parameter estimates given 
in Table 5-1 and Table 5-3 for the advanced model additionally incorporating 
Eqns. 5-3 and 5-7 for respectively the formation of ethyl branches and the 
Langmuir coefficient including size entropy. 
Figure 5-6 Experimental relative cracking product yields (Eqn. 2-4) obtained from n-
hexadecane hydroconversion on Pt/H-beta (full bars) and Pt/H-Y (open bars) 
at a total conversion of approximately 77%, at 513 K (Pt/H-beta) or 528 K 
(Pt/H-Y), at 4 MPa, and an inlet H2-to-nC16 molar ratio of 100. 
Figure 5-7 Parity diagrams for the outlet flow rates of the mono-ethyl branched 
hexadecane isomers at the investigated range of operating conditions, 
calculated with the set of parameter estimates given in Table 5-1 for the 
original model described in Section 3.1 (a), or with the set of parameter 
estimates given in Table 5-1 and Table 5-3 for the advanced model 
additionally incorporating Eqns. 5-3 and 5-7 for respectively the formation of 




Figure 5-8 Experimental (symbols) and simulated (lines) undecane (full circles) and 
pentane yields (open squares) (Eqn. 2-4) versus total n-hexadecane conversion 
(Eqn. 2-2). Simulated yields were calculated with the set of parameter 
estimates given in Table 5-1 for the original model described in Section 3.1 
(dashed lines), or with the set of parameter estimates given in Table 5-1 and 
Table 5-3 for the advanced model additionally incorporating Eqns. 5-3 and 5-7 
for respectively the formation of ethyl branches and the Langmuir coefficient 
including size entropy (full lines). 
Figure 5-9 Experimental (symbols) and simulated (lines) n-octane (full circles) and iso-
octane yields (open squares) (Eqn. 2-4) versus total n-hexadecane conversion 
(Eqn. 2-2). Simulated yields were calculated with the set of parameter 
estimates given in Table 5-1 for the original model described in Section 3.1 
(dashed lines), or with the set of parameter estimates given in Table 5-1 and 
Table 5-3 for the advanced model additionally incorporating Eqns. 5-3 and 5-7 
for respectively the formation of ethyl branches and the Langmuir coefficient 
including size entropy (full lines). 
Figure 5-10 Separation factors, calculated via Eqn. 3-12 relative to n-heptane, as a function 
of the alkane carbon number at a temperature of 513 K, calculated with the 
Langmuir coefficients from Eqn. 3-2 (dashed line), or from Eqn. 5-7, i.e., 
including size entropy, with the parameter estimates reported in Table 5-3. 
Figure 5-11 Contribution analysis for the hydroconversion of hexadecane isomers, i.e., 
linear, monobranched, dibranched and tribranched C16 components, and of 
cracking products divided into C8-to-C13 linear and branched components, and 
the lightest products up to C7. Numbers indicate percentage differential 
disappearance factors of each group of components, calculated via Eqn. 5-13, 
and a total nC16 conversion of 50% at 513 K, 1 MPa, and an inlet H2-to-nC16 
molar ratio of 100. Reaction rates were calculated according to Eqn. 3-7 with 
the set of parameter estimates given in Table 5-1 and Table 5-3 for the 
advanced model. Higher rates of disappearance are indicated by thicker 
arrows, contributions below 10% by dashed and dotted arrows. 
Figure 5-12 Percentage differential formation factors (Eqn. 5-14) for nC6 out of various 
component lumps, i.e., monobranched C16 isomers (dot), dibranched C16 




products (full) at 513 K, 1 MPa and an inlet H2-to-nC16 molar ratio of 100. 
Reaction rates were calculated according to Eqn. 3-7 with the set of parameter 
estimates given in Table 5-1 and Table 5-3 for the advanced model. 
Figure 5-13 Percentage differential formation factors (Eqn. 5-14) for iC6 out of various 
component lumps, i.e., monobranched C16 isomers (dot), dibranched C16 
isomers (short dash), tribranched C16 isomers (long dash) and cracking 
products (full) at 513 K, 1 MPa and an inlet H2-to-nC16 molar ratio of 100. 
Reaction rates were calculated according to Eqn. 3-7 with the set of parameter 
estimates given in Table 5-1 and Table 5-3 for the advanced model. 
Figure 6-1 Experimental (symbols) and simulated (lines) n-hexane conversion (Eqn. 2-2) 
as a function of the space time at 503 K (open) and 523 K (full), 1 MPa 
(diamonds), 2 MPa (squares) and 3 MPa (circles), and an inlet H2-to-nC6 
molar ratio between 50 and 100 (a); at 503 K, 2 MPa (squares/full lines) and 3 
MPa (circles/dashed lines), and an inlet H2-to-nC6 ratio of 50 (open), 75 (grey) 
and 100 (full) (b). Simulated n-hexane conversions were obtained using the 
SEMK model incorporating diffusion limitations (Section 6.3.1) with 
estimated diffusion coefficients reported in Table 6-2. 
Figure 6-2 Experimental (symbols) and simulated (lines) 2-methylpentane (squares), 3-
methylpentane (circles), and dimethylbutane yields (diamonds) (Eqn. 2-4) as a 
function of the total n-hexane conversion (Eqn. 2-2). n-Hexane conversions 
and isomer yields were simulated with the general SEMK model described in 
Section 3-1 with Langmuir physisorption parameters determined by 
Cavalcante and Ruthven and Denayer et al. reported in Table 6-1 (short-
dashed lines), with the SEMK model incorporating diffusion limitations 
(Section 6.3.1) with estimated diffusion coefficients reported in Table 6-2 (full 
lines), and with the SEMK model described in Section 6.5.1 applying the 
estimated Langmuir physisorption coefficients reported in Table 6-1 (long-
dashed lines). 
Figure 6-3 Acid catalysis involved in n-hexane hydroconversion. Isomerization reactions 
involve hydride shifts (HS), methyl shifts (MS), PCP branching (PCP), while 
cracking occurs via β-scission (β). 
Figure 6-4  Single-site (dot) and dual-site (full) Langmuir isotherm for n-hexane (a) and 2-




was calculated according to Eqn. 3-3 and with the physisorption parameters 
reported by Denayer et al. and the catalyst micropore volume reported by 
Stach et al. The dual-site Langmuir isotherm was calculated according to Eqn. 
6-1 and with the physisorption parameters reported by Zhu et al., and the 
saturation concentrations reported in an earlier publication by the same 
authors. Individual Langmuir isotherms for site types A and B contributing to 
dual-site Langmuir behaviour are depicted as dashed lines. the reactant partial 
pressure range applied in this chapter is indicated in grey. 
Figure 6-5 Illustration of a discretized site occupancy profile of component i at t = 0 
(open) and at steady-state (full) following Eqn. 6-8 with boundary and initial 
conditions given in respectively Eqn. 6-9 and eqn. 6-10. 
Figure 6-6 Simulated site occupancies (left, full symbols) and net production rates (right, 
open symbols) of n-hexane (squares), 2-methylpentane (circles), 3-
methylpentane (diamonds) and dimethylbutanes (triangles) in the catalyst 
crystallite as a function of the dimensionless length coordinate at 503 K, 2 
MPa, an inlet H2-to-nC6 molar ratio of 50 and a total n-hexane conversion of 
10% (a), and at 523 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50 and a total 
n-hexane conversion of 50% (b). To this purpose, the SEMK model described 
in Section 6.3.1 with estimated diffusion coefficients reported in Table 6-2 
was applied. 
Figure 6-7 The effectiveness factor (Eqn. 6-17) as a function of the Thiele modulus (Eqn. 
6-16) for the PCP branching reactions (full grey areas) and methyl shifts 
(shaded grey areas) in the n-hexane hydroconversion network (Figure 6-3) 
involving a n-hexyl (nC6), 2-methylpentyl (2MC5), 3-methylpentyl (3MC5) or 
dimethylbutyl (DMC4) carbenium ion reactant, calculated with the SEMK 
model described in Section 6.3.1 with estimated diffusion coefficients reported 
in Table 6-2. 
Figure 6-8 Average net production rates (black lines) and net production rates evaluated 
at the crystallite external surface (grey lines) of n-hexane (full), 2-
methylpentane (long dash) and 3-methylpeltane (short dash) as a function of 
the total n-hexane conversion (Eqn. 2-2), calculated with the SEMK model 





Figure 6-9 Simplified representation of the PCP branching reactions and transition states 
involved in n-hexane hydroconversion. 
Figure 7-1 Representation of the MFI framework and annotation of its unit cell. 
Physisorption sites in the pore channels are depicted as ‘α’, those at the 
channel intersections as ‘β’. 
Figure 7-2 Experimental (symbols) and simulated (lines) total n-hexane conversion (Eqn. 
2-2) as a function of the reactant space time at 523 K, 1 MPa (diamonds), at 
503 K, 1 MPa (squares), at 503 K, 2 MPa (triangles), at 503 K, 3 MPa (circles) 
and an inlet H2-to-nC6 molar ratio of 50. Simulated conversions were obtained 
using the methodology described in Section 7.1 and with the kinetic and 
catalyst descriptors reported in respectively Table 3-1 and Table 7-1, and the 
parameter estimates reported in Table 7-2 (full line), and by additionally 
assuming a quartic steady-state concentration profile for each sorbate species 
following Section 7.3 (dashed line). 
Figure 7-3 Experimental (symbols) and simulated (lines) 2-methylpentane (squares) and 
3-methylpentane yield (Eqn. 2-4) as a function of the total n-hexane 
conversion (Eqn. 2-2). Simulated isomer yields were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1, and the 
parameter estimates reported in Table 7-2 (full line) (a), and by additionally 
assuming a quartic steady-state concentration profile for each sorbate species 
following Section 7.3 (b). In (a), the model regression results presented in 
Figure 6-2 in which a linearly decreasing corrected diffusion coefficient with 
the total site occupancy was assumed (Eqn. 6-13), are also depicted as dashed 
lines. 
Figure 7-4 Experimental (full symbols) and simulated (open symbols) 2-
methylpentane/3-methylpentane yield ratio (Eqn. 2-4) as a function of the total 
n-hexane conversion (Eqn. 2-2) at 503 K (diamonds) and 523 K (squares). 
Simulated 2MC5/3MC5 yield ratios were obtained using the methodology 
described in Section 7.1 and with the kinetic and catalyst descriptors reported 
in respectively Table 3-1 and Table 7-1, and the parameter estimates reported 
in Table 7-2. Experimentally obtained 2MC5/3MC5 yield ratios on a Pt/H-




are also depicted along with the thermodynamic equilibrium value evaluated at 
503 K (dashed line). 
Figure 7-5 Simulated steady-state site occupancies of n-hexane (diamonds), 2-
methylpentane (squares), 3-methylpentane (triangles) and dimethylbutanes 
(circles) as a function of the dimensionless length coordinate at 503 K and 3 
MPa (a), at 523 and 2 MPa (b), an inlet H2-to-nC6 molar ratio of 50 and a 
space time of 100 kg s mol-1. Site occupancies were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1, and the 
parameter estimates reported in Table 7-2 (symbols), and by additionally 
assuming a quartic steady-state concentration profile for each sorbate species 
following Section 7.3 (lines). 
Figure 7-6 Corrected diffusion coefficient normalized to the corrected diffusion 
coefficient at zero occupancy as a function of the total site occupancy (a) 
assuming a linearly decreasing corrected diffusion coefficient (Eqn. 6-13) 
(full), for an MFI framework (Eqns. 7-28, 7-29 and 7-33) (long dash) and a 
cubic framework (Eqn. 7-34) (short dash). Simulated n-hexane conversion 
(Eqn. 2-2) (black lines, left axis) and 2-methylpentane/3-methylpentane yield 
ratio (Eqn. 2-4) (grey lines, right axis) as a function of the space time at 503 
K, 1 MPa and an inlet H2-to-nC6 molar ratio of 50 (b) assuming a linearly 
decreasing corrected diffusion coefficient with the site occupancy (full), for an 
MFI framework (long dash) and a cubic framework (short dash). Conversions 
and yield ratios were obtained using the methodology described in Section 7.1 
and with the kinetic and catalyst descriptors reported in respectively Table 3-1 
and Table 7-1. 
Figure 7-7 Simulated steady-state site occupancies of n-hexane (full), methylpentanes 
(long dash) and dimethylbutanes (short dash) as a function of the 
dimensionless length coordinate at 503 K, 1 MPa, an inlet H2-to-nC6 molar 
ratio of 50, and at zero n-hexane conversion (a). Simulated n-hexane 
conversion (Eqn. 2-2) (black lines, left axis) and 2-methylpentane/3-
methylpentane yield ratio (Eqn. 2-4) (grey lines, right axis) as a function of the 
space time at 503 K, 1 MPa and an inlet H2-to-nC6 molar ratio of 50 (b). Site 




methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1 (black lines - 
figure a; full lines - figure b), and by additionally neglecting interspecies 
correlation effects (grey lines - figure a; dashed lines - figure b). 
Figure 7-8 Simulated corrected diffusion coefficient (Eqns. 7-27 to 7-29) normalized to 
the corrected diffusion coefficient at zero occupancy and zero acid site 
concentration as a function of the total site occupancy (a) at a total acid site 
concentration of 2.6 10-4 mol g-1 (full), 1.3 10-4 mol g-1 (long dash) and 5.0 10-
5 mol g-1 (short dash). Simulated n-hexane conversion (Eqn. 2-2) (black lines, 
left axis) and 2-methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey 
lines, right axis) as a function of the space time at 503 K, 1 MPa and an inlet 
H2-to-nC6 molar ratio of 50 (b) at a total acid site concentration of 2.6 10-4 mol 
g-1 (full), 1.3 10-4 mol g-1 (long dash) and 5.0 10-5 mol g-1 (short dash). 
Conversions and yield ratios were obtained using the methodology described 
in Section 7.1 and with the kinetic and catalyst descriptors reported in 
respectively Table 3-1 and Table 7-1. 
Figure 7-9 Simulated steady-state site occupancies of n-hexane (black lines), 
methylpentanes (grey lines) as a function of the dimensionless length 
coordinate at 503 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50, and at zero 
n-hexane conversion (a) for a spherical (full), cylindrical (long dash) and a 
slab crystallite geometry (short dash). Simulated n-hexane conversion (Eqn. 2-
2) (black lines, left axis) and 2-methylpentane/3-methylpentane yield ratio 
(Eqn. 2-4) (grey lines, right axis) as a function of the space time at 503 K, 1 
MPa and an inlet H2-to-nC6 molar ratio of 50 (b) for a spherical (full), 
cylindrical (long dash) and a slab crystallite geometry (short dash). Site 
occupancies, conversions and yield ratios were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1. 
Figure 7-10  Simulated steady-state site occupancies of n-hexane (black lines), 
methylpentanes (grey lines) as a function of the dimensionless length 
coordinate at 503 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50, and at zero 
n-hexane conversion (a) for a crystallite diameter of 5 µm (full), 1 µm (long 




(Eqn. 2-2) (black lines, left axis) and 2-methylpentane/3-methylpentane yield 
ratio (Eqn. 2-4) (grey lines, right axis) as a function of the space time at 503 
K, 1 MPa and an inlet H2-to-nC6 molar ratio of 50 (b) for a crystallite diameter 
of 5 µm (full), 1 µm (long dash), 0.5 µm (short dash), and 0.1 µm (dot). Site 
occupancies, conversions and yield ratios were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1. 
Figure 8-1 Experimental total n-decane conversion (Eqn. 2-2) as a function of the n-
decane space time at 503 K (open) and 513 K (full), at 1 MPa (diamonds), 1.5 
MPa (squares) and 2 MPa (circles), and an inlet H2-to-nC10 molar ratio of 200. 
95% confidence intervals on the mean values are represented as error bars. 
Figure 8-2 Total isomerization yield (Eqn. 2-5) (diamonds and triangles) and cracking 
yield (Eqn. 2-6) (squares and circles) as a function of the total n-decane 
conversion (Eqn. 2-2) at 503 K (diamonds/squares) and 513 K 
(triangles/circles), at 1 MPa (open), 1.5 MPa (grey) and 2 MPa (full), and an 
inlet H2-to-nC10 molar ratio of 200. 
Figure 8-3 Percentage contributions to the total isomerization yield (Eqn. 2-5) of 2-
methylnonane (diamonds), 3-methylnonane (squares), 4-methylnonane 
(triangles) and 5-methylpentane (circles) as a function of the total n-decane 
conversion (Eqn. 2-2). In addition, the thermodynamic equilibrium values are 
depicted as lines for 2-methylnonane (long dash), 3- and 4-methylnonane 
(short dash), and 5-methylnonane (dot). 
Figure 8-4 Experimental propane (crosses), butane (diamonds), pentane (triangles), 
hexane (squares) and heptane yields (circles) (Eqn. 2-4) as a function of the 
total n-decane conversion (Eqn. 2-2). A distinction is made between linear 
(open) and branched products (full). 
Figure 8-5 Experimental cracking product yields lumped per carbon number, and 
separated between linear (black) and branched cracking products (grey), at a 
space time of 750 (full bars), 600 (horizontally striped bars), 450 (vertically 
striped bars), and 300 kg s mol-1 (dotted bars), and at 503 K and 1 MPa (a), 
513 K and 1 MPa (b), at 503 K and 1.5 MPa (c), at 513 K and 1.5 MPa (d), at 





Figure 8-6 Propane/heptane (full diamonds) and butane/hexane yield ratio (open circles) 
(Eqn. 2-4) as a function of the total n-decane conversion (Eqn. 2-2). 
Figure 8-7 Experimental (full bars) and simulated cracking product distributions at 503 
K, 2 MPa (a) and at 513 K, 1 MPa (b), at an inlet H2-to-nC10 molar ratio of 200 
and a space time of 450 kg mol s-1. Simulated product yields were obtained 
considering type C β-scission exclusively (open bars), considering type B and 
C β-scission (grey bars), and additionally incorporating competitive 
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and with the kinetic and catalyst descriptors reported in respectively Table 3-1 
and Table 7-1 (detailed model), and by additionally assuming a quartic steady-










Roman symbols  
a,b,c coefficients of the quartic approximation to the steady-state 
intracrystalline concentration profiles 
A chromatogram peak area [V s-1] 
A,B coefficients in the expression of the mean field self-diffusion 
coefficient [-] 
AlO octahedral aluminium concentration [mol kg-1] 
AlP pentacoordinated and distorted tetrahedral aluminium 
concentration [mol kg-1] 
AlT tetrahedral aluminium concentration [mol kg-1] 
Altot total aluminium concentration [mol kg-1] 
b model parameter vector 
B matrix containing countersorption and corrected diffusion 
coefficients 
C concentration [mol kg-1] 
CL concentration in liquid bulk phase [mol m-3] 
̅ mean saturation concentration [mol kg-1] 
Cs matrix containing physisorption saturation concentrations 
c
E
 excess physisorption parameter [J mol-1] 




CN carbon number 
D Fick diffusion coefficient [m2 s-1] 
D matrix containing Fick diffusion coefficients 
 corrected diffusion coefficient of i [m2 s-1] 
 self-exchange coefficient of i [m2 s-1] 
 countersorption coefficient of i with respect to j [m2 s-1] 
 self-diffusion coefficient [m2 s-1] 
Ea activation energy [J mol-1] 
f fugacity [Pa] 
f fraction of strong physisorption sites [-] 
F experimental flow rate [mol s-1] 
F site-to-site flow [s-1] 
	
 calculated flow rate [mol s-1] 
∆G0 free enthalpy [J mol-1] 
h Planck constant [m2 kg s-1] 
H Henry coefficient [mol kg-1 Pa-1]  
∆H0 standard enthalpy [J mol-1] 
k rate coefficient [s-1] 
 single-event rate coefficient [s-1] 
kB Boltzmann constant [m2 kg s-2 K-1] 
Kdeh dehydrogenation equilibrium coefficient [Pa] 




KL Langmuir physisorption coefficient [Pa-1] 
Kpro protonation equilibrium coefficient [kg mol-1] 
 single-event  protonation equilibrium coefficient [kg mol-1] 
L crystallite characteristic length [m] 
m carbenium ion type 
MM molar mass [kg mol-1] 
n number of components 
N molar flux [mol m-2 s-1] 
N matrix containing molar fluxes 
ncar number of carbenium ions 
nchir number of chiral centers 
ne number of single events 
ngrid number of intracrystalline grid points 
niso number of structural isomers 
nmod number of physisorption modes 
nobs number of observations 
nole number of alkenes 
npar number of alkanes 
nresp number of responses 
nucell number of unit cells 
p partial pressure [Pa] 
p hopping probability [-] 




r reaction rate [mol kg-1 s-1] 
R universal gas constant [J mol-1 K-1] 
R net production rate [mol kg-1 s-1] 
 average net production rate [mol kg-1 s-1]  
R matrix containing the net production rates 
s secondary ion 
s crystallite shape factor [-] 
∆S0 standard entropy [J mol-1 K-1] 
∆ single-event standard entropy [J mol-1 K-1] 
SSQ  sum of squares 
t tertiary ion 
t time [s] 
T temperature [K] 
u sorbate velocity [m s-1] 
V volume [m3 kg-1] 

  estimated volume [m3 kg-1] 
w weighing factor [-] 
w interaction parameter [-] 
W catalyst mass [kg] 
wt% mass percentage 
X conversion [-] 
y length coordinate [m] 




Greek symbols  
α separation factor [-] 
α,α1,α2 coefficients for the size entropy calculation [J mol-1 K-1] 
β,β1,β2 coefficients for the size entropy calculation [J mol-1 K-1] 
β real parameter vector 
Γ thermodynamic correction factor [-] 
Γ matrix containing thermodynamic correction factors 
η effectiveness factor [-] 
θ physisorption site occupancy [-] 
θ matrix containing the site occupancies 
λ displacement distance [m] 
µ chemical potential [J mol-1] 
ν hopping frequency [s-1] 
ξ dimensionless length [-] 
ρcat catalyst density [kg m-3] 
σ symmetry number [-] 
τ average physisorption time [s] 
φ ratio of average physisorption times on strong and weak sites [-] 
φ
d
 differential disappearance factor [-] 
φ
f
 differential formation factor [-] 
 fugacity coefficient [-] 








0 at zero site occupancy 
β β-scission 
A,B physisorption site types 
acid Brønsted acid sites 
AS alkyl shift 
E excess 
elec electrostatic interactions 
eth ethyl side chain formation 
g gas phase 
l liquid phase 
MFT calculated via a mean field theory 
mp micropore 
PCP PCP branching 
phy physisorption 











0 at zero strong physisorption site concentration 
cra cracking 
ext external symmetry 
feed feed component 
glob global 
H+ proton 
i, j,k,l,m,u,v,w indices 







R+ carbenium ion 
ref reference alkene 
s strong physisorption sites 
tot total 





Glossary of terms 
Activation energy  For an elementary step, it is difference in internal energy between 
transition state and reactants. A measure for the temperature 
dependence of the rate coefficient k = A exp(Eact/RT) with R is the 
universal gas constant, T the temperature and A the pre-exponential 
factor. 
Active site  Also called active centre. Those sites for sorption which are 
responsible for subsequent reaction. 
Arrhenius relation  Expresses the dependence of a rate coefficient k corresponding with a 
chemical reaction on the temperature T and activation energy, Eact: k 
= A exp(Eact/RT) with R is the universal gas constant, T the 
temperature and A the pre-exponential factor. 
Catalyst  A source of active sites, which augments the rate of a chemical 
reaction and is regenerated at the end of a closed reaction sequence. 
Chemisorption  Also known as chemical adsorption. Adsorption in which the forces 
involved are valence forces of the same kind as those operating in the 
formation of chemical compounds. Chemisorption strongly depends 
on the surface and the sorbate, and only one layer of chemisorbed 
molecules is formed. Its energy of sorption is the same order of 




 A steady-state tank reactor which is continuously supplied with feed 
and at the same time an equal volume of reactor content is discharged 
in order to maintain a constant level in the tank. The fluid in the tank 
is agitated such that the composition is uniform throughout the 
reactor and equal to the effluent composition. 
Conversion  Measure for the amount of a reactant that has been transformed into 
products as a result of a chemical reaction. 
Deactivation  The decrease in conversion in a catalytic reaction with time of run 
under constant reaction conditions. 
Elementary step  The irreducible act of reaction in which reactants are transformed into 
products directly, i.e., without passing through an intermediate that is 
XXXIV 
 
susceptible to isolation. 
Effectiveness 
factor 
 Ratio of actual reaction rate for a porous catalyst, to reaction rate that 
would be observed if the total surface area throughout the catalyst 
interior were exposed to a fluid of the same composition and 
temperature as that found at the outside of the particle. 
Fugacity  Thermodynamic activity in a non-ideal phase with the ideal gas state 




 The process in which the components of a mixture are separated from 
one another by injecting the sample into a carrier gas which is passing 
through a column or over a bed of packing, with different affinities 




 A technique to estimate and predict thermodynamic and other 
properties from molecular structures, i.e., atoms, atomic groups, bond 
type etc. 
Intermediate  Is formed from a reactant and transforms into a product during a 
chemical reaction. The intermediate is often a short-lived and 
unstable species that cannot directly be detected during  reaction. 
Intracrystalline 
diffusion 
 Motion of atoms within the particles of a solid phase that has a 
sufficiently large porosity to allow this motion. 
Langmuir 
physisorption 
 Physisorption of a gas on a uniform surface in which there is no 
interaction between adsorbed species. Langmuir isotherm for non-
dissociative adsorption has the form θ = k p/(1 + k p)  where θ = 
surface coverage, p = gas phase partial pressure, k = Langmuir 
physisorption equilibrium constant.  
Knudsen diffusion  Type of mass transfer which is dominated by molecule-pore wall 
collisions, a s a result of a large mean free path between collisions 
compared to the pore diameter. Prevails at low pressures and/or small 
pore diameters. 
Mechanism  A sequence of elementary steps in which reactants are converted into 
products, through the formation of intermediates. 
Network  When several single reactions take place in a system, these parallel 
and consecutive reactions constitute a network. 
Objective function  Is a function used during optimization problems which have to be 
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minimized or maximized by choosing the best set of variables which 
determines the values of this function. 
Pseudo-steady 
state 
 Its mathematical expression is that the time rate of change of the 




 Process of estimating the parameters of a relation between 
independent and dependent variables as to describe a chemical 
reaction as good as possible. 
Parapur  A mixture of linear alkanes (C9 to C14). 
Parity diagram  Diagram representing the model calculated values as a function of the 
experimentally observed values. The better the correspondence with 
the first bisector, the better the agreement with experimental data.  
Physisorption  Also known as physical adsorption. Adsorption in which the forces 
involved are intermolecular forces (Van der Waals forces) of the 
same kind as those responsible for deviation from ideal gas behavior 
or real gases at the condensation of vapours, and which do not 
involve a significant change in the electronic orbital patterns of the 
species involved. Physisorption usually occurs at temperatures near 
the boiling point of the sorbate, and multilayer can occur.             
Pre-exponential 
factor 
 The temperature-independent factor of a rate, also called the 
frequency factor. 
Reaction family  Classification of elementary reaction steps on the basis of same 
features 
Reaction rate  The number of moles of a component created by a chemical reaction 
per unit of time, volume or catalyst mass. 
Rate-determining 
step 
 If, in a reaction sequence, consisting of n steps, (n-1) steps are 
reversible, and if the rate of each of these (n-1) steps potentially  
larger in either direction than the rate of the nth step, the latter is said 
to be rate-determining. The rate-determining step need not be 
reversible.  
Shape factor    The shape factor of a catalyst crystallite is related to the ratio of the 
volume and the surface of its geometry and is, hence, independent of 
the crystallite characteristic length. It provides information on the 
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crystallite shape only, and its deviation from the idealized geometries 
such as the infinitely long slab, cylinder, and sphere. In Fick’s second 
law of mass transport, the shape factor adopts a value of 0,1 and 2 for 
the latter three geometries, respectively. 
Steady state  A system in steady-state has certain properties that are time-
independent. 
Support  Also called carrier. Material, usually of high surface area, on which 
the active catalytic material, present as the minor component, is 
dispersed. The support may contribute to the overall catalytic activity. 
Transition state  Also called activated complex. The configuration of highest potential 




 Theory to calculate the rate of an elementary reaction from a 
knowledge of the properties of the reacting components and their 
concentrations. Differs from collision theory in that it takes into 







High-quality fuel production from alternative feedstocks constitutes one of the most 
urgent challenges in view of the declining crude oil resources and the ever increasing 
environmental concern. Hydroconversion is particularly useful to upgrade feeds originating 
from natural gas and bio-oil derived liquids, as it enables heterocompound removal through 
the addition of hydrogen to the reaction medium. In addition, hydroconversion of stranded 
residue streams in refineries is an emerging technology to convert heavily contaminated 
petroleum feeds to gasoline and diesel fuels with the desired ignition properties [1]. Alkane 
hydroconversion, in particular, comprises acid catalyzed isomerization and cracking reactions 
in addition to (de)hydrogenation and, hence, requires a bifunctional catalyst containing both 
acid and metal sites. For this purpose, a vast library of microporous and mesoporous supports 
has been explored over the past 50 years [2, 3]. Especially microporous supports are 
renowned for their high activity, hydrothermal stability, and the ability to tailor the product 
distribution to the market demands through the exploitation of shape selectivity effects [4]. 
The latter and other physico-chemical effects occurring at the microscale, often complicate 
the identification of the intrinsic kinetics from the observed activities and product 
selectivities. A fundamental model which attains a high level of detail up to the molecular 
scale, aids considerably in comprehending the hydroconversion performance of the catalyst. 
From the different modelling approaches reported in literature, the Single-Event 
MicroKinetic (SEMK) methodology excels in coping with complex reaction networks based 
on a limited number of adjustable parameters, while meticulously preserving the fundamental 
character of the model based upon the reaction family concept [5]. Moreover, it enables to 
unequivocally identify the catalyst role from the overall reaction kinetics and the 
simultaneously occurring physico-chemical phenomena, via dedicated model parameters 
accounting for the catalyst properties. The latter are commonly denoted as ‘catalyst 
descriptors’, and open up the route towards a comprehensive ‘model-guided’ catalyst design 
and optimization [6]. Apart from its economic relevance, alkane ideal hydroconversion is also 
particularly suited for the present endeavour thanks to its well-established, consecutive 
reaction network comprising only a limited amount of reaction families, illustrated in Figure 






Figure 1 n-Decane hydroconversion reaction network. 
 
This work aims at further extending the applicability of the SEMK methodology 
developed for alkane hydroconversion, towards other catalyst types and to industrially more 
relevant reaction conditions. Large-pore USY zeolites which underwent a post-synthesis 
Atomic Layer Deposition (ALD) treatment using TriMethylAluminium (TMA) and water as 
reactants, were characterized by means of various characterization techniques as well as 
n-decane hydroconversion. ALD is a well-known film growth technique comprising 
sequential self-terminating gas-solid reactions enabling the controlled deposition of new 
material layers [7]. The ability to deposit extraframework alumina clusters into the large 
micropores of a USY was recently demonstrated, and considerably increased the catalytic 
activity in most cases [8]. According to the chemistry involved in the ALD process, new 
surface hydroxyl groups are formed by consecutive ligand exchanges of TMA and water with 
functional groups on the catalyst surface. N2 physisorption, pyridine TPD and IR, and 27Al 
MAS NMR measurements indicated the creation of new Brønsted acid sites which, however, 
became covered by an inert extraframework aluminium phase as the number of ALD cycles 
was increased. Figure 2 gives a graphical representation of the effect of an extended ALD 
treatment on the coverage of the catalyst’s meso- and micropores with Al species. SEMK 
model regression against real experimental data indicated that the newly formed acid sites, 
associated with aluminum species in a distorted tetrahedral configuration, were intrinsically 
stronger than those originally present in the reaction network. Drying prior to the ALD 
treatment was necessary to attain such strong acid sites, while extensive purging in between 
the reactant pulses could not remove water more efficiently, and even resulted in adverse 




attenuated by increasing the drying temperature aiming at a more efficient water removal, but 
was accompanied by minor framework destruction. With the aid of SEMK modelling, it was 
possible to comprehend the complex chemistry involved in alumina ALD and, moreover, to 
assess the kinetic relevance of extraframework aluminium deposited via ALD. 
 
 
Figure 2 Graphical representation of the parent USY containing both meso- and micropores (a), 
and of the creation of new, active alumina clusters through atomic layer deposition 
(green areas), and of inert Al2O3 formation through chemical vapour condensation of 
TMA and water (red areas) (b). 
 
Extreme shape selectivity observed over ZSM22 and other unidirectional medium-
pore zeolites, is commonly exploited to achieve high isomerization yields [9]. The latter 
catalyst class is therefore renowned for their octane boosting capabilities. Physically mixing 
of a ZSM22 catalyst and a mildly active Y zeolite, led to an even further enhanced total 
isomerization yield [10] resulting from consecutive monobranching on the ZSM22 catalyst, 
and mild dibranching on Y [11]. This synergy effect between both catalysts was investigated 
via SEMK model simulations at liquid phase conditions using a commercial heavy n-alkane 
mixture as feed. Extension towards a liquid bulk phase involved strong competition during 
physisorption between alkanes of different chain length [12]. The latter proved to be of 
paramount importance to achieve a globally improved isomerization selectivity compared to 
the pure ZSM22.  
The transition from hydroconversion from the ideal gas state, towards reaction from 
the dense gas phase was investigated using a n-hexadecane feed, which guarantees nearly full 
saturation of the catalyst micropores with physisorbed species. Intermolecular interactions 




observed in the Henry regime, and were quantified by means of a size entropy contribution 
portraying the hindered physisorption onto a saturated framework [13]. The latter was 
proportional to the total occupancy and the sorbate carbon number and, hence, additional 
entropy losses upon physisorption became more pronounced as the sorbate size increased. As 
a result, physisorption of light cracking products and, consequently, their further reaction 
towards isomer and other cracking products, contributed more significantly to the overall 
kinetics, especially in the higher conversion range. The investigated catalyst was Pt/H-beta, 
another well-known large-pore zeolite, which gave rise to a product distribution similar to the 
one obtained over (US)Y-based catalysts. The significantly lower production of ethyl 
branched species, however, could be attributed to minor transition state shape selectivity 
effects exhibited by the somewhat more narrow beta framework [14]. It was quantified by a 
25 kJ mol-1 higher activation energy for reactions involving the formation and consumption 
of an ethyl branch. 
ZSM5 zeolites are commonly applied in industry to exploit their high activity and 
coking stability [15]. The peculiar MFI framework composed of perpendicularly intersecting 
straight and sinusoidal medium pores, gives rise to a n-alkane hydroconversion product 
distribution which is primarily composed of cracking products, rather than feed isomers in the 
case of heavier feeds such as n-decane. The latter nearly exclusively consist of monobranched 
alkanes which, in addition, are typically not in thermodynamic equilibrium with each other 
[16]. This phenomenon is most obvious when using a lighter feed component such as 
n-hexane because no pronounced cracking of multibranched alkanes is observed for such 
feeds. A SEMK assessment of the shape selectivity involved in n-hexane hydroconversion 
benchmarked against actual experimental data, showed that intracrystalline diffusion 
limitations govern the apparent reaction kinetics. Within the monobranched alkane lump, 
diffusional limitations are most pronounced when the methyl branch is located more towards 
the centre of the carbon skeleton. Dimethylbutanes were nearly completely immobile upon 
formation inside the catalyst framework, and were compelled to react further to more agile 
species. Their production remained low and could be ascribed to reaction at the crystallite 
external surfaces only. 
The intracrystalline diffusion phenomena as observed during n-hexane 
hydroconversion, were fundamentally assessed by integration of the Stefan-Maxwell theory 
for multicomponent diffusion into the SEMK model [17]. The theory enables to distinguish 




the other species present in the diffusing mixture. The implementation of such interspecies 
correlation effects was sufficient to optimize the agreement between model and experiment. 
Specific framework properties were accounted for by incorporating a mean field approach to 
diffusion which distinguishes the different physisorption site locations within the catalyst unit 
cell specifically [18]. Diffusion through the unit cell is accounted for as a hopping 
mechanism between the different physisorption sites and could, hence, be quantified from the 
site-to-site flows. The latter allows the extension of the methodology towards other 
frameworks consisting of a different unit cell, by a mere adjustment of the site-to-site flow 
expressions. Identification of other catalyst descriptors within the diffusion equations 
provided substantially more insight in the diffusion mechanism, by investigating their effect 
on the intracrystalline concentration profiles and diffusion coefficients on the microscale, and 
on the catalyst performance observed on the macroscale. The latter is demonstrated in Figure 
3 which presents the impact of the crystallite size on the concentration gradients and on the n-
hexane hydroconversion behaviour. A significant concentration gradient develops as the 
crystallite size increases. It eventually results in a lower catalyst activity, but also in a 
distinctly different product distribution. 
 
 
Figure 3 Simulated steady-state site occupancies of n-hexane (black lines), methylpentanes (grey 
lines) as a function of the dimensionless length coordinate at 503 K, 1 MPa, an inlet H2-
to-nC6 molar ratio of 50, and at zero n-hexane conversion (a) for a crystallite diameter of 
5 µm (full), 1 µm (long dash), 0.5 µm (short dash), and 0.1 µm (dot). Simulated n-hexane 
conversion (black lines, left axis) and 2-methylpentane/3-methylpentane yield (grey lines, 
right axis) as a function of the space time at 503 K, 1 MPa and an inlet H2-to-nC6 molar 
ratio of 50 (b) for a crystallite diameter of 5 µm (full), 1 µm (long dash), 0.5 µm (short 
dash), and 0.1 µm (dot).  
    
n-Decane hydroconversion on Pt/H-ZSM5 was,  regardless of the reaction condition 
considered, characterized by a very high cracking affinity and an unusually high selectivity 
towards 2-methylnonane relative to any other feed isomer [19]. The cracking product 
distribution was nearly independent of the n-decane conversion, and showed a high 




shape selective catalysts. The cracking product distribution was nearly entirely the result of 
type B β-scission of dimethyloctanes which were completely immobile upon formation. 
Rather than diffusing out of the catalyst framework towards the bulk phase, the latter species 
interconverted towards thermodynamic equilibrium prior to isomerization towards either 
methylnonanes, or primordially (s;t) and (t;s) β-scission as found from SEMK model 
simulations. Secondary cracking and isomerization reactions occurred for C6 and, especially, 
C7 reactants which were indicative for physisorption competition with the feed alkanes owing 
to micropore saturation. The latter was the result of a combined effect of the narrow pores of 
the catalyst, and of the heavy feed alkane used. 
The SEMK methodology prove its versatility in analyzing the reaction pathway 
during n-decane hydroconversion on Pt/H-ZSM5, and aided considerably in identifying the 
dominant shape selectivity effects occurring alongside reaction. In addition, other forms of 
shape selectivity, acidity enhancement via ALD, and physisorption effects at micropore 
saturation could be fundamentally assessed by means of a SEMK model. The latter 
demonstrated the SEMK methodology once more as an indispensable tool in process 
characterization and optimization. 
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De productie van brandstoffen van hoge kwaliteit vanuit alternatieve 
voedingsbronnen, omvat één van de meest dringende hedendaagse uitdagingen in het licht 
van de uitputting van de ruwe aardolie, en de steeds toenemende bezorgdheid omtrent het 
milieu. Hydroconversie is bijzonder nuttig voor de opwaardering van vloeibare voedingen 
komende van omzettingsprocessen voor natuurlijk gas en bio-oliën. Bovendien is de 
hydroconversie van zware residustromen een nieuwe technologie om sterk bevuilde 
petroleumvoedingen om te zetten naar benzines en diesels met de gewenste 
ontbrandingseigenschappen [1]. De hydroconversie van alkanen in het bijzonder, omvat 
zuurgekatalyseerde isomerisatie- en krakingsreacties  naast (de)hydrogenering, en heeft aldus 
een bifunctionele katalysator nodig die zowel zure als metallische centra bevat. Voor dit 
doeleinde is er reeds een groot aantal microporeuze en mesoporeuze dragermaterialen 
onderzocht tijdens de laatste 50 jaar  [2, 3]. Vooral microporeuze materialen zijn gekend om 
hun hoge activiteit, hydrothermische stabiliteit, en de mogelijkheid om de productdistributie 
aan te passen naar de marktvraag aan de hand van vormselectieve eigenschappen [4]. Dit 
laatste en andere fysicochemische effecten die plaatsvinden op de microschaal, bemoeilijken 
vaak de identificatie van de intrinsieke kinetiek vanuit de experimentele activiteiten en 
productselectiviteiten. Een fundamenteel model dat een hoog niveau van detail bereikt tot op 
de moleculaire schaal, helpt aanzienlijk in het begrijpen van de performantie van de 
katalysator in hydroconversie. Van de verschillende methodologieën gerapporteerd in de 
literatuur steekt de ‘Single-Event MicroKinetic’ (SEMK) methodologie erboven uit in de 
beschrijving complexe reactienetwerken, en is gebaseerd op een beperkt aantal aanpasbare 
parameters waarbij tegelijkertijd het fundamentele karakter van het model behouden blijft [5]. 
Bovendien laat de methodologie toe om de rol van de katalysator binnen de kinetiek te 
onderscheiden via specifieke modelparameters die rekening houden met de 
katalysatoreigenschappen [6]. Naast zijn economische relevantie, is de hydroconversie van 
alkanen hiervoor geschikt door zijn welgekend consecutieve reactienetwerk bestaande uit 






Figuur 1  Reactienetwerk van n-decaan hydroconversie. 
 
Dit werk doelt op een verdere uitbreiding van de toepasbaarheid van de SEMK 
methodologie ontwikkeld voor de hydroconversie van alkanen, richting andere 
katalysatortypes en industrieel meer relevante reactiecondities. USY zeolieten die een post-
synthese ‘Atomic Layer Deposition’ (ALD) behandeling zijn ondergaan met 
TriMethylAluminium (TMA) en water als reactanten, zijn gekarakteriseerd via verschillende 
meettechnieken alsook door n-decaan hydroconversie. ALD is een gekende filmgroeitechniek 
gebaseerd op zelfbeëindigende gas-vast reacties leidend tot een gecontroleerde depositie van 
nieuwe materialen [7]. De mogelijkheid om alumina af te zetten op de microporiën van een 
USY is recent aangetoond, en verbeterde de katalysatoractiviteit aanzienlijk in de meeste 
gevallen [8]. Volgens de chemie betrokken bij ALD, werden nieuwe hydroxylgroepen 
gevormd in de microporiën via opeenvolgende reacties van TMA en water met functionele 
groepen aanwezig op het oppervlak. N2 fysisorptie, pyridine TPD en IR, en 27Al MAS NMR 
metingen indiceerden de creatie van nieuwe Brønsted zure centra, die meer en meer bedekt 
werden door inert aluminiumoxide met een toenemend aantal ALD cycli. Figuur 2 geeft een 
grafische representatie weer van het effect van een uitgebreide ALD behandeling op de 
bedekking van de meso- en microporiën van de katalysator met Al materiaal. SEMK 
modelregressie tegen experimentele data toonde aan dat de nieuwe zure centra, geassocieerd 
met aluminium in een verstoorde tetrahedrische configuratie, intrinsiek sterker waren dan 
deze die origineel aanwezig waren op in katalysatorstructuur. Drogen alvorens de ALD 
behandeling uit te voeren bleek cruciaal te zijn om dergelijke sterke centra te creëren, terwijl 
lange zuiveringsstappen tussenin de reactantpulsen niet leidden tot een efficiëntere afvoer van 




depositie van een inerte aluminiumoxide laag kon afgezwakt worden door een hogere 
drogingstemperatuur toe te passen voor een betere verwijdering van watermoleculen. Dit 
bracht echter ook een milde destructie teweeg van de katalysatorstructuur.  Met behulp van 
de SEMK methodologie was het mogelijk om de complexe chemie betrokken bij ALD van 
aluminium beter te begrijpen en, bovendien, om de kinetische relevantie van de nieuwe Al 
species te evalueren.  
 
 
Figuur 2 Grafische representatie van USY dat zowel meso- als microporiën bevat (a), en van de 
creatie van nieuwe, actieve aluminaclusters via ALD (groene oppervlaktes), en van inert 
Al2O3 gevormd door gas-gas reactie van TMA en water (rode oppervlaktes) (b). 
 
Extreme vormen van vormselectiviteit zijn geobserveerd op ZSM22, en resulteerden 
in een hoge isomerisatieopbrengst [9]. Menging met een matig actieve Y zeoliet leidde tot 
een verdere verbetering [10], en werd verklaard als monovertakkingsreacties op de ZSM22, 
gevolgd door divertakking op Y [11]. Dit synergetische effect tussen beide katalysatoren was 
onderzocht aan de hand van SEMK modelsimulaties tijdens reactie vanuit de vloeistoffase 
met een commercieel mengsel van zware n-alkanen als voeding. Competitie voor fysisorptie 
op het oppervlak tussen de alkanen van verschillende grootte werd in rekening gebracht [12], 
en bleek van groot belang te zijn om een dergelijke verbetering in isomerisatie-opbrengst te 
handhaven in vergelijking met de pure ZSM22.  
De transitie van hydroconversie vanuit de ideale gasfase, naar reactie vanuit de 
compacte gasfase was onderzocht, met n-hexadecaan als voeding dat een bijna volledig 
gesatureerd oppervlak met gefysisorbeerd species garandeert. Intermoleculaire interacties en 




zoals geobserveerd onder het Henryregime. Deze afwijking was gekwantificeerd door middel 
van een ‘size’ entropiecontributie dat de gehinderde fysisorptie op een gesatureerd oppervlak 
portretteert [13]. Deze was proportioneel aan de totale bezetting van de fysisorptiecentra en 
het koolstofgetal van het sorbaat, en additionele entropieverliezen werden aldus belangrijker 
met toenemende grootte van het sorbaat. Als gevolg werd de contributie van lichte 
krakingsproducten op vlak van fysisorptie en, vervolgens ook van reactie, tot de globale 
kinetiek groter, vooral in het hogere conversiebereik. De onderzochte katalysator betrof een 
ander welgekende zeoliet met grote poriën, Pt/H-beta, dat aanleiding gaf tot een gelijkaardige 
productdistributie geobserveerd met (US)Y-gebaseerde katalysatoren. De sterk verminderde 
productie van ethylvertakte species kon toegewezen worden aan 
transitietoestandsvormselectiviteit als een gevolg van de wat nauwere poriestructuur van de 
katalysator [14]. Een 25 kJ mol-1 hogere activeringsenergie voor reacties waarbij een 
ethylvertakking gevormd of geconsumeerd wordt,  was voldoende om dit effect te 
kwantificeren.  
ZSM5 zeolieten zijn vaak gebruikt in de industrie voor hun sterk vormselectieve 
karakter en stabiliteit tegen coken [15]. De eigenaardige structuur van een ZSM5 dat bestaat 
uit loodrecht snijdende rechte en sinusoïdale poriën van medium grootte, geeft aanleiding tot 
een productdistributie die hoofdzakelijk bestaat uit krakingsproducten eerder dan uit 
isomeren van het voedingsalkaan. De isomeren bestaan bijna exclusief uit monovertakte 
alkanen, en zijn typisch niet in thermodynamisch evenwicht met elkaar [16]. Dit fenomeen is 
het sterkst uitgesproken met een lichte voedingscomponent zoals n-hexaan, omdat er slechts 
weinig kraking van multivertakte alkanen kan optreden. Een evaluatie van de 
vormselectiviteit tijdens de hydroconversie van n-hexaan aan de hand van SEMK 
modelregressie tegen experimentele data, toonde aan dat intrakristallijne diffusielimitaties de 
apparente kinetiek domineren. Diffusionele imitaties zijn, binnen de monovertakte 
isomeergroep, het sterkst uitgesproken als de methylvertakking gelokaliseerd is naar het 
centrum van de koolstofketen. Dimethylbutanen waren zo goed als volledig immobiel na hun 
formatie in de katalysator, en waren verplicht om verder te reageren naar snellere species. De 
weinige productie van dimethylbutanen  kon enkel toegeschreven worden aan reactie op het 
extern oppervlak van de kristalliet.  
Intrakristallijne diffusie-effecten geobserveerd tijdens n-hexaan hydroconversie op 
Pt/H-ZSM5, werden fundamenteel beschreven door de integratie van de Stefan-Maxwell 




onderscheid tussen niet-idealiteit van het mengsel en intrinsieke weerstandskrachten met de 
katalysatorstructuur, en met de andere species in het diffunderend mengsel. De implementatie 
van dergelijke interspecies correlatie-effecten was voldoende om de overeenkomst tussen 
model en experiment te optimaliseren. Specifieke structuureigenschappen van de katalysator 
werden in rekening gebracht door middel van een ‘mean field’ benadering voor diffusie 
waarin de verschillende fysisorptiecentra binnen de eenheidscel van een zeoliet worden 
geïdentificeerd [18]. Diffusie door de eenheidscel wordt beschouwd als een 
springmechanisme tussen verschillende fysisorptiecentra, en kon daarom gekwantificeerd 
worden aan de hand van expressies die de stromen tussen de verschillende centra beschrijven. 
Dit laatste laat toe om de methodologie uit te breiden naar andere structuren met een 
verschillende eenheidscel, door deze expressies aan te passen. Identificatie van de 
katalysatoreigenschappen binnen de expressies voor diffusie liet toe om meer inzicht te 
verkrijgen in het diffusiemechanisme, door hun effect te onderzoeken op de intrakristallijne 
concentratieprofielen op microschaal, en de performantie van de katalysator op macroschaal. 
Dit laatste is gedemonstreerd in Figuur 3 welke inzoomt op de impact van de 
kristallietgrootte op de concentratiegradiënten, en op de activiteit en productselectiviteiten in 
n-hexaan hydroconversie. Een significante concentratiegradiënt ontwikkelt zich bij grote 
diameters, en resulteert uiteindelijk in een lagere activiteit en een andere productdistributie. 
 
 
Figuur 3 Gesimuleerde concentratieprofielen van n-hexaan (zwarte lijnen), methylpentanen 
(grijze lijnen) als een functie van de dimensieloze lengtecoördinaat bij 503 K, 1 MPa, een 
inlaat H2-to-nC6 molaire ratio van 50, en bij nul n-hexaan conversie (a) voor een 
kristallietdiameter van 5 µm (vol), 1 µm (lange streep), 0.5 µm (korte streep), en 0.1 µm 
(stip). Gesimuleerde n-hexaan conversie (zwarte lijnen, linkse as) en 2-methylpentaan/3-
methylpentaan opbrengst (grijze lijnen, rechtse as) als een functie van de ruimtetijd bij 
503 K, 1 MPa en een inlaat H2-to-nC6 molaire ratio van 50 (b) voor een 
kristallietdiameter van 5 µm (vol), 1 µm (lange streep), 0.5 µm (korte streep), en 0.1 µm 
(stip).  
 
De hydroconversie van n-decaan op Pt/H-ZSM5 was gekarakteriseerd door een zeer hoge 




tegenover elk ander isomeer [19]. De krakingsproductdistributie was bijna onafhankelijk van 
de voedingsconversie, en vertoonde een hoge contributie van lineaire producten in contrast 
tot de productselectiviteiten geobserveerd op niet-selectieve katalysatoren. De distributie was 
zo goed als volledig het resultaat van type B β-scissie van dimethyloctanen welke volledige 
immobiel waren na hun formatie. Eerder dan diffunderen uit de katalysatorporiën naar de 
omringende fase, isomeriseren dimethyloctanen naar thermodynamisch evenwicht binnen de 
groep alvorens door te kraken naar lichtere producten toe. Dit laatste bleek uit een SEMK-
gebaseerde simulatiestudie. Secundaire krakings- en isomerisatiereacties gebeurden voor C6 
en, vooral, C7 componenten wat competitie voor fysisorptie impliceerde met de 
voedingsalkanen. Dit laatste zou een gevolg zijn van saturatie van de microporiën door de 
nauwe poriën van het zeoliet, en de zware voedingscomponent. 
De SEMK methodologie heeft zijn nut bewezen in de analyse van het reactiepad 
tijdens de hydroconversie van n-decaan op Pt/H-ZSM5, en werd gebruikt voor de 
identificatie van de dominante vormselectieve effecten tijdens reactie. Daarnaast werden 
andere vormen van vormselectiviteit, opwaardering van de zure eigenschappen van USY aan 
de hand van ALD, en fysisorptie-effecten tijdens saturatie fundamenteel beschreven met 
behulp van een SEMK model. Dit benadrukt nogmaals dat de SEMK methodologie een 
onmisbaar hulpmiddel is tijdens de karakterisering en optimalisering van industriële 
processen.    
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Introduction       
This introductory chapter is a summarized version of a comprehensive literature review 
on hydrocracking, written in the framework of EUROKIN. 
 
In a recent article [1], an increase in global fuel oil demand from 84 million bpd in 
2009 to about 107 million bpd in 2030 was predicted following the growth of developing 
countries, mainly India and China. More specifically, Motaghi et al. [2] expect an increasing 
demand for diesel fuels up to the year 2020 while the gasoline demand would rather stabilize 
around the actual consumption. A shift towards heavier petroleum based as well as non-
petroleum based resources will be inevitable to anticipate these projections as the light crude 
oil sources are declining [2, 3]. Apart from the decreasing API gravity and asphaltene content 
of the world’s crude oil reserves, the sulfur content is also evolving to higher levels. Hence, 
more advanced refinery technologies are required to meet the ever more strict fuel quality 
regulations [4]. In addition, residue oil from vacuum distillation constitutes a potential, large 
fuel resource, but requires more severe processing conditions than conventionally applied to 
yield high-value light and middle distillates [2]. 
Low capital-cost refinery upgrading processes include visbreaking or delayed coking 
and are applied worldwide in refineries [5]. Other, more expensive technologies include Fluid 
Catalytic Cracking (FCC), solvent deasphalting and hydroconversion. The latter process is a 
catalytic one and, unlike FCC, involves hydrogen addition to the feed to facilitate 
isomerization, cracking, hydrogenation and heteroatom removal reactions, as well as to avoid 
catalyst deactivation. While some of the above mentioned reactions, such as hydrogenation of 
unsaturated bonds, hydrodenitrogenation and hydrodesulfurization, require either a metallic 
or an acidic active site on the catalyst [6, 7], carbon-carbon bond rearrangements and scission 
occur only at the relatively ‘mild conditions’ applied when both types of active sites are 
simultaneously present [8]. The synergy between metal and acid sites stems from the 
dehydrogenation of saturated carbon-carbon bonds on the metal sites prior to the actual 









isomerization and cracking on the acid sites. The easier protonation of unsaturated species on 
the acid sites compared to protolysis of saturated compounds suggests that hydroconversion 
is ideally suited for octane number improvement and pour point reduction of low-value 
naphtha streams at mild conditions. The terms ‘hydrocracking’ or ‘hydroisomerization’ are 
also commonly used for this process when identifying the desired product slate more 
specifically. Hydrotreating is also included in hydroconversion and mainly implies aromatics 
hydrogenation and heteroatom removal not necessarily involving isomerization and cracking 
of the hydrocarbon content. The latter process is usually carried out at even milder conditions 
[9]. 
Hydroconversion is less prone to coking than any other residue upgrading process 
and, as mentioned above, is able to simultaneously remove harmful compounds via 
hydrotreating side reactions. Nevertheless, the capital and operating costs of industrial 
hydrocrackers remain generally higher than those of thermal crackers and coking installations 
and, hence, the former are less frequently applied in commercial practice, see Table 1-1 [5, 
10]. However, the ever-increasing trend in fuel prices and the stringency of the current 
environmental regulations urge on the exploration of other technologies, such as 
hydroconversion, which produce high-quality fuels within the distillate range [10]. 
 
Table 1-1 Worldwide industrial residue processing capacity in percentage according to 
Gillis et al. [5] (2010) and Castaneda et al. [10] (2012). 
 
technology Gillis et al. [5] Castaneda et al. [10] 
coking 32 30 
visbreaking 30 26 
FCC 19 24 
hydroconversion 15 17 
deasphalting 4 3 
 
The large variety of hydroconversion feedstocks and of hydrocracker configurations 
reflect the extreme versatility of the process [3, 8]. In addition, a broad range of products can 
be achieved by carefully selecting the reaction conditions and, more importantly, the catalyst. 
This introduction provides a concise overview of the reaction network development, the 









catalyst types explored for alkane hydroconversion, kinetic model development and extension 
towards industrial practice. 
1.1 Classical bifunctional hydroconversion 
1.1.1 Reaction network 
Alkane hydroconversion comprises intermolecular rearrangement and cracking during 
which hydrogen intervenes as co-reactant. Hydroconversion is usually carried out over a 
catalyst containing both metal and acid sites, and differs in this respect from thermal 
hydroconversion of heavy feeds which primarily occurs via radical chain reactions at 
relatively high temperatures of 800-900 K and considerable hydrogen pressures [8]. The acid 
function of the catalyst enables branching, scission and, in case of cycloalkanes, also ring 
opening reactions. A metal function, usually a sulfided transition metal or a noble metal, 
enables dehydrogenation of saturated components to form unsaturated carbon-carbon bonds 
which [11], in turn, interact much more easily with the catalyst’s acid function via 
protonation. In case of alkane feeds, the participation of unsaturated alkenes formed on the 
metal sites was derived from the strong resemblance between the product distributions 
obtained from n-dodecane hydroconversion over a Pt/SiO2 physically mixed with an acid 
silica-alumina, and from 1-dodecene cracking over the latter acid silica-alumina only [12]. 
The dehydrogenation towards alkenes was confirmed by Coonradt and Garwood [13], who 
used a Pt/SiO2-Al2O3 and a SiO2-Al2O3 catalyst for the hydroconversion and cracking of n-
hexadecane and 1-hexadecene, respectively. The observed cracking product distributions 
were, however, considerably different from the one obtained from the catalytic cracking of n-
hexadecane over a purely acid catalyst, vide Figure 1-1. Herein, product selectivities were 
defined as the molar fraction of the reacted feed that has been converted into that particular 
product. The contribution of alkenes in the product slate usually doesn’t exceed 0.5%. 
According to thermodynamic equilibrium, the alkene/alkane molar ratio for C5 products 
ranges from 10-6 at 523 K to 6 10-3 at 773 K which, indeed, explains the low alkene yields 
conventionally obtained from alkane hydroconversion [14]. 
 










Figure 1-1 Product selectivities from n-hexadecane hydroconversion over Pt/SiO2-Al2O3 
(squares), 1-hexadecene (triangles) and n-hexadecane (circles) cracking over an 
acidic catalyst at a total feed conversion of 53% [13]. 
 
The acid-catalyzed part of the classical bifunctional reaction network was investigated 
in great detail during the 80’s for a variety of model n-alkanes on bifunctional Y and other 
zeolite catalysts [15-20]. Alkene protonation exclusively leads to secondary and tertiary 
carbenium ions because of the unstable nature of the primary ion type. The nature of the 
protonated intermediate being a carbenium ion has been under debate since the publication by 
Kazansky and Senchenya [21]. According to the ab initio calculations by these authors, the 
intermediate alkene would rather be covalently bonded to the acid site forming a surface 
alkoxy species. The calculated distance between the carbon atom and the basic oxygen bridge 
atom bound to the surface Al were considered indicative of such a covalent bond. Excitation 
and, hence, prolongation of the C-O bond would increase the carbenium ion character of the 
surface alkoxy group and would require a relatively low activation barrier to be overcome 
[21]. The latter implies that the transition state of any reaction involving an alkoxy reactant is 
relatively easily formed, and that it would strongly resemble a nearly free carbenium ion still 
experiencing electrostatic interactions with the catalyst surface [22, 23]. 
The formation of surface alkoxy groups was not supported by experimental evidence 
and fundamental microkinetic modelling [24]. A pronounced difference in standard alkene 
protonation enthalpy amounting to 30 kJ mol-1 was found between secondary and tertiary ion 
formation, while rather similar energies are calculated for surface alkoxy species regardless 
of their primary, secondary or tertiary nature [22, 25]. According to the surface alkoxy 
mechanism, the transition state formation should in theory depend on the basicity of the 
bridging oxygen atom which, in turn, is related to the acid strength of the hydroxyl group 









related to that site [26]. Quantum-chemical calculations show that the reactivities of different 
surface alkoxy intermediates would relatively vary with the catalyst acid site strength. 
Denayer et al. [27] experimentally found, however, that the intrinsic rate coefficients for n-
heptane, n-octane and n-nonane isomerization relative to the coefficient obtained for n-
hexane and scaled to the number of possible transition states, were practically independent of 
the catalyst acidity, vide Table 1-2. The latter tilts the above discussion towards the free 
carbenium ion mechanism which is considered in this report from here on. 
 
Table 1-2 Absolute and relative intrinsic rate coefficients for monomethyl branching 


















n-hexane 4 100 1 2600 1 530 1 
n-heptane 6 110 0.8 4100 1.1 650 0.8 
n-octane 8 220 1.1 5800 1.1 1100 1.1 
n-nonane 10 340 1.3 8100 1.3 1500 1.2 
 
Figure 1-2 gives a schematic overview of the classical, bifunctional reaction network 
and illustrates the typical, consecutive reaction mechanism involving chemisorption on the 
metal sites, dehydrogenation, desorption followed by (rapid) diffusion to and protonation on 
the acid sites, before the actual isomerization and cracking steps. Prior to the previously 
described steps, alkanes are subjected to physical Van der Waals interactions with the catalyst 
framework which considerably stabilize the sorbate molecule. Section 1.1.3 deals more 
specifically with the impact of this so-called physisorption step on the overall 
hydroconversion kinetics. 
 
Isomerization reactions are typically categorized in either type A or type B 
rearrangements [16]. Type A isomerization involves a shift in branch and charge position, 
e.g., via alkyl shifts and/or hydride shifts, but does not result in a modified branching degree. 
Conversely, type B isomerization typically occurs via a Protonated CycloPropane (PCP) 
transition state in which proton transfer within the ring is followed by the scission of a 









particular ring C-C bond, resulting in either an increase or a decrease in branching degree. 
The mechanism of these proton jumps has still not been completely elucidated, but is 
believed to occur over edge- or corner-protonated cyclopropane structures [16, 25, 28]. Other 
branching mechanisms involving protonated cycloalkanes larger than cyclopropane were 
proposed, but occurred at a much lower rate [29]. Side chains comprising up to four carbon 
atoms have been reported [30], but the selectivities towards propyl and butyl branched 
isomers are usually so low that the fundamental kinetic models described in Section 1.3.4, 
only consider methyl and ethyl side chains only. 
 
 
Figure 1-2 Classical bifunctional reaction mechanism for n-decane hydroconversion over a 
Pt-loaded acid catalyst. 
 
Cracking reactions typically occur as a scission of the C-C bond in beta position with 
respect to the charge, and yield a smaller carbenium ion and an alkene fragment. Martens et 
al. [20] distinguished four types of β-scission depending on the reactant and product ion type, 
see Figure 1-3 for various iso-octyl carbenium ions in the formation of C4 fragments. Type C 
β-scission is the slowest one and involves two secondary carbenium ions, while type A 
converts tertiary to tertiary ions and is extremely fast. A secondary carbenium ion can also be 






















Figure 1-3 Schematic representation of four distinct β-scission modes of iso-octyl 
carbenium ions in the formation of a butyl ion and butane. 
 
Shape selective catalysts or extreme hydroconversion conditions could also give rise 
to so-called type D β-scission which represents cracking of a secondary carbenium ion into a 
primary ion fragment and an alkene [31, 32]. In an unconstrained reaction environment such 
as a Y zeolite, the latter β-scission mode only contributes marginally to the overall cracking 
yield due to thermodynamic constraints in the formation of the primary ion. Other cracking 
mechanisms not associated with the classical bifunctional reaction network involve 
consecutive dimerization-cracking giving rise to a broad cracking product spectrum [33], and 
metal-catalyzed hydrogenolysis [34]. The latter exhibits a typically 50 kJ mol-1 higher 
activation barrier compared to conventional β-scission, and is held responsible for methane 
and ethane formation [35]. The contribution of hydrogenolysis to the overall reaction 
mechanism significantly depends on the metal concentration and type. 
The relative rates of all reaction types decrease in the following order [36]: 
 
type A isom. > type A crack. > type B isom. > type B1 crack. ≈ type B2 crack. > type C crack. 
 
The high rate of type A β-scission compared to PCP branching limits the maximum observed 
branching degree within the product slate to three as rapid, consecutive alkyl shifts convert 
tribranched species, once formed, to carbenium ions with branches in the α,γ,γ position with 
respect to the charge. The latter species are susceptible to the rapid type A cracking, see 
Figure 1-3. In contrast to the monobranched and dibranched isomer lump in which 
concentrations close to thermodynamic equilibrium are usually measured [20], 
thermodynamic equilibrium within the tribranched isomer lump is not reached due to this fast 
type A cracking [36]. Isomerization towards and type A cracking of tribranched species is 
only possible from octane feeds on. The product slate obtained from reactants with a carbon 
number up to seven is, hence, primarily composed of feed isomers, while the contribution of 









(monobranched) cracking products increases significantly from octane feeds on. Provided 
that secondary cracking reactions remain absent, a symmetric cracking product distribution is 
observed based upon the cracking product carbon number, and which is primarily composed 
of  monobranched alkanes as demonstrated for n-octane hydroconversion in Figure 1-4. 
 
 
Figure 1-4 Percentual contribution of linear (shaded) and branched (open) cracking 
products within the cracking product distribution of n-octane hydroconversion 
on a Pt/H-USY catalyst [36]. 
 
The typical consecutive nature of the classical reaction mechanism is schematically 
represented in Figure 1-5-a, and yields a product distribution shown in Figure 1-5-b observed 
for n-decane hydroconversion on a non-shape selective catalyst. Monobranched decane 
isomers constitute the primary products formed via PCP branching of n-decane. Further 
isomerization leads to dibranched isomers while, at the same moment, only a minor amount 
of cracking products is formed via type B1, B2 and C β-scission. Tribranched species, once 
formed, contribute only slightly to the final product distribution owing to rapid cracking. It is 
not until the formation of these isomers that cracking products become dominantly present in 
the product slate. 
1.1.2 Ideal hydroconversion 
The activity and product selectivity of a bifunctional hydroconversion catalyst 
strongly depend on the balance between the acid and the metal function. During the short 
lifetime of alkene intermediates, several acid sites can be encountered during its movement 
between two metal sites and, consequently, could result into more than a single isomerization 
or cracking reaction in between consecutive (de)hydrogenation steps. The latter phenomenon 









is often referred to as secondary cracking and gives rise to a higher cracking selectivity than 
would normally be expected [37]. As a result, multibranched isomers and cracking products, 
still being formed from monobranched isomer intermediates, appear as primary products  
because, at such conditions, the monobranched intermediates preferably chemisorb on a 
second acid site than hydrogenate to an alkane [38]. An ‘ideal’ balance in number and 
strength of the metal and acid sites results in a quasi-equilibration of the (de)hydrogenation 
reactions and, under these conditions, secondary reactions are prevented as much as possible. 
The latter results in a maximum obtainable isomerization yield. Pronounced deactivation by 
coking owing to coke precursor formation via excessive cracking is also avoided [39]. 
Moreover, at ideal hydroconversion conditions, a maximum insight can be acquired in the 
acid-catalyzed part of the hydroconversion reaction network.  
 
 
Figure 1-5 Consecutive reaction mechanism in alkane hydroconversion represented as a 
series of PCP isomerization and cracking steps between product lumps based 
upon the carbon number and branching degree (a). The thickness of the arrows 
is indicative for the impact of the reaction on the overall kinetics. Simulated 
yields of monobranched (long dash), dibranched (short dash) and tribranched 
isomers (dot) and cracking products (full) as a function of the total conversion of 
n-decane on Pt/USY as obtained with a Single-Event MicroKinetic (SEMK) 
model, vide Section 1.3.4 (b). 
 









Degnan and Kennedy [40] were the first to construct a basic kinetic model which 
provided a mechanistic interpretation of the impact of the catalyst acid-metal balance on the 
n-alkane hydroconversion product distribution. Thybaut et al. [41] found experimental and 
model simulated evidence for the promoting effect of decreasing total pressures, increasing 
temperatures, increasing molar hydrogen-to-hydrocarbon ratios and increasing reactant 
carbon numbers for non-ideal hydroconversion. Another peculiarity about ideal 
hydroconversion is that, within the experimental error, the isomer yield becomes a unique 
function of the total n-alkane conversion [15, 42, 43].  
1.1.3 Physisorption 
In one of the earliest studies on gas-phase hydroconversion kinetics, Flinn et al. [44] 
observed a substantially higher reactivity of n-hexadecane compared to n-octane on Ni/SiO2-
Al2O3. The latter could not be explained through an increase in the number of elementary 
reactions with the alkane carbon number only. Additionally, experimental evidence as well as 
fundamental microkinetic modelling simulations showed that the degree of stabilization 
during alkene protonation rather depends on the acid strength of the catalyst and the ion type 
formed, than on the size of the chemisorbing alkene [29, 45]. 
The higher reactivity of the larger reactant alkane could be ascribed to physical Van 
der Waals interactions between the alkane sorbate and sorbent which become stronger with 
the sorbate size. Early kinetic analyses showed that the explicit incorporation of alkane 
physisorption was compulsory to attain an adequate model [46]. A simple Langmuir 
expression was found sufficient to determine the physisorbed alkane concentration [47]. 
Denayer and co-workers [48, 49] performed chromatographic studies to determine the Henry 
physisorption coefficient of linear alkanes up to n-dodecane on various faujasites, and other 
zeolite catalysts such as beta, mordenite and ZSM22. They found that the absolute values of 
the standard physisorption enthalpy and entropy increase linearly with the sorbate carbon 
number, in which the enthalpy effect prevails over the loss in entropy. This resulted in an 
exponentially increasing trend of the Henry coefficient with the carbon number, vide Figure 
1-6, and provides an explanation for the pronounced differences in apparent reactivity 
between n-alkanes of different chain length. Next to the sorbate size, narrower pores induce 
stronger Van der Waals interactions which is often referred to as a ‘confinement effect’ [50]. 
The higher physisorption heat is, however, compensated by more pronounced entropy losses. 









Therefore, physisorption in ZSM22 which has the smallest pores of all zeolites depicted in 
Figure 1-6, is least favoured because of excessive losses in degrees of freedom relatively to 
the other framework types [51].  
 
 
Figure 1-6 Henry coefficients of n-alkanes on zeolites mordenite (Si/Al 2.7) (full triangles), 
Y (Si/Al 2.7) (open triangles), USY (Si/Al 30) (full squares), beta (Si/Al 12.5) 
(open squares) and ZSM22 (Si/Al 30) (full circles) [51]. 
 
Transition from the Henry regime towards higher sorbate concentrations implies an 
increasing physisorption competition between the different reacting species. Sorbate 
interactions become more pronounced at near-saturation conditions and induce a 
disappearance or even an inversion in physisorption selectivity [52]. The latter is based on 
additional entropy losses which manifest themselves when a sorbate molecule needs to coil 
up in a specific position to fill up the remaining space at the physisorption sites. This 
‘packing efficiency’ effect was denoted as ‘size entropy’ and ‘configurational entropy’ by 
Krishna et al. [53], and portrays increasing entropy losses with increasing sorbate chain 
length and branching degree, respectively. Under liquid phase reaction conditions, 
differences in hydroconversion reactivity between alkanes of different chain length vanish 
almost entirely owing to strong destabilization effects in the catalyst pores [54]. A higher 
reactivity of the larger component usually remained, but originated from a more extended 
reaction network and, more importantly, from a higher concentration in the liquid phase at 
vapour-liquid equilibrium provided that the components are not fully condensed, rather than 
from physisorption effects [4, 55]. 










1.2.1 Metal function 
The catalyst’s metal function is generally deposited on the support via impregnation 
or ion exchange [56]. The most commonly employed metals belong to the VIII or the VIb 
group, particularly Ni, Pt, Pd, Co, W and Mo [3]. Noble metals such as Pt and Pd are 
renowned for their (de)hydrogenation capacities, but are far more expensive than any of the 
other metals [57]. Various comparative studies on monometallic (de)hydrogenation functions 
have been carried out in the pursuit of suitable hydroconversion catalysts [58-60]. The 
presence of noble metals induced the highest isomer yields in any case. The latter is 
reminiscent for ideal hydroconversion while any other metal could not avoid a higher activity 
towards cracking or hydrogenolysis owing to the globally weaker (de)hydrogenation activity, 
even up to high metal contents. 
Despite their inherently weaker (de)hydrogenation activity, sulfided NiMo, CoMo and 
NiW catalysts are applied in many industrial hydroconversion processes as they form a less 
expensive alternative to the Pt- and Pd-based catalysts. The overall stability against coking is 
usually also lower, but the noble metals are highly sensitive to sulfur poisoning whereas the 
former NiMo, CoMo and NiW catalysts require the presence of sulfur to remain active. It 
makes these Mo- and W-based catalysts ideally suited for, e.g., residue processing [61]. The 
active (de)hydrogenation sites on sulfided metal surfaces constitute either three-fold 
coordinatively unsaturated metal ions located at the edges of the metal phase [62], or 
saturated metal sulfides as suggested more recently [63]. Sulfidation of the base metal might 
also lead to the creation of new Brønsted or Lewis acid sites which [64], together with a 
highly dispersed promoter metal, improves the catalyst performance considerably [65]. 
Next to the metal type and the loading, the (de)hydrogenation activity depends 
strongly on the metal dispersion. A higher dispersion implies an enhanced accessibility of the 
metal for the alkene intermediates and, hence, that it will become more easy to establish ideal 
hydroconversion. Besides more advanced metal deposition techniques [66], the metal 
dispersion can be increased by simply selecting smaller support particles which contain 
sufficient mesoporosity [67]. The addition of a second promoter metal could change the 
electronic state of the first metal and also increase its activity and/or dispersion [58, 68, 69].  









1.2.2 Acid function via mesoporous supports 
Amorphous alumina and silica-alumina constitute two of earliest supports applied to 
industrial hydroconversion owing to their mesoporosity. They exhibit a lower acid site 
strength than zeolites which is beneficial to avoid excessive cracking [4]. The activity of 
alumina-based supports could be increased by doping with a chlorinating agent, but is 
nowadays generally discarded because of the sensitivity to water poisoning and, more 
importantly, the continuous release of corrosive HCl [70]. Ordered mesoporous MCM41 and 
MCM48 aluminosilicates exhibit a stronger acidity and, consequently, a higher potential in 
gas oil hydroconversion [71, 72]. Heteropolyacids adopting the Keggin structure combine a 
high acidity and mesoporosity after deposition on a mesoporous support [73]. However, their 
lack of thermal stability currently limits their commercial success. Natural and synthetic clays 
containing Brønsted acidity, which are pillared with large hydrated inorganic metallic 
polyoxocations constitute another class of potential hydroconversion catalysts [74]. Recently, 
activated carbon has been explored as cheap alternative to any of the supports mentioned 
above [75]. 
Sulfated and tungstated zirconia are highly acidic supports which, as a result, 
alleviates the need for alkene formation over the metal through direct alkane activation. The 
additionally deposited metal, often Pt, further increases the overall activity, isomer selectivity 
and, more importantly, the resistance against coking as it enables a more efficient transfer of 
heterolytically dissociated hydrogen atoms to the reactive carbenium ions [76]. The latter 
facilitates their desorption from the acid sites. Owing to the differences in nature of the active 
sites associated with sulfated and tungstated zirconia, both catalyst types exhibit a different 
alkane hydroconversion behaviour with the former being more active but also more sensitive 
to cracking [77]. Similarly to zirconia-based catalysts, Mo- and W-based oxides and 
oxycarbides were first believed to give rise to a similar hydrogen transfer mechanism rather 
than to the classical bifunctional scheme depicted in Figure 1-2. Although the mechanism and 
the actual active site(s) for alkane hydroconversion are not completely resolved yet [78, 79], 
Mo- and W-based oxides showed desirable isomerization capacities for n-alkane feeds up to 
n-octane [80]. Comprehensive studies using heavier alkanes as feed, however, are still 
missing in order to explore their potential in, for instance, heavy wax conversion. 









1.2.3 Acid function via microporous supports 
Sufficient mesoporosity inside the catalyst pore system significantly improves the 
mass transport of reactants and products throughout the framework and, hence, affects both 
the activity and coking stability. The catalyst microporosity, on the other hand, determines 
the intrinsic product selectivity of the catalyst, including shape selectivity effects originating 
from constraints imposed by the pore size and connectivity. Three major classes of shape 
selectivity were initially considered depending on which species are mainly affected by the 
constraints, i.e, the reactant, product or transition state, vide Figure 1-7 [81, 82]. Other forms 
of shape selectivity such as molecular traffic control and pore mouth catalysis were identified 
more recently. An unbalance between meso- and microporosity could induce a detrimental 
effect on either the catalyst activity or stability. A proper trade-off between both structural 
contributions is pursued during catalyst synthesis and may differ from feed to feed. The 
numerous potentially suitable framework types together with the wide variety of metals that 
can be used in bifunctional catalysis, make that the design of optimal microporous materials 
remains a challenging task [83]. 
 
 
Figure 1-7 Simplified illustrations of reactant (a), product (b) and transition state shape 
selectivity (c). 
 
Zeolites constitute the most commonly investigated materials for acidic supports in 
bifunctional catalysis. They combine a relatively high activity with a high resistance against 
coking and deactivation by heteroatom containing compounds. Moreover, they exhibit a good 
regenerability and allow product slate manipulation via molecular shape selectivity [3, 84]. 
Additionally, an enormous library of zeolite structures is presently at hand [85]. Zeolites 
consist of well-defined and hydrothermally stable three-dimensional frameworks built up 
from SiO4 and AlO4 tetrahedra. Each Al species creates a negatively charged bridging oxygen 
atom which can be compensated by means of a proton. The generated Brønsted acid sites are 
considered as the true active sites for the (de)protonation reactions in the reaction network 









[86]. The role of Lewis acid sites, mainly originating from octahedrally coordinated 
extraframework alumina, is not fully understood yet, but they have been proposed to enhance 
the strength of nearby Brønsted acid sites via electron withdrawal, or to interact with them in 
a synergetic manner [87, 88]. 
Zeolites can be classified according to the number of Si or Al atoms in the pore ring. 
Table 1-3 gives an overview of the zeolite frameworks which have already been explored for 
their alkane hydroconversion capabilities. Large 12-membered pore apertures usually exhibit 
no or minor shape selectivity in alkane hydroconversion and, additionally, allow a more 
efficient mass transport of bulky hydrocarbons than medium 10-membered pore rings. 
Faujasites Y and Ultra-Stable Y (USY) contain a three-dimensional framework of circular 
0.74 nm pores and additional supercages of about 1.2 nm formed at the channel intersections 
[3, 85]. Mesopores are conventionally formed from steam treatment which additionally 
creates extraframework Al at the expense of framework aluminium species [57]. From all 
zeolite frameworks, USY catalysts are the most frequently applied in hydroconversion of 
heavy feeds thanks to their mesoporosity [3], and are therefore the subject of many research 
projects on structure optimization via a posteriori treatments [60, 89, 90]. Other large-pore 
zeolites such as beta and ZSM12 showed a similar alkane hydroconversion product 
distribution as obtained over faujasites, but were generally found more active owing to a 
stronger acidity [64], and/or a higher physisorption stabilization by its narrower structure 
[91], vide Figure 1-6 for beta zeolites. Their mesoporosity and, consequently, coking stability 
is however less pronounced compared to USY zeolites.  
Zeolites such as mordenite and the slightly more active mazzite contain large straight 
pores interconnected by 8-membered pore channels through which alkane transport is 
restricted [92]. The unidirectional character of both frameworks induce intracrystalline 
diffusion limitations and, consequently, a higher cracking selectivity compared to zeolites Y 
and beta [91]. Pentasyl-based ZSM5 catalysts are renowned for their high alkane cracking 
affinity induced by their peculiar 10-membered pore structure built from intersecting straight 
and sinusoidal channels. Results from experimental studies suggest that bulky tribranched 
species cannot be produced because of steric constraints [93], while dibranched species 
remain nearly completely immobile and are compelled to react either back to monobranched, 
or forward to cracking products [94]. MWW frameworks such as MCM22 are built from 









straight intersecting medium pores with large 12-membered ring side pockets, and exhibit a 
similar alkane hydroconversion behaviour as ZSM5 [95]. 
 
Table 1-3 Overview of zeolite and aluminophosphate frameworks considered in alkane 
hydroconversion studies along with their pore dimensions [85, 94]. 
 
framework catalysts pore dimensions (nm) 
FAU Y, USY 0.74x0.74 
BEA beta 0.66x0.67 and 0.54x0.54 
MTW ZSM12 0.56x0.60 
MOR mordenite 0.65x0.70 and 0.26x0.57 
MAZ mazzite 0.74x0.74 and 0.31x0.31 
MFI ZSM5 0.51x0.55 and 0.53x0.56 
MWW MCM22 0.40x0.55 and 0.41x0.51 
TON ZSM22 0.46x0.57 
MTT ZSM23 0.45x0.52 
MRE ZSM48 0.53x0.56 
AFI AlPO-5 0.73x0.73 
AEL AlPO-11 0.40x0.85 
ATO AlPO-31 0.54x0.54 
AFO AlPO-41 0.43x0.70 
 
ZSM22 and other medium pore zeolites with straight unidirectional pores such as 
ZSM23 and ZSM48, exhibit extreme shape selectivity giving rise to very high isomer yields 
which, consequently, establishes them as superiour octane number boosting catalysts [94, 
96]. A detailed analysis of n-alkane hydroconversion product distributions on Pt/H-ZSM22 
identified pore mouth and key lock catalysis as the dominant shape selectivity effects [97, 
98]. Herein, micropore acid sites are only accessible to linear alkanes which can solely 
undergo slow Type D β-scission. Branched species can only partially penetrate a pore with 
one of its side alkyl chains, and isomerization therefore occurs preferably at the pore mouths. 
Specific reaction rules depending on the distance between the different pore mouths and 









those at the pore bridges, restrict the formation of multibranched species significantly and, 
consequently, of undesired cracking products [99]. An alkyl chain dangling outside the pore 
could penetrate a neighbouring pore, if sufficiently long, leading to an additional stabilization 
upon physisorption. Although contested by a few authors [100], pore mouth and key lock 
catalysis have been adopted in most research concerning ZSM22-related catalysts [101-103].  
Aluminophosphate (AlPO) based supports constitute an alternative to zeolite 
materials and are essentially built from similar, ordered framework structures, but contain 
weaker acid sites. The latter implies that AlPOs are less likely to lead to non-ideal 
hydroconversion and, hence, are often claimed as suitable materials for selective alkane 
isomerization [104]. Acid site generation is achieved by isomorphous substitution of Si4+ for 
P5+, or of a divalent metal ion for Al3+, in a neutral structure consisting of an alternating 
sequence of aluminium and phosphor atoms interconnected by bridging oxygen atoms [105]. 
The AlPO structures investigated for alkane hydroconversion often strongly resemble zeolite 
frameworks and are also reported in Table 1-3. 
1.3 Kinetic model development 
1.3.1 Discrete lumped models 
Models based on discrete lumped kinetics focus on the interconversion between 
different component lumps based upon distillation temperature or molecular structure. These 
models offer basic insight into the global reaction mechanism and typically only allow 
process optimization in the narrow range of operating conditions in which the model 
parameters were determined. Lumping based on a distillation range is probably the earliest 
lumping technique developed for simulating the hydroconversion kinetics of industrial feeds. 
Qader and Hill [106] initially introduced two lumps for heavy gas oil hydroconversion, i.e., 
the feed and the cracking products, which could already provide some very basic insight in 
the reaction mechanism. Ancheyta et al. [107] critically reviewed the different discrete 
lumping approaches applied to industrial feed hydroconversion in the last decades, and found 
that the numbers of introduced lumps generally ranged from three to five in order to 
guarantee an adequate model. Both a three- and a five-lumped reaction network are shown in 
Figure 1-8. A higher level of detail is attained by increasing the number of lumps and 
possible reaction pathways between the different lumps. The latter requires an increased 









amount of kinetic parameters to be determined. These parameters largely depend on the 
process conditions and are therefore difficult to extrapolate to another set of conditions or 
another feedstock.  
 
 
Figure 1-8 Discrete lumped models applying three lumps (a) [108], and five lumps based on 
distillation ranges for Maya residue hydroconversion (b) [109], and applying 9 
lumps based on pseudo-components for Fischer-Tropsch wax hydroconversion 
(c) [110].  
 
A higher level of detail could be obtained by introducing lumps based on the 
molecular structure, often denoted as pseudo-components. Specifically for alkane feeds, 
differences in reactivity according to the reactant carbon number could be adequately 
captured [111]. The distinction of physisorption and dehydrogenation from the overall 
kinetics [46, 47], and introduction of lumps based on the branching degree for the feed 
isomers provide considerable insight in the reaction kinetics as elaborated in Section 1.1.1 
and in Table 1-2 [27]. A more sophisticated approach was developed by Eni co-workers 
[110] during the last decade in which lumps were introduced according to the branching 
degree and the carbon number, vide Figure 1-8-c. The most advanced version of this model 
makes use of a ‘breakage’ probability function in order to quantify the C-C bond cracking 
rates within the reactant molecules, as well as physisorption, dehydrogenation and 
protonation equilibrium [112]. The latter model provided substantially more insight into the 
reaction mechanism, but could not eliminate the feedstock dependence of the kinetic 
parameters. 









1.3.2 Lumping based on continuous kinetics 
Some of the drawbacks inherently related to discrete lumped models were first 
addressed by Stangeland [113] via assuming a continuously changing hydroconversion 
product distribution with respect to the True Boiling Point (TBP). His approach significantly 
reduced the number of model parameters and, hence, formed the inspiration of the so-called 
‘continuum approach’. Herein, a petroleum feed is considered as a continuous mixture with 
respect to its molar composition, boiling point, molecular weight, and any other of its 
properties. This approach, which was intensively elaborated by Laxminarasimhan et al. [114], 
was typically applied to the simulation of industrial feed hydroconversion. The entire TBP 
curve of a reacting mixture could be accurately simulated by means of 5 model parameters 
only as demonstrated in Figure 1-9. However, the rather empirical nature of the model 
parameters makes that the latter strongly depend on the feedstock and catalyst type [115]. 
Also, no reversible reactions are considered making the unmodified methodology less 
relevant for isomerization processes. 
 
Figure 1-9 Experimental (symbols) and modelled (lines) distillation curves during heavy 
crude oil (full line) hydroconversion at 653 K (crosses), 673 K (circles) and 693 K 
(triangles) and 9.8 MPa. Simulated distillation curves were obtained via a 
continuous lumping approach [116]. 
1.3.3 Structure oriented lumping 
A more sophisticated lumping technique was developed at the Mobil Research and 
Development Corporation which represents hydrocarbons as vectors containing detailed 
information on their molecular structure [117]. Each molecule is constructed in an 
incremental manner from specific functional groups and, hence, elementary reaction rules can 









be traced back to the presence of structural groups required for this reaction in the vector 
representation. The transformation of a structural increment to another is defined as a reaction 
class and reflects the fundamental reaction chemistry. Reaction rules imply nothing more 
than discrete changes in structural increments in the vector representation. The structure-
reactivity relationships, however, are difficult to assess and empirical constants are often 
introduced to this purpose [118]. This issue reflects the shortcomings of structure oriented 
lumped models with respect to fundamental microkinetic models. 
1.3.4 Single-event microkinetic models 
None of the kinetic modelling approaches described above could fully capture the 
fundamental chemistry of the hydroconversion reaction. In addition, the model parameters 
could not be physically interpreted and need to be re-evaluated at different operating 
conditions. A fundamental description of the alkane hydroconversion reaction kinetics by 
accounting for all elementary steps with separate rate parameters was reported for light 
reactant alkanes only [119, 120], but becomes an insurmountable task when dealing with 
complex hydrocarbon mixtures. Any of the issues mentioned above could be tackled with the 
development of the ‘Single-Event MicroKinetic’ (SEMK) methodology in the late 80’s by 
focusing on reaction families of chemically equivalent elementary steps [121]. Herein, 
symmetry contributions are separately accounted for as quantified by means of the global 
symmetry numbers of reactant and transition state. An extensive elaboration on the SEMK 
methodology, more specifically for alkane hydroconversion, is presented in Chapter 3. The 
methodology was first developed for gas phase conversion on Pt-loaded Y and USY zeolite 
catalysts [121], and was later extended to include extreme shape selectivity observed over 
ZSM22 [99], and physisorption effects during reaction in the liquid phase [54]. Other 
research groups applied the SEMK methodology to describe heavy alkane conversion [122], 
and non-ideal hydroconversion, i.e., when the metal-catalyzed (de)hydrogenation steps 
potentially become rate determining [123, 124].  
Through the definition of distinct catalyst properties, also denoted as ‘catalyst 
descriptors’, catalyst design guidelines can be formulated through model simulations, hence, 
allowing to avoid exhaustive trial-and-error procedures as often encountered in industrial 
environments [125]. SEMK models have also been developed for Fischer-Tropsch synthesis 
[126], aromatics hydrogenation [7, 127], and cycloalkane hydroconversion [128], and 









currently focus on other hydrotreating and acid catalyzed reactions in order to expand the 
scope and applicability of the methodology.  
Vast reaction networks associated with complex feeds could give rise to time 
consuming calculations. In addition, the analytical instrumentation often does not allow such 
a detailed specification of the composition as achieved/required by a SEMK model. Various 
lumping strategies were therefore devised which do not compromise the detail provided by 
the SEMK methodology. In particular for hydroconversion, the relumping strategy considers 
thermodynamic equilibrium within each lump, the latter being defined based on the carbon 
number and branching degree [129]. Only rates between the different lumps are considered, 
and are determined from the rate coefficients of the reaction families involved in the 
interconversion between the lumps. Explicit reaction network generation can be avoided by 
both the structural classes method [130] and lateral chain approach [122] which enable to 
predetermine the thermodynamic properties of each component belonging to a lump, and of 
the global symmetry numbers of reactions between the lumps based on the structural groups 
considered in the group contribution methods used. The latter methodologies establish the 
SEMK methodology as a potentially powerful tool for swift process analysis. 
1.4 Industrial practice 
1.4.1 Catalyst deactivation 
Processing of industrial feeds inevitably involves dealing with catalyst deactivation. 
The deactivation rate depends on the feed composition, the operating conditions and the 
inherent catalyst properties. In commercial practice, catalyst deactivation is coped with by 
increasing the reaction temperature such that comparable product yields are obtained. Of 
course, the reaction temperature cannot be infinitely increased and, hence, the catalyst 
lifetime, i.e., the time-on-stream after which the maximum allowable temperature has been 
reached, remains a crucial aspect in achieving an economically viable process [131]. Besides 
the catalyst type, the selection of the reactor configuration is critical in improving the overall 
process tolerance against deposits and contaminants. 
Furimsky and Massoth [6] published an extensive review on the various deactivation 
mechanisms associated with hydroconversion catalysts. Catalyst structural modifications, 
e.g., due to metal segregation or recrystallization during prolonged exposures, manifest 









themselves as an irreversible loss in surface area and/or metal dispersion. The production of 
polymerization or polycondensation precursor molecules such as alkenes, aromatics and 
heterocyclics, leads to insoluble carbonaceous deposits which are commonly referred to as 
‘coke’. Coke precursors can be present already in the feed or be formed during reaction, e.g., 
via β-scission. Unsaturated carbon atoms within the precursor structure strongly interact with 
the catalyst surface which enables their transformation towards heavier compounds, 
especially in a hydrogen deficient atmosphere. Asphaltenes and other heavy precursor 
molecules precipitate mainly on the catalyst surface if the colloid stability of the feed cannot 
be maintained. Mesoporous supports allow the diffusion of heavier precursor molecules, 
while microporous supports are much more prone to coke deposition on the external surface 
and subsequent pore plugging, see also Figure 1-10. The beneficial role of the metal function 
and hydrogen is to hydrogenate coke precursors into stable products before they can give rise 
to coke formation. This beneficial role, however, becomes less pronounced with increasing 
reaction temperature. At higher temperatures, radical formation during coking becomes more 
probable and ultimately leads to thermal coke. Irreversible deactivation by metals always 
occurs simultaneously with coking via a precipitation mechanism which is not fully 
untangled yet. Vanadium and nickel are the predominant metals present in petroleum, heavy 
oils and shale oil, while iron and titanium mostly appear in coal-derived liquids. Especially 
vanadium poisons are detrimental to the catalyst hydrogenation activity [6]. 
 
 
Figure 1-10 Effect of pore mouth diameter on catalyst deactivation by coking (shaded areas) 
[6]. 
 
Organic heterocompounds could compete for chemisorption on the active sites 
leading to inhibition. The most abundant poisons in hydroconversion are sulfur and nitrogen 
containing compounds which chemisorb on the metal and the acid sites [6]. The nitrogenous 
poisons generally comprise 5- to 6-membered heteroatom rings and anilines of which the 









latter two have the most inhibiting character. Sulfur poisoning could lead to irreversible 
deactivation of the metal phase, especially in case of noble metals. At high sulfur contents, 
the latter become inferior to early transition metals which, in turn, require a sulfiding agent to 
render them more active [132], vide Section 1.2.1. The presence of both nitrogen and sulfur 
in the reaction medium generally causes a deterioration in catalyst activity and pushes the 
acid-metal balance towards the metal or the acid site, respectively. An ‘ideal’ combination of 
both poisons could result into an again ideally operating catalyst, vide Figure 1-11 [133]. 
 
 
Figure 1-11 Hydroconversion activity and isomer selectivity of Pt/MAPSO-31 using a pure n-
decane feed (triangles), n-decane with 1000 ppm H2S (diamonds), with 770 ppm 
tributylamine (squares), and with 1000 ppm H2S and 770 ppm tributylamine 
(crosses) [133]. 
 
Water is mostly present in the reactor because of dissolved water molecules in the 
feed, the scrubbed recycle gas or from the conversion of oxygenates. The latter are mainly 
alcohols, aldehydes, ketons and carboxylic acids, and are abundantly present in bio-oils [94]. 
Water and oxygenate molecules mainly inhibit the strongest Brønsted acid sites and could 
induce catalyst structural changes at high contents [6]. The effect of carboxylic acids on the 
catalyst performance was different than found with alcohols as the acid nature of the former 
tends to interact with the catalyst metal function rather than with the acid sites [134]. 
1.4.2 Processing of industrial feedstocks 
Isomerization of naphtha streams 
 
The versatility of the hydroconversion process is reflected in the various feedstocks 
which can be converted towards high-value distillate products. Feedstocks range from light 
naphtha streams to heavy residue oils. The former contain a substantial amount of aromatics 









and their conversion towards environmentally benign gasoline fuels has been commercialized 
by UOP, Exxon and Chevron among other major companies [135]. In Shell’s Hysomer 
process, reaction pressures amounted to 2-5 MPa while the temperature ranged from 513 to 
553 K [84]. Other aromatics rich feedstocks such as FCC gasoline and pyrolysis gasoline 
were explored as potential hydroconversion feeds [136]. 
 
 Fuel production from gas oils, FCC cycle oils and shale oils 
 
Heavy gas oils and cycle oils constituted the first low-value distillate feeds which 
were commercially upgraded to high-value gasoline products in the early 60’s [3]. In the 
70’s, a broader range of hydroconversion products was targeted in order to address the 
shifting market demand towards turbine and diesel fuels. Nowadays, hydroconversion 
technologies are still mainly focused on the production of diesel, kerosene and gasoline from 
heavy Vacuum Gas Oils (VGO) [8]. Commercial VGO upgrading processes include the 
BASF-IFP single stage and two stage hydroconversion process, the ISOMAX process 
patented by UOP and Chevron, and the Unicracking-JHH process licensed by UOP and Esso 
Research and Engineering [137, 138]. FCC cycle oils and shale oil were also explored for 
high-quality fuel production [139, 140]. The broad product range can be addressed by 
carefully selecting the process configuration, see further, as well as the operating conditions. 
For example, mild hydroconversion conditions as initially applied in the 80’s in response to 
the growing demand of middle distillates, aims at the lower VGO conversion range towards 
mildly dewaxed and desulfurized gas oils [141]. Figure 1-12 perfectly illustrates the 
flexibility of VGO and other petroleum feed hydroconversion in attaining different product 
distributions. 
Commercial gas oil feeds contain a significant amount of sulfur, nitrogen and 
aromatic contaminants and are often hydrotreated prior to or simultaneously with 
hydrocracking to attain the targeted fuel quality specifications. Three major types of process 
configurations are distinguished, i.e., single-stage, two-stage and once-through, depending on 
the number of reactors applied and the location of the recycle, if any, vide Figure 1-13 
[3].Two stage hydrocracking constitutes the most flexible configuration as it allows further 
transformation of the unconverted feed from the first stage at more severe process conditions. 
It is a particularly useful configuration to convert feedstocks with a high content of nitrogen 
poisons [142]. Two-stage processes involve higher capital investments and associated 









operating costs which are partially, if not completely, compensated by the higher distillate 
yields that are usually obtained. Recycling the unconverted feed to the second stage reactor 




Figure 1-12 Different modes of operation in petroleum feed hydroconversion [84]. 
 
 Processing of distillate bottoms and coal extracts 
 
Coal liquefaction products and heavy petroleum fractions such as residue oil and 
bitumen, are currently rather upgraded than blended off towards hydrocarbon streams of 
lower quality [2]. Vacuum residue constitutes the largest stranded stream in current refineries 
which, generally, do not possess the capability to further process such streams. The 
conventional applications of vacuum residue involve the production of high-sulfur fuel oils, 
bunker fuels and road asphalt. Upgrading them catalytically has been limited due to high 
asphaltanes and metals content which potentially lead to rapid catalyst deactivation and 
reactor fouling. Research over the last two decades primarily focused on the adjustment of 
existing technologies for gas oil hydroconversion [143], or on the development of ebullated 
bed reactor technologies in which the fluidized catalyst is more uniformly covered with metal 
deposits and coke [144]. The latter technology, however, is often accompanied with a 
relatively high capital and operating cost, sediment formation and low feed conversion [1, 2]. 
Slurry phase hydroconversion is an emerging technology able to cope with any of the issues 
described above. It combines non-catalytic thermal hydroconversion over radical 
intermediates at elevated temperatures exceeding 670 K, and coke precursor hydrogenation 
over metal sites deposited on an organic oxide, sulfide or salt [145]. The catalyst itself is 









typically highly dispersed or dissolved within the hydrocarbon phase. Dissolution in an 
aqueous phase accompanying the feed is also possible. Water soluble catalysts are usually 
less expensive, but require a more advanced regeneration step. The potential of slurry phase 
hydroconversion is explored in ten pilot plants operational worldwide for vacuum residue 
conversion at the year of 2007, such as Exxon Mobil’s M-Coke technology and UOP’s 
Uniflex process [145]. 
 
 
Figure 1-13 Simplified process schemes of single stage, two stage and once through 
hydroconversion [146]. 
 
Fischer-Tropsch wax conversion 
 
The importance of synthesis gas (syngas), i.e., H2 and CO, in fuel production has 
grown rapidly over the past decades. The transformation of coal, biomass or natural gas to 
syngas via gasification or steam reforming enables the petrochemical industry to cope with 
the declining supplies of conventional oils. Recent technological breakthroughs in drilling 
and fracturing also opened up the route towards the exploitation of shale gas resources 
worldwide [147]. Fischer-Tropsch (FT) synthesis mainly over cobalt and iron catalysts, 
converts syngas into long linear alkanes and α-alkanes via a chain growth mechanism. The 
carbon number distribution of the products follows the Anderson-Flory-Schulz 
polymerization model [94]. Heavy paraffinic waxes obtained in case of sufficiently high 
chain growth probabilities embody potential high-quality, zero-sulfur middle distillate 
sources and are concordantly hydroconverted at typical temperatures and pressures of 597-
645 K and 3.5-7 MPa [94]. Commercialized processes include SASOL in South-Africa [134], 
a joint venture of SASOL and Chevron in Nigeria [148], Shell’s Middle Distillate Synthesis 













Processing of bio-oils and waste plastics 
 
The production of fuels from biomass was reviewed in 2007 by Elliot [151]. Herein, 
single-stage and multi-stage hydroconversion of a multiring phenolics rich bio-oil was 
explored. Other academic research focuses on the hydroconversion of cellulose [152], 
pyrolytic lignins [153], and vegetable oils [154]. From the sustainability point of view, minor 
research has also been attributed to the hydroconversion of waste plastics which are the most 
rapidly growing municipal solid waste components [155]. The latter is, once more, 
reminiscent for the high versatility exhibited by the hydroconversion process in the 
production of high-quality fuels. 
1.4.3 Reactor design 
Various reactor configurations ranging from once-through to two-stage with recycle 
enable the operator to address a broad range of reaction products depending on the operating 
conditions and the processed feedstock. Various reactor types such as trickle bed and 
ebullated bed technologies, were commercialized aiming at high feed conversion, long 
catalyst life times and a low reactor operating cost. Trickle bed reactors are relatively simple 
in operation and in scale-up from pilot plant experimentation [107]. Multibed reactors are 
ideally suited for scrubbing of gaseous poisons such as hydrogen sulfide and ammonia [146], 
and also quenching to cope with the reaction exothermicity mainly originating from 
hydrotreating reactions [156]. The major issue associated with this reactor type is the 
accumulation of metal deposits and coke in the top sections of the catalyst beds. As a result, 
trickle bed reactors are less applicable for heavily contaminated residue streams [2]. The 
latter issues can, as mentioned before, be tackled with ebullated bed reactors and, more 
recently, via thermal hydroconversion of heavy feeds in slurry phase reactors. 
Suitable reactor models were developed for any of the three reactor types above. An 
ideal plug flow reactor model is often assumed for trickle bed reactors and adiabatic 
operation is mostly considered. An energy balance is usually only introduced in case of a 
substantial amount of exothermic hydrotreating reactions occurring alongside isomerization 
and cracking. Kinetic models typically integrated in hydroconversion reactor models include 
discrete lumped models [157], continuous lumped models [158], and relumped single-event 
microkinetic models [130]. Considerably less attention has been devoted to the simulation of 









ebullated bed and slurry phase reactors. Hydrodynamics are especially important in case of 
the former reactor type in which the catalyst remains constantly in a fluidized state [159]. In 
addition, phase transfer phenomena need to be accounted for such as hydrogen transfer from 
the bulk gas to the liquid hydrocarbon phase. Martinez-Grimaldo et al. [160] developed a 
slurry phase reactor model for Maya crude oil hydroconversion using a continuous lumping 
approach.  
Many commercial simulators are currently available each of them aiming at a smooth 
and efficient process characterization and optimization via a user-friendly graphical interface. 
Chang and Liu [161] recently published an extensive case study on the simulation of a single-
stage, two-reactor process using the Refining HCR add-on program for Aspen HYSYS. Their 
work nicely illustrates the potential of commercial simulator software in the design of 
complex reactor systems for industrial feed hydroconversion. Incorporation of a fundamental 
modelling methodology would also enable to perform catalyst design routinely via a 
sensitivity analysis on the catalyst descriptors identified by the kinetic model.  
1.5 Scope of the thesis 
The aim of this work is to extend the fundamental Single-Event MicroKinetic 
(SEMK) model originally developed for n-octane hydroconversion on Pt-loaded faujasite 
catalysts, to other industrially relevant zeolite frameworks and corresponding physico-
chemical phenomena. The SEMK methodology is ideally suited to deal with complex 
reaction networks by limiting the number of independent kinetic parameters while preserving 
the fundamental character of the model. In addition, a SEMK model allows to capture the 
effect of the catalyst on the reaction kinetics via the so-called catalyst descriptors, i.e., model 
parameters which account for the catalyst properties. As a result, a SEMK model based 
catalyst design comes within reach which is merely based on a sensitivity analysis with 
respect to the catalyst descriptors as recently demonstrated for Pt/H-ZSM22 in alkane 
hydroisomerization [162], and for Pt/H-ZSM5 in xylene isomerization [163]. Alkane 
hydroconversion is particularly appropriate for this endeavour as test reaction thanks to its 
industrial relevance and its well-established reaction network composed of a limited number 
of reaction families. In addition, the ‘kinetic descriptors’, i.e., model parameters which solely 
depend on the reaction kinetics, were determined from previous research and are extendable 
to other catalyst frameworks [24]. The SEMK methodology has successfully been extended 









to incorporate physisorption effects during liquid phase conversion [54], and extreme shape 
selectivity observed on ZSM22 and related materials [99]. 
Investigated zeolites include beta, USY modified via alumina Atomic Layer 
Deposition (ALD), and ZSM5. Beta zeolites are large-pore zeolites and exhibit minor shape 
selectivity in the formation of ethyl-branched isomers [18]. They constitute an interesting 
alternative to Y and USY-based catalyst as they normally exhibit a higher activity. ZSM5 
zeolites are, apart from faujasites, the most frequently applied zeolite materials in industrial 
processes such as benzene alkylation, methanol to olefins conversion, and catalytic cracking 
among other [81]. The pore dimensions of ZSM5 approach the molecular diameters of cyclic 
and branched hydrocarbons which results in a complex interplay between reactant, product 
and/or transition state shape selectivity impacting on the catalyst performance in any of the 
above processes [164]. A SEMK assessment of the dominant forms of shape selectivity aids 
in understanding the peculiar product distributions commonly observed over such zeolite 
catalysts and would advance the model-guided design of related materials considerably. 
Application of ALD of alumina onto zeolite frameworks theoretically leads to the 
formation of new surface hydroxyl groups inherently different to those originally present in 
the catalyst framework. ALD is a well-known film growth technique making use of 
sequential self-terminating gas-solid reactions [165]. Subsequent gas-surface reactions with 
trimethylaluminium and water as reactants, could create new Brønsted acidity and, hence, 
significantly increase the catalyst activity as recently shown for commercial USY zeolite 
catalysts in n-decane hydroconversion [90]. This work aims to provide a better understanding 
of the complex chemistry involved in alumina ALD via catalyst descriptor evaluation 
obtained from model regression and independent characterization. n-Decane hydroconversion 
is used as model reaction to characterize the performance of a commercially available USY 
and 9 modified samples which each underwent a different ALD treatment. 
Apart from the extension of the current SEMK methodology towards other and 
modified zeolite frameworks, physico-chemical phenomena potentially occurring alongside 
reactions are fundamentally assessed. The synergetic effect between a shape selective Pt/H-
ZSM22 and a non-shape selective Pt/NaH-Y catalyst during n-decane hydroconversion as 
observed earlier [166, 167], is investigated at liquid phase conditions via model simulation in 
order to approach an industrial operating environment more effectively. The synergetic effect 
comprises an increase in maximum isomer yield compared to the yields obtained over the 









pure catalysts. Investigation of saturation effects during gas phase n-alkane hydroconversion 
would close the gap between ideal gas phase hydroconversion and hydroconversion in the 
liquid phase. To this purpose, n-hexadecane is used as feed alkane in the SEMK model 
development for hydroconversion on Pt/H-beta. Finally, intracrystalline diffusion effects are 
incorporated in the SEMK methodology and which elaborates further on a preceding study by 
Choudhury [168]. The Stefan-Maxwell methodology is integrated in a mean field approach in 
order to capture multicomponent diffusion through a microporous substrate. n-Hexane is first 
used as model component after which an experimental study with n-decane as reactant is 
elaborated in order to extend the methodology towards heavier feeds. 
 Any of the research topics presented in this work adhere to the fundamental character 
of the model as much as possible. As a result, considerable insight in each aspect could be 
extracted from experimental analysis, model validation and simulation. Thanks to its 
fundamental character, the SEMK methodology is extendable to any other process making 
use of similar catalytic materials, or which is sensitive to any of the physico-chemical 
phenomena accounted for. As a result, efficient process analysis and catalyst design through 
SEMK model simulations comes within reach establishing the latter methodology as an 
indispensable tool in industrial process optimization. 
1.6 References 
[1] G. Butler, R. Spencer, B. Cook, Z. Ring, A. Schleiffer, M. Rupp, Hydrocarb. Process. 
88 (2009) 51-55. 
[2] M. Motaghi, B. Ulrich, A. Subramanian, Hydrocarb. Process. 90 (2011) 37-43. 
[3] J.W. Ward, Fuel. Process. Technol. 35 (1993) 55-85. 
[4] V. Calemma, C. Gambaro, W.O. Parker, R. Carbone, R. Giardino, P. Scorletti, Catal. 
Today 149 (2010) 40-46. 
[5] D. Gillis, M. Van Wees, P. Zimmerman, E. Houde, J. Jpn. Petrol. Inst. 53 (2010) 33-41. 
[6] E. Furimsky, F.E. Massoth, Catal. Today 52 (1999) 381-495. 
[7] J.W. Thybaut, M. Saeys, G.B. Marin, Chem. Eng. J. 90 (2002) 117-129. 
[8] J. Weitkamp, ChemCatChem 4 (2012) 292-306. 
[9] C. Botchwey, A.K. Dalai, J. Adjaye, Energy Fuels 17 (2003) 1372-1381. 
[10] L.C. Castaneda, J.A.D. Munoz, J. Ancheyta, Fuel 100 (2012) 110-127. 
[11] I. Horiuti, M. Polanyi, T. Faraday. Soc. 30 (1934) 1164-1172. 
[12] P.B. Weisz, Adv. Catal. 13 (1962) 137-190. 
[13] H.L. Coonradt, W.E. Garwood, Ind. Eng. Chem. Proc. RD 3 (1964) 38-45. 
[14] J. Weitkamp, H. Schulz, J. Catal. 29 (1973) 361-366. 
[15] M. Steijns, G. Froment, P. Jacobs, J. Uytterhoeven, J. Weitkamp, Ind. Eng. Chem. Prod. 
RD 20 (1981) 654-660. 
[16] J. Weitkamp, Ind. Eng. Chem. Prod. RD 21 (1982) 550-558. 









[17] J. Weitkamp, P.A. Jacobs, J.A. Martens, Appl. Catal. 8 (1983) 123-141. 
[18] J.A. Martens, J. Perez-Pariente, P.A. Jacobs, Acta Phys. Chem. Szeged. 31 (1985) 487-
495. 
[19] G.E. Giannetto, G.R. Perot, M.R. Guisnet, Ind. Eng. Chem. Prod. RD 25 (1986) 481-
490. 
[20] J.A. Martens, P.A. Jacobs, J. Weitkamp, Appl. Catal. 20 (1986) 239-281. 
[21] V.B. Kazansky, I.N. Senchenya, J. Catal. 119 (1989) 108-120. 
[22] A.M. Rigby, G.J. Kramer, R.A. vanSanten, J. Catal. 170 (1997) 1-10. 
[23] V.B. Kazansky, Catal. Today 51 (1999) 419-434. 
[24] J.W. Thybaut, C.S.L. Narasimhan, G.B. Marin, J.F.M. Denayer, G.V. Baron, P.A. 
Jacobs, J.A. Martens, Catal. Lett. 94 (2004) 81-88. 
[25] M.A. Natal-Santiago, R. Alcala, J.A. Dumesic, J. Catal. 181 (1999) 124-144. 
[26] Y. Ono, Catal. Today 81 (2003) 3-16. 
[27] J.F. Denayer, G.V. Baron, G. Vanbutsele, P.A. Jacobs, J.A. Martens, J. Catal. 190 
(2000) 469-473. 
[28] M.V. Frash, V.B. Kazansky, A.M. Rigby, R.A. vanSanten, J. Phys. Chem. B 101 (1997) 
5346-5351. 
[29] J.A. Martens, P.A. Jacobs, J. Catal. 124 (1990) 357-366. 
[30] V. Calemma, S. Peratello, C. Perego, Appl. Catal. A 190 (2000) 207-218. 
[31] C.S.L. Narasimhan, J.W. Thybaut, J.F. Denayer, G.V. Baron, P.A. Jacobs, J.A. Martens, 
G.B. Marin, Ind. Eng. Chem. Res. 46 (2007) 8710-8721. 
[32] G. Burnens, C. Bouchy, E. Guillon, J.A. Martens, J. Catal. 282 (2011) 145-154. 
[33] E. Blomsma, J.A. Martens, P.A. Jacobs, J. Catal. 155 (1995) 141-147. 
[34] G.C. Bond, Top. Catal. 39 (2006) 29-33. 
[35] A. Lugstein, A. Jentys, H. Vinek, Appl. Catal. A 152 (1997) 93-105. 
[36] J.A. Martens, P.A. Jacobs, J. Weitkamp, Appl. Catal. 20 (1986) 283-303. 
[37] M. Guisnet, Catal. Today 218 (2013) 123-134. 
[38] M.J. Girgis, Y.P. Tsao, Ind. Eng. Chem. Res. 35 (1996) 386-396. 
[39] F. Alvarez, G. Giannetto, M. Guisnet, G. Perot, Appl. Catal. 34 (1987) 353-365. 
[40] T.F. Degnan, C.R. Kennedy, AIChE J. 39 (1993) 607-614. 
[41] J.W. Thybaut, C.S.L. Narasimhan, J.F. Denayer, G.V. Baron, P.A. Jacobs, J.A. Martens, 
G.B. Marin, Ind. Eng. Chem. Res. 44 (2005) 5159-5169. 
[42] M. Guisnet, F. Alvarez, G. Giannetto, G. Perot, Catal. Today 1 (1987) 415-433. 
[43] G.F. Froment, Catal. Today 1 (1987) 455-473. 
[44] R.A. Flinn, O.A. Larson, H. Beuther, Ind. Eng. Chem. 52 (1960) 153-156. 
[45] J.W. Thybaut, G.B. Marin, G.V. Baron, P.A. Jacobs, J.A. Martens, J. Catal. 202 (2001) 
324-339. 
[46] M. Steijns, G.F. Froment, Ind. Eng. Chem. Prod. RD 20 (1981) 660-668. 
[47] M.A. Baltanas, H. Vansina, G.F. Froment, Ind. Eng. Chem. Prod. RD 22 (1983) 531-
539. 
[48] J.F.M. Denayer, G.V. Baron, Adsorption 3 (1997) 251-265. 
[49] J.F. Denayer, W. Souverijns, P.A. Jacobs, J.A. Martens, G.V. Baron, J. Phys. Chem. B 
102 (1998) 4588-4597. 
[50] H. Toulhoat, P. Raybaud, E. Benazzi, J. Catal. 221 (2004) 500-509. 
[51] J.F. Denayer, G.V. Baron, J.A. Martens, P.A. Jacobs, J. Phys. Chem. B 102 (1998) 
3077-3081. 









[52] J.F.M. Denayer, R.A. Ocakoglu, W. Huybrechts, B. Dejonckheere, P. Jacobs, S. Calero, 
R. Krishna, B. Smit, G.V. Baron, J.A. Martens, J. Catal. 220 (2003) 66-73. 
[53] R. Krishna, S. Calero, B. Smit, Chem. Eng. J. 88 (2002) 81-94. 
[54] C.S.L. Narasimhan, J.W. Thybaut, J.A. Martens, P.A. Jacobs, J.F. Denayer, G.B. Marin, 
J. Phys. Chem. B 110 (2006) 6750-6758. 
[55] J. Kang, W.P. Ma, R.A. Keogh, W.D. Shafer, G. Jacobs, B.H. Davis, Catal. Lett. 142 
(2012) 1295-1305. 
[56] F. Pinna, Catal. Today 41 (1998) 129-137. 
[57] H. Deldari, Appl. Catal. A 293 (2005) 1-10. 
[58] T.D. Pope, J.F. Kriz, M. Stanciulescu, J. Monnier, Appl. Catal. A 233 (2002) 45-62. 
[59] A. Funez, A. De Lucas, P. Sanchez, M.J. Ramos, J.L. Valverde, Chem. Eng. J. 136 
(2008) 267-275. 
[60] R.C.R. Santos, A. Valentini, C.L. Lima, J. Mendes, A.C. Oliveira, Appl. Catal. A 403 
(2011) 65-74. 
[61] T.Y. Yan, Ind Eng Chem Res 29 (1990) 1995-1998. 
[62] M. Polyakov, M. Poisot, W. Bensch, M. Muhler, W. Gruenert, J. Catal. 256 (2008) 137-
144. 
[63] T. Drescher, F. Niefind, W. Bensch, W. Grunert, J. Am. Chem. Soc. 134 (2012) 18896-
18899. 
[64] M.A. Camblor, A. Corma, A. Martinez, V. Martinez-Soria, S. Valencia, J. Catal. 179 
(1998) 537-547. 
[65] S.D. Kelly, N. Yang, G.E. Mickelson, N. Greenlay, E. Karapetrova, W. Sinkler, S.R. 
Bare, J. Catal. 263 (2009) 16-33. 
[66] V.M. Akhmedov, S.H. Al-Khowaiter, E. Akhmedov, A. Sadikhov, Appl. Catal. A 181 
(1999) 51-61. 
[67] Q.Y. Cui, Y.S. Zhou, Q. Wei, X.J. Tao, G.L. Yu, Y. Wang, J.P. Yang, Energy Fuels 26 
(2012) 4664-4670. 
[68] E. Blomsma, J.A. Martens, P.A. Jacobs, J. Catal. 165 (1997) 241-248. 
[69] I. Eswaramoorthi, A.G. Bhavani, N. Lingappan, Appl. Catal. A 253 (2003) 469-486. 
[70] J.P. Giannetti, H.G. McIlvried, R.T. Sebulsky, Ind. Eng. Chem. Proc. RD 9 (1970) 473-
478. 
[71] A. Corma, A. Martinez, V. Martinezsoria, J.B. Monton, J. Catal. 153 (1995) 25-31. 
[72] J.M. Campelo, A.F. Lee, R. Luque, D. Luna, J.M. Marinas, A.A. Romero, Chem. Eur. J. 
14 (2008) 5988-5995. 
[73] K. Ben Tayeb, C. Lamonier, C. Lancelot, M. Fournier, E. Payen, A. Bonduelle, F. 
Bertoncini, Catal. Today 150 (2010) 207-212. 
[74] Y.Y. Liu, K. Murata, K. Okabe, M. Inaba, I. Takahara, T. Hanaoka, K. Sakanishi, Top. 
Catal. 52 (2009) 597-608. 
[75] S. Fernandes, M. Andrade, C.O. Ania, A. Martins, J. Pires, A.P. Carvalho, Micropor. 
Mesopor. Mat. 163 (2012) 21-28. 
[76] E. Iglesia, S.L. Soled, G.M. Kramer, J. Catal. 144 (1993) 238-253. 
[77] Z. Zhou, Y.L. Zhang, J.W. Tierney, I. Wender, Fuel. Process. Technol. 83 (2003) 67-80. 
[78] M.J. Ledoux, P. DelGallo, C. PhamHuu, A.P.E. York, Catal. Today 27 (1996) 145-150. 
[79] T. Matsuda, K. Watanabe, H. Sakagami, N. Takahashi, Appl. Catal. A 242 (2003) 267-
274. 
[80] H. Al-Kandari, F. Al-Kharafi, A. Katrib, Appl. Catal. A 383 (2010) 141-148. 
[81] C.R. Marcilly, Top. Catal. 13 (2000) 357-366. 









[82] T.F. Degnan, J. Catal. 216 (2003) 32-46. 
[83] S.T. Sie, Chem. Eng. J. Bioch. Eng. 53 (1993) 1-11. 
[84] I.E. Maxwell, Catal. Today (1987) 385-413. 
[85] C. Baerlocher, W.M. Meier, D.H. Olson, Atlas of Zeolite Framework Types, Elsevier, 
2001. 
[86] J. Weitkamp, Solid State Ionics 131 (2000) 175-188. 
[87] Q.L. Wang, G. Giannetto, M. Guisnet, J. Catal. 130 (1991) 471-482. 
[88] M.J. Remy, D. Stanica, G. Poncelet, E.J.P. Feijen, P.J. Grobet, J.A. Martens, P.A. 
Jacobs, J. Phys. Chem. 100 (1996) 12440-12447. 
[89] J.A. Martens, P.A. Jacobs, J. Mol. Catal. 78 (1993) 47-52. 
[90] S.P. Sree, J. Dendooven, T.I. Koranyi, G. Vanbutsele, K. Houthoofd, D. Deduytsche, 
J.A. Martens, C. Detavernier, Catal. Sci. Technol. 1 (2011) 218-221. 
[91] A. Funez, J.W. Thybaut, G.B. Marin, P. Sanchez, A. De Lucas, J.L. Valverde, Appl. 
Catal. A 349 (2008) 29-39. 
[92] J.F. Allain, P. Magnoux, P. Schulz, M. Guisnet, Appl. Catal. A 152 (1997) 221-235. 
[93] A. Lugstein, A. Jentys, H. Vinek, Appl. Catal. A 176 (1999) 119-128. 
[94] C. Bouchy, G. Hastoy, E. Guillon, J.A. Martens, Oil Gas Sci. Technol. 64 (2009) 91-
112. 
[95] P. Meriaudeau, V.A. Tuan, V.T. Nghiem, F. Lefevbre, V.T. Ha, J. Catal. 185 (1999) 
378-385. 
[96] J.A. Martens, R. Parton, L. Uytterhoeven, P.A. Jacobs, G.F. Froment, Appl. Catal. 76 
(1991) 95-116. 
[97] M.C. Claude, J.A. Martens, J. Catal. 190 (2000) 39-48. 
[98] M.C. Claude, G. Vanbutsele, J.A. Martens, J. Catal. 203 (2001) 213-231. 
[99] C.S.L. Narasimhan, J.W. Thybaut, G.B. Marin, P.A. Jacobs, J.A. Martens, J.F. Denayer, 
G.V. Baron, J. Catal. 220 (2003) 399-413. 
[100] T.L.M. Maesen, R. Krishna, J.M. van Baten, B. Smit, S. Calero, J.M.C. Sanchez, J. 
Catal. 256 (2008) 95-107. 
[101] A. Van De Runstraat, J.A. Kamp, P.J. Stobbelaar, J. Van Grondelle, S. Krijnen, R.A. 
Van Santen, J. Catal. 171 (1997) 77-84. 
[102] G. Sastre, A. Chica, A. Corma, J. Catal. 195 (2000) 227-236. 
[103] N. Batalha, L. Pinard, S. Morisset, J.L. Lemberton, Y. Pouilloux, M. Guisnet, F. Lemos, 
F.R. Ribeiro, React. Kinet. Mech. Cat. 107 (2012) 285-294. 
[104] P. Meriaudeau, V.A. Tuan, V.T. Nghiem, S.Y. Lai, L.N. Hung, C. Naccache, J. Catal. 
169 (1997) 55-66. 
[105] J.A. Martens, P.J. Grobet, P.A. Jacobs, J. Catal. 126 (1990) 299-305. 
[106] S.A. Qader, G.R. Hill, Ind. Eng. Chem. Proc. RD 8 (1969) 98-105. 
[107] J. Ancheyta, S. Sanchez, M.A. Rodriguez, Catal. Today 109 (2005) 76-92. 
[108] M.A. Callejas, M.T. Martinez, Ind. Eng. Chem. Res. 38 (1999) 3285-3289. 
[109] S. Sanchez, M.A. Rodriguez, J. Ancheyta, Ind. Eng. Chem. Res. 44 (2005) 9409-9413. 
[110] L. Pellegrini, S. Locatelli, S. Rasella, S. Bonomi, V. Calemma, Chem. Eng. Sci. 59 
(2004) 4781-4787. 
[111] V. Calemma, S. Peratello, F. Stroppa, R. Giardino, C. Perego, Ind. Eng. Chem. Res. 43 
(2004) 934-940. 
[112] C. Gambaro, V. Calemma, D. Molinari, J. Denayer, AIChE J. 57 (2011) 711-723. 
[113] B.E. Stangeland, Ind. Eng. Chem. Proc. RD 13 (1974) 71-76. 









[114] C.S. Laxminarasimhan, R.P. Verma, P.A. Ramachandran, AIChE J. 42 (1996) 2645-
2653. 
[115] I. Elizalde, J. Ancheyta, Fuel 90 (2011) 3542-3550. 
[116] I. Elizalde, M.A. Rodriguez, J. Ancheyta, Appl. Catal. A 365 (2009) 237-242. 
[117] R.J. Quann, S.B. Jaffe, Ind. Eng. Chem. Res. 31 (1992) 2483-2497. 
[118] R.J. Quann, S.B. Jaff, Chem. Eng. Sci. 51 (1996) 1615-1635. 
[119] A. Van De Runstraat, J. Van Grondelle, and R.A. Van Santen, Ind. Eng. Chem. Res. 36 
(1997) 3116-3125. 
[120] A. Hollo, J. Hancsok, D. Kallo, Appl. Catal. A 229 (2002) 93-102. 
[121] M.A. Baltanas, K.K. Vanraemdonck, G.F. Froment, S.R. Mohedas, Ind. Eng. Chem. 
Res. 28 (1989) 899-910. 
[122] D. Guillaume, E. Valery, J.J. Verstraete, K. Surla, P. Galtier, D. Schweich, Oil Gas Sci. 
Technol. 66 (2011) 399-422. 
[123] H. Kumar, G.F. Froment, Ind. Eng. Chem. Res. 46 (2007) 4075-4090. 
[124] J.C. Chavarria-Hernandez, J. Ramirez, M.A. Baltanas, Catal. Today 130 (2008) 455-
461. 
[125] J.W. Thybaut, I.R. Choudhury, J.F. Denayer, G.V. Baron, P.A. Jacobs, J.A. Martens, 
G.B. Marin, Top. Catal. 52 (2009) 1251-1260. 
[126] G. Lozano-Blanco, K. Surla, J.W. Thybaut, G.B. Marin, Oil Gas Sci. Technol. 66 
(2011) 423-435. 
[127] T. Bera, J.W. Thybaut, G.B. Marin, Ind. Eng. Chem. Res. 50 (2011) 12933-12945. 
[128] G.G. Martens, J.W. Thybaut, G.B. Marin, Ind. Eng. Chem. Res. 40 (2001) 1832-1844. 
[129] G.G. Martens, G.B. Marin, J.A. Martens, P.A. Jacobs, G.V. Baron, J. Catal. 195 (2000) 
253-267. 
[130] G.G. Martens, G.B. Marin, AIChE J. 47 (2001) 1607-1622. 
[131] J.W. Gosselink, W.H.J. Stork, Ind. Eng. Chem. Res. 36 (1997) 3354-3359. 
[132] S. Sivasanker, K.M. Reddy, P. Ratnasamy, Stud. Surf. Sci. Catal. 1989 53 (1990) 335-
347. 
[133] L.B. Galperin, Appl. Catal. A 209 (2001) 257-268. 
[134] D. Leckel, Energy Fuels 21 (2007) 662-667. 
[135] V.M. Akhmedov, S.H. Al-Khowaiter, Catal. Rev. Sci. Eng. 49 (2007) 33-139. 
[136] H. Gonzalez, J. Ramirez, A. Gutierrez-Alejandre, P. Castillo, T. Cortez, R. Zarate, 
Catal. Today 98 (2004) 181-191. 
[137] N. Choudhary, D.N. Saraf, Ind. Eng. Chem. Prod. RD 14 (1975) 74-83. 
[138] R. Bezman, Catal. Today 13 (1992) 143-156. 
[139] M.V. Landau, M. Herskowitz, D. Givoni, S. Laichter, D. Yitzhaki, Fuel 77 (1998) 
1589-1597. 
[140] P. Castano, A. Gutierrez, I. Hita, J.M. Arandes, A.T. Aguayo, J. Bilbao, Energy Fuels 
26 (2012) 1509-1519. 
[141] P. Dufresne, P.H. Bigeard, A. Billon, Catal. Today 1 (1987) 367-384. 
[142] P. Dufresne, A. Quesada, S. Mignard, Stud. Surf. Sci. Catal. 53 (1990) 301-315. 
[143] I. Mochida, X.Z. Zhao, K. Sakanishi, Ind. Eng. Chem. Res. 29 (1990) 334-337. 
[144] T. Gauthier, J.P. Heraud, S. Kressmann, J. Verstraete, Chem. Eng. Sci. 62 (2007) 5409-
5417. 
[145] S. Zhang, D. Liu, W. Deng, G. Que, Energy Fuels 21 (2007) 3057-3062. 
[146] J.K. Minderhoud, J.A.R. Van Veen, A.P. Hagan, Stud. Surf. Sci. Catal. 127 (1999) 3-
20. 









[147] R.F. Aguilera, M. Radetzki, Oil Gas J. 111 (2013) 54-61. 
[148] M.E. Dry, J. Chem. Technol. Biotechnol. 77 (2001) 43-50. 
[149] S.T. Sie, M.M.G. Senden, H.M.H. Van Weghem, Catal. Today 8 (1991) 371-394. 
[150] R. Overtoom, N. Fabricius, W. Leenhouts, Proc. 1st Ann. Gas Process. Symp. 1 (2009) 
378-386. 
[151] D.C. Elliott, Energy Fuels 21 (2007) 1792-1815. 
[152] K. Murata, Y.Y. Liu, M. Inaba, I. Takahara, Catal. Lett. 140 (2010) 8-13. 
[153] Z. Tang, Y. Zhang, Q.X. Guo, Ind. Eng. Chem. Res. 49 (2010) 2040-2046. 
[154] S. Bezergianni, A. Kalogianni, I.A. Vasalos, Bioresource Technol. 100 (2009) 3036-
3042. 
[155] N.D. Hesse, R.L. White, J. Appl. Polym. Sci. 92 (2004) 1293-1301. 
[156] A. Alvarez, J. Ancheyta, J.A.D. Munoz, Energy Fuels 21 (2007) 1133-1144. 
[157] S. Sadighi, A. Ahmad, M. Shirvani, Chem. Eng. Technol. 35 (2012) 919-928. 
[158] K. Basak, M. Sau, U. Manna, R.P. Verma, Catal. Today 98 (2004) 253-264. 
[159] J.M. Schweitzer, S. Kressmann, Chem. Eng. Sci. 59 (2004) 5637-5645. 
[160] H.J. Martinez-Grimaldo, J.C. Chavarria-Hernandez, J. Ramirez, R. Cuevas, H. Ortiz-
Morenot, Energy Fuels 25 (2011) 3605-3614. 
[161] A.F. Chang, Y.A. Liu, Energy Fuels 25 (2011) 5264-5297. 
[162] I.R. Choudhury, K. Hayasaka, J.W. Thybaut, C.S.L. Narasimhan, J.F. Denayer, J.A. 
Martens, G.B. Marin, J. Catal. 290 (2012) 165-176. 
[163] K. Toch, J.W. Thybaut, B.D. Vandegehuchte, C.S.L. Narasimhan, L. Domokos, G.B. 
Marin, Appl. Catal. A 425 (2012) 130-144. 
[164] M.A. Uguina, J.L. Sotelo, A. Rodriguez, J.I. Gomez-Civicos, J.J. Lazaro, Sep. Purif. 
Technol. 51 (2006) 72-79. 
[165] C. Detavernier, J. Dendooven, S.P. Sree, K.F. Ludwig, J.A. Martens, Chem. Soc. Rev. 
40 (2011) 5242-5253. 
[166] R. Parton, L. Uytterhoeven, J.A. Martens, P.A. Jacobs, G.F. Froment, Appl. Catal. 76 
(1991) 131-142. 
[167] I.R. Choudhury, J.W. Thybaut, P. Balasubramanian, J.F.M. Denayer, J.A. Martens, G.B. 
Marin, Chem. Eng. Sci. 65 (2010) 174-178. 
[168] I.R. Choudhury, Single-Event MicroKinetic (SEMK) modeling of n-alkane 
hydroconversion on medium-pore zeolites: Identification of catalyst descriptors 











Procedures       
 
This chapter elaborates on the catalysts used in the kinetics measurements which have 
been modelled via the SEMK methodology. Synthesis, modification and characterization 
techniques are reported based on either literature data or on independent measurements. The 
experimental setups in which kinetic data have been acquired are subsequently described, 
along with the procedures followed in transforming the resulting GC chromatographs into the 
relevant input for modelling purposes. Experimental setups comprise two high-throughput 
installations comprising parallel plug flow reactors. Additionally, a bench-scale Berty CSTR 
has been used to acquire n-hexane hydroconversion data on Pt/H-ZSM5. Ultimately, the 
parameter estimation methodology is discussed along with the ideal reactor models 
considered in this work. 
2.1 Catalysts 
2.1.1 Pt/H-USY and modification via ALD 
100 mg of a commercially available USY zeolite with a bulk Si/Al ratio of 5.8 
(CBV712, Zeolyst International [1]) was introduced in an Atomic Layer Deposition (ALD) 
vacuum chamber operating at 10-4 Pa base pressure and 473 K. The ALD setup is located at 
the Department of Solid State Sciences at Ghent University and is depicted in Figure 2-1 [2, 
3]. The stainless steel ALD chamber is continuously evacuated by means of a turbomolecular 
pump. It’s walls are externally heated to avoid precursor condensation and facilitate 
desorption, if any. The reactant gases can be introduced via the plasma source, or directly into 
the ALD chamber as performed here. Specifically for the plasma source, a pneumatic valve is 
installed to avoid deposition prior to injection into the ALD chamber. 
 










Figure 2-1 Photograph and schematic representation of the ALDII setup located at the 
Department of Solid State Sciences, Ghent University [2, 3]. 
 
TriMethylAluminium (TMA) and water were consecutively introduced in the ALD 
chamber for reaction with the catalyst surface. TMA and water pulse times were varied from 
5 to 120 s. During the exposures, the pressure in the vacuum chamber was maintained at 
approximately 0.2 Pa. Purge steps in between two consecutive reactant pulses were either 
equally long or twice as long as the reactant pulse time. The number of ALD cycles lied 
between 5 and 30. Prior to the ALD treatment, the zeolite sample was subjected to a drying 
procedure under N2 flow for 6 h at a typical temperature of 473 or 573 K [4]. An overview of 
all catalyst samples along with the corresponding treatments is given in Table 2-1. 
The mesopore and micropore volume of each catalyst were determined at the Centre 
for Surface Chemistry and Catalysis (COK), KU Leuven, from the N2 physisorption isotherm 
measured at 77 K on a Micromeritics Tristar3000 instrument. Simultaneous pyridine 
sorption, TPD and FT-IR spectroscopy were performed on a Nicolet 6700 spectrometer 
equipped with a Deuterated TriGlycine Sulfate (DTGS) detector for the characterization of 
the acid properties of each catalyst. A carefully weighed amount of approximately 10 mg 
self-supporting wafer of the sample was evacuated in a vacuum infrared cell equipped with 
ZnSe windows. After a drying procedure of 1 h under vacuum at 673 K, the sample was 
cooled down while recording spectra at 623, 523, 423 and 323 K. The evacuated sample was 
saturated with about 2,500 Pa of pyridine vapour at 323 K for 0.25 h after which it was again 
evacuated for 0.5 h. TPD of sorbed pyridine was carried out at a 4 K min-1 heating rate while 









maintaining the temperature for 0.5 h at either 423, 523 and 623 K, at which IR spectra were 
recorded. The corresponding reference spectra were subtracted and the band intensities at 
1540 and 1450 cm-1 wave numbers were assigned as bands of Brønsted and Lewis sites of 
sorbed pyridine, respectively. Subtle differences in sample mass for FT-IR characterization 
did not lie at the origin of pronounced differences in IR band intensities observed between the 
catalyst samples, vide Chapter 4. The concentration of Brønsted and Lewis acid sites was 
calculated with the integral molar extinction coefficients of pyridine infrared absorption 
bands determined by Emeis [5].  
 
Table 2-1 ALD operational parameters, i.e., number of ALD cycles, reactant pulse and 
purge times and drying for 6 h in a tube furnace at 473 K prior to ALD, in the 
TMA-water treatment of CBV712. 
 
sample number of cycles pulse/purge time (s) drying 
Zeo1 10 30 yes 
Zeo2 30 30 yes 
Zeo3 30 30 no 
Zeo4a 30 30 yes 
Zeo5 5 120 yes 
Zeo6 10 120 yes 
Zeo7 30 120 yes 
Zeo8 30 120b yes 
Zeo9 30 120b no 
a
 drying performed at a temperature of 573 K prior to ALD 
b
 water purge time was equal to 240 s 
 
The Al content of the ALD modified catalysts was characterized by use of 27Al MAS 
NMR measurements on a Bruker Avance DSX400 spectrometer operating at 9.4 T. 36,000 
scans were accumulated with a recycle delay of 100 ms. The sample was packed in 2.5 mm 
rotors with a spinning frequency of 20 kHz. A 0.1 mol l-1 aqueous solution of Al(NO3)3·9H2O 
was used as shift reference. The NMR spectra were decomposed by the dmfit program 
described by Massiot et al. [6]. The program comprises an advanced simulation routine 
involving parameter fitting for isotropic chemical shifts, chemical shift anisotropy, and 
quadrupolar interactions among others, to account for various sources of line-broadening 
contributions from, e.g., residual hetero- and homonuclear dipolar interactions, and second-
order quadrupolar broadening of the Al nuclei [7-10]. Application of a strong magnetic field 









and a high spinning frequency is vital to detect aluminium species at 33-36 ppm which, under 
different conditions, would become NMR invisible owing to their excessively line-
broadening asymmetry [11-13]. A minimal spinning frequency of 20 kHz at a magnetic field 
of 9.4 T as applied in the present work, was found sufficient by Kraus et al. [14] to guarantee 
an accurate analysis. The total amount of aluminium was determined by integration over a 
range from +140 to -90 ppm. The relative peak intensities, the zeolite Si/Al ratio and molar 
mass were used to determine absolute values for the corresponding aluminium 
concentrations. A unit cell composition of H28(AlO2)28(SiO2)164 with a molar mass of 11,530 
g mol-1 was considered to calculate the total aluminium concentration for CBV712 [9]. The 
spectral areas measured for the ALD-treated zeolites were compared to the ones obtained for 
CBV712. 
Prior to reaction, the parent CBV712 and each ALD-treated sample were loaded with 
0.5 wt% platinum by means of incipient wetness impregnation using an aqueous Pt(NH4)3Cl2 
solution to make them active for n-decane hydroconversion. The accessible acid sites 
outnumber the Pt atoms present on the zeolite framework which renders the effect of metal 
deposition on the catalyst acidity both originally present in the framework, and additionally 
formed by means of alumina ALD, to be marginal [15]. Therefore, a limited loading of 0.5 
wt% Pt did not significantly alter the results obtained from N2 physisorption, pyridine TPD 
and FT-IR measurements to an appreciable extent. Each catalyst was pretreated in situ by 1 h 
oxidation followed by 1 h reduction under flowing hydrogen at 673 K.  
2.1.2 Pt/H-beta 
Characterization and incipient wetness impregnation with Pt of a commercial H-beta 
catalyst (CP811 from Zeolyst International [1]) with Si/Al ratio 12, were carried out at the 
Instituto de Tecnología Química (ITQ), belonging to the joint Institute of the Spanish Council 
for Scientific Research (CSIC) and the Polytechnic University of Valencia (UPV), in 
Valencia, Spain. A 0.2 mol l-1 aqueous solution of hexachloroplatinic acid (H2PtCl6·6H2O, 
Sigma-Aldrich) was used to attain a nominal loading of 1 wt% Pt on the H-beta support. The 
mixture was dried overnight at 373 K and subsequently calcined in a muffle oven at 773 K 
for 3 h. BET surface area and micropore volume values of 607 m2 g-1 and 0.210 cm3 g-1, 
respectively, were obtained via N2 physisorption at 77 K, both values being in good 
agreement with those expected for a well-crystalline beta zeolite [16]. The bulk Si/Al ratio 









and Pt content of the calcined Pt/H-beta catalyst were, respectively, 12 and 0.97 wt%, as 
determined by ICP-OES in a Varian 715-ES apparatus after dissolution of the solid in an 
HNO3:HF:HCl acid mixture (1:1:3 volume ratio). The total concentration of acid sites in the 
H-beta zeolite was 5.57 10-4 mol g-1 as determined by NH3-TPD. The Pt dispersion in the 
calcined Pt/H-beta sample amounted to 42%. The latter was measured via H2 chemisorption 
at 313 K by using the double isotherm method on a Quantachrome Autosorb-1 equipment, 
after in situ reduction of the sample at 673 K for 2 h under a pure hydrogen flow, and 
assuming a H:Pt chemisorption stoichiometry of 1:1 [17]. 
The catalyst was shaped into pellets with diameters ranging from 0.25 to 0.42 mm. 
Prior to catalytic testing, the Pt/H-beta was reduced in situ for 2 h in flowing hydrogen (2 10-4 
mol s-1) at atmospheric pressure and a temperature of 673 K. This pretreatment ensured a 
total reduction of the PtO species present in the calcined samples to metallic Pt, as 
ascertained by H2-TPR and XPS measurements of the reduced samples (not shown) [18]. 
For comparison purposes with the Pt/H-beta, a Pt/H-USY catalyst was prepared by 
ITQ, UPV-CSIC, from a commercial NaY sample (CBV100, Zeolyst International [1]) 
through two consecutive NH4+ exchanges, a two-step steaming at 873 K for 3 h and at 1023 
K for 5 h with an intermediate NH4+ exchange step. The bulk and framework Si/Al atomic 
ratios for the final USY zeolite were 2.6 and 16.6, respectively. Pt loading occurred through 
the same procedure as earlier described for the beta zeolite. Similarly, the Pt/H-USY zeolite 
was pelletized and reduced in situ under flowing pure hydrogen according to the same 
procedure.  
2.1.3 Pt/H-ZSM5 
CBV2802 (Si/Al = 137) 
 
A commercially available ZSM5 catalyst with a Si/Al ratio of 137 (CBV 2802, 
Zeolyst International [1]) was loaded with 0.5 wt% Pt by means of incipient wetness using an 
aqueous Pt(NH4)3Cl2 solution. The catalyst crystallite dimensions ranged from 0.4 to 0.8 µm 
[19]. The total acid site concentration is about 1.2 10-4 mol g-1 as determined from the 
framework Si/Al ratio [20-22]. A micropore volume of 0.19 cm3 g-1 was assumed as typically 
found for silicalite [23]. The zeolite powder was calcined ex-situ under flowing oxygen at 
823 K for one hour. Afterwards, the catalyst was shaped into pellets with diameters between 









400 and 710 µm by sequential compressing, crushing and sieving. The catalyst was reduced 
in situ by H2 at 673 K for 4 h. 
 
 CBV8014E (Si/Al = 40) 
 
A commercially available ZSM5 catalyst in the NH4+ form with a global Si/Al ratio of 
40 (CBV8014E, Zeolyst International [1]) was placed in an oven at 353 K for 4 h to convert 
it into its protonic form. Afterwards, the zeolite was impregnated with Pt using an aqueous 
solution of hexachloroplatinic acid (H2PtCl6·6H2O, Sigma Aldrich) aiming at a metal loading 
of 1 wt%. Next, the catalyst was dried at 353 K for 1 h to remove the solvent, and calcined at 
783 K for 4 h to transform the metal precursor into an oxide and gaseous products. ICP-OES 
measurements carried out at the University of Louvain La Neuve indicated a composition of 
41.8 wt% Si, 0.92 wt% Al and 0.93 wt% Pt. Rodríguez-González et al. [22] determined the 
total acid site concentration of an identical ZSM5 on a value of averagely 2.7 10-4 mol g-1 via 
NH3-TPD measurements. 
The BET surface area and micropore volume of the zeolite were determined at 335 m2 
g-1 and 0.147 cm3 g-1, respectively, from N2 physisorption measurements performed at 77 K. 
The physisorption and desorption isotherms were recorded by means of a Micromeritics 
Gemini 2375 instrument available at LCT, Ghent University. Transmission Electron 
Microscopy (TEM) was carried out on a JEOL JEM-2200FS instrument at the Department of 
Materials Science and Engineering, Ghent University, to characterize the catalyst crystallite 
shapes and dimensions, vide Figure 2-2. Although some irregularities may be discerned, a 
spherical geometry was adopted as commonly assumed for small crystallite particles [24]. 
Equivalent spherical diameters as calculated for prolate spheroid particles ranged from about 
0.2 to 0.4 µm [25]. 
The catalyst was shaped into pellets with a diameter between 500 and 630 µm by 
compressing dry zeolite powders into pellets, followed by crushing and sieving. The catalyst 
was reduced in situ at 673 K for 4 h under a 0.5 MPa hydrogen atmosphere. 










Figure 2-2 TEM images of Pt/H-ZSM5 crystallites. 
2.2 Experimental setups 
2.2.1 Microreactor high-throughput setup 
n-Decane hydroconversion experimentation on CBV712 and ALD-treated USY 
samples was carried out in a vapour phase plug flow reactor setup available at COK, KU 
Leuven. The microreactor high-throughput setup is shown in Figure 2-3. Its concept and 
practical implementation are the subject of a dedicated publication by Huybrechts et al. [26] . 
The setup contains two compartments with 16 stainless steel microreactors of 2.1 mm internal 
diameter and 30 mm long, placed in the first compartment. The reactor tubes are supported 
by a perforated plate in between both compartments. Capillary tubes connected to the reactor 
outlets create a sufficiently high pressure drop to guarantee an equally distributed inlet flow 
over the different reactors. 50 mg of CBV712 and of each ALD-treated USY catalyst were 
loaded in one of the microreactors. Electric heating is performed with a ceramic mantle. The 
capillaries at the microreactor outlets are connected to a 16-way valve to select the effluent 
gas line for GC analysis. The GC is equipped with a 900 multicapillary column (Multicap 









MC-1 ht, Alltech). Each capillary has a diameter of 40 µm, a length of 1 m and is coated with 
a 0.2 µm polydimethylsiloxane film. 
 
 
Figure 2-3 Schematic representation of the 15-bed high-throughput reactor [26]: top view 
of compartment 1 and microreactor numbering (a), lateral view inside the two 
compartments (b), and flow scheme of the setup (c) with 6-way valve for 
hydrocarbon feed selection (1), 4-way valve for saturator bypass (2), 4-way valve 
for reactor bypass (3), 16-way valve for microreactor effluent selection (4), 6-
way sampling valve (5), electronic mass flow controllers (6), vapour saturators 
(7,8), and condense capture (9).  
2.2.2 Plug flow reactor setup 
n-Hexadecane hydroconversion on Pt/H-beta and the benchmark Pt/H-USY was 
carried out in a continuous downflow trickle bed reactor located at ITQ, UPV-CSIC. The 
reaction was carried out at gas phase conditions by selecting a sufficiently high reaction 
temperature and hydrogen inlet flow rate. The setup is schematically shown in Figure 2-4 and 
is described in more detail elsewhere [17, 27]. The reactor was typically loaded with 1 g of 
catalyst diluted with SiC particles with dimensions ranging from 0.6 to 0.8 mm, up to a 
volume of 5.5 cm3. n-Hexadecane was fed by means of a Gilson 305 HPLC pump. On-line 
analysis was performed with a Varian Star 3800 CX gas chromatograph equipped with a non-









polar capillary column (Petrocol DH 50.2TM, 50 m x 0.2 mm, 0.5 µm polydimethylsiloxane 
film, Supelco) and a flame ionization detector. All lines between the reactor and the GC were 




Figure 2-4 Basic flow scheme of the plug flow reactor setup at ITQ. 
2.2.3 Bench-scale Berty CSTR 
Kinetic n-hexane hydroconversion data on Pt/H-ZSM5 were acquired in a bench-scale 
Berty CSTR originally constructed by Autoclave Engineers [28], and located at LCT, Ghent 
University. The setup is described elsewhere [29, 30]. Its most recent configuration is 
depicted in Figure 2-5. n-Hexane was fed to an evaporator operating at 473 K by means of a 
HPLC pump (LC Pump, IsoChrom) where it is mixed with hydrogen. The inlet gas flow rates 
are regulated by means of thermal mass flow controllers. The reactants enter the stainless 
steel reactor with 1.45 l internal volume, in between the outer reactor wall and the catalyst 
basket. A magnetically driven impeller is placed just below the inlet to the reactor and 
operates typically at 1,500 rpm. It guarantees an ideally mixed character the reactor. A 
fraction of the inlet gas flow, typically 10 %, enters the reactor via the impeller shaft to avoid 
local condensation and to provide minor cooling of the impeller beads. The products leave 
the reactor at the bottom of the catalyst basket after recirculating typically tens of times. 4.85 
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Figure 2-5 Flow scheme of the Berty setup. 








Methane is added as internal standard to the reactor effluent in a mixing chamber, and 
the outlet is subsequently depressurized in a back pressure regulator. Effluent analysis is 
performed on a Hewlett Packard 5890 Series II gas chromatograph with an FID detector and 
a non-polar capillary column coated with a 0.25 µm polydimethylsiloxane film. The column 
itself is 60 m long and has an internal diameter of 0.25 mm. 
2.2.4 Pilot-scale high-throughput setup 
n-Decane hydroconversion experiments were carried out in a high-throughput kinetic 
setup located at LCT, Ghent University, which comprises eight parallel stainless steel plug 
flow reactors of 0.89 m height and 11 mm internal diameter. Some more detail on the reactor 
setup is briefly described elsewhere [31]. The setup was originally constructed by Zeton B.V. 
[32]. Reactors are paired into four identical reactor blocks of which one is depicted in Figure 
2-6. A bronze furnace enables temperature control at three different zones in the reactor 
block. Three distinct gases can be fed to a reactor. For the present investigation, hydrogen 
and methane were fed as reactant and internal standard, respectively. Each of the gas flow 
rates is regulated by means of a thermal mass flow controller. Liquid hydrocarbons are fed 
with a HPLC pump (Eldex Optos Series). The reactor pressure is regulated by means of a 
back pressure regulator operating with nitrogen. A manual needle valve controls the vented 
flow rate of nitrogen. 9.7 g of Pt/H-ZSM5 was loaded in the reactor along with α-alumina of 
varying particle size to assure a uniform gas distribution over the catalyst and an efficient 
heat transfer. 
The flash vessel connected to the reactor outlet was bypassed by means of manual 
valves, vide Figure 2-7. Tracing of the reactor effluent lines and the lines towards the GCs 
allow to maintain the effluent completely in the gas phase. An additional nitrogen dilution 
line was installed to prevent hydrocarbon condensation at unheated lines near the GC 
sampling valves. Online gas analysis was performed with an Agilent 3000 micro-GC 
containing four capillary columns and Thermal Conductivity Detectors (TCD). The four 
different columns are molar sieve 5A PLOT (10 m x 320 µm x 12 µm), PLOT U column (8 
m x 320 µm x 30 µm), Alumina PLOT column (10 m x 320 µm x 8 µm), and a OV-1 column 
(10 m x 150 µm x 2 µm). The combination of four distinct column packings enables detection 
of the lightest gases up to hydrocarbons of carbon number 8. The complete hydrocarbon 
composition of the effluent was also analyzed on the FID-equipped GC1 (6850 Series II, 









Agilent Technologies), loaded with a non-polar capillary column (HP-PONA, 50 m x 200 µm 
x 0.5 µm polydimethylsiloxane). 
 
 
Figure 2-6 Schematic overview of a reactor block of the high-throughput kinetic setup. 
2.3 Data treatment 
Reactor effluent analyses mainly occurred over GCs equipped with an FID. In case of 
the pilot-plant high-throughput setup, a micro-GC equipped with a TCD was used to detect 
hydrogen as well. The molar fraction of a component i in the effluent stream is calculated 









        [2-1] 
Herein, Ai represents the integrated peak surface area corresponding to component i, 
CFi its calibration factor, and npar the total number of detected alkanes. Dietz [33] 













Figure 2-7 Schematic representation of the analysis and effluent section of the high-
throughput kinetic setup. 
 
The measured effluent composition is converted into molar outlet flow rates afterwards 
by satisfying a 100% atomic carbon balance. The latter balance was verified in case an internal 
standard was present in the effluent stream. Methane const²itutes a suitable internal standard 
provided that no methane is formed during reaction, e.g., via hydrogenolysis. The latter was 
verified from preliminary experimentation in which no internal standard was added, and was 
also confirmed by the negligible formation of products with one carbon atom less than the 
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For an alkane feed mixture, Eqn. 2-2 implies that the inlet and outlet flow rates of each 
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The yield towards a product i is defined as: 
            [2-4] 









 In case of a feed mixture, the inlet flow rate of the feed component from which i is a 
structural isomer, should be used in the denominator. The total isomer yield is defined as the 
sum over all individual isomer yields: 
  ∑  !          [2-5] 
The total cracking yield is defined as: 
"#$   − Y        [2-6] 
2.4 Parameter estimation 
A combination of a Rosenbrock and a Levenberg-Marquardt algorithm was applied 
for model regression. The Rosenbrock method, implemented in an in-house written code, is 
robust against divergence and allows a relatively fast approximation of the optimal parameter 
values [34]. The Levenberg-Marquardt algorithm ensures a quadratic convergence in the 
neighbourhood of the optimum [35]. The Ordinary Least Squares (OLS) option of 
ODRPACK v2.01, available online at NETLIB [36], was selected for this purpose. 
Additional code was added to retrieve the F value for the global significance of the 
regression, the variance-covariance matrix between the parameter estimates, as well as to 
calculate updated values for the individual responses’ weighing factors. 
The objective function to be minimized in either of the algorithms constitutes the 
weighed sum of squared differences between the observed and the simulated outlet flow 
rates: 





5→Min     [2-7] 
The minimization procedure ends when the decrease in the objective function or the 
change in estimated parameter values is lower than a threshold value. In this case, the model 
parameter vector b is assumed to have approached the real parameter vector β. The weighing 
factors wi are the diagonal elements of the inverse of the variance-covariance matrix of the 
experimental errors on the responses. In case of no replicate experiments available, the 
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2.5 Reactor modelling 
2.5.1 Plug flow reactor 
All tubular reactors, see Section 2.2, have been modeled making use of a 
pseudohomogeneous one-dimensional plug flow reactor model. Isothermal operation was 
always assumed in addition to a negligible pressure drop, the latter only after having been 
assessed with Ergun’s equation [37]. External mass transfer limitations remained absent 
according to calculated values for the Carberry number [38, 39]. Ideal plug flow inside the 
reactor tube could be assumed as the criteria for the absence of axial and radial dispersion 
effects are satisfied in the entire range of operating conditions [40, 41]. As a result, a set of 
ordinary differential equations is obtained in the molar flow rates of each reaction product i: 
A.
AB  C         [2-9] 
Herein, W represents the catalyst mass and Ri the net production rate of alkane i. The 
integration of this set of ordinary differential equations yields the molar outlet flow rate of 
each product, and was performed by use of the DVODE subroutine available at NETLIB 
[36]. The flow rates of the feed component and hydrogen were determined from respectively 
the atomic carbon and hydrogen balance. 
2.5.2 CSTR 
An ideal CSTR operation was assumed for the Berty reactor resulting in a set of 
algebraic equations in the outlet flow rates of each product alkane. E.g., for response i: 
+. − +D − C*+./E  0                [2-10] 
The set of algebraic equations was solved using the DNSQE subroutine available at 
NETLIB [36]. The outlet flow rates of the feed alkane and hydrogen were determined a 
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SEMK-based assessment of 
zeolite acidity enhancement 
via alumina atomic layer 
deposition 
The work presented in this chapter was published in Journal of Catalysis as ‘A Single-
Event MicroKinetic assessment of n-alkane hydroconversion on ultrastable Y zeolites 
after Atomic Layer Deposition of alumina’ [1]. 
 
The origin of the high activity of USY zeolites induced by conventional steaming 
treatments has been a matter of debate since long. Most authors agree on the beneficial effect 
of acid site isolation on the overall acid strength which, after framework aluminium (FAL) 
removal, should become more pronounced as the framework Si/Al ratio is increased [2-6]. 
Activity changes induced by extraframework aluminium (EFAL) generation during steaming 
at the expense of FAL are, however, not yet fully understood. The increased turnover 
frequencies of USY catalysts which contain a substantial amount of pentacoordinated (and/or 
distorted tetrahedral) and octahedral Al species were often attributed to either an increase in 
number of catalytically active sites, or to a synergy effect with nearby Brønsted acid sites 
associated with tetrahedral FAL [2, 7-10]. Other researchers found no clear evidence of any 
impact of the EFAL species on the catalyst’s acid site distribution [11-13], and proposed acid 
site blockage [3, 14], and/or an increased stabilization by Van der Waals interactions owing 
to effective void space reduction as the primary effects of EFAL formation [15-17]. 
 





The distinct heterogeneity of the Al species involved in EFAL creation through 
steaming [18], and the importance of the steaming conditions complicate the interpretation of 
the catalytic activity enhancement achieved via EFAL formation. Hensen and co-workers [5, 
19] recently synthesized model dealuminated Y zeolite frameworks on which a controlled 
amount of EFAL species was deposited via incipient wetness impregnation, ion exchange and 
chemical vapour deposition of TriMethylAluminium (TMA). The significance of the EFAL 
deposition technique onto dealuminated Y zeolite frameworks was evident from the observed 
differences in propane cracking activity between the differently treated Y catalysts. 
Regardless of the deposition technique and, hence, of the exact nature of the EFAL formed, a 
significant activity enhancement was observed after EFAL formation or deposition. 
Considering the widespread applications of faujasites in catalytic cracking and 
hydroconversion among other catalytic processes, the underlying phenomena involved in 
EFAL deposition remains a key research topic in the field of zeolite catalysis. 
Atomic Layer Deposition (ALD) constitutes an alternative technique to deposit new 
material such as alumina, onto zeolite catalyst frameworks in a controlled manner [20]. ALD 
is a well-known film growth technique making use of sequential self-terminating gas-solid 
reactions and ensuring atomic-level thickness control and quasi-perfect conformality on 
complex 3D surface morphologies [21, 22]. Besides major applications in the semiconductor 
industry and in the field of nanotechnology [23-26], ALD is often used in catalysis to tailor 
the pore size distribution of mesoporous silica and alumina membranes for selected 
separation processes [27-29], as well as to introduce or enhance catalytic activity via 
transition metal oxide deposition [30, 31]. Application of ALD to nanoporous zeolites 
constitutes a fairly new area and is presumably more complex because of subtle differences in 
diameters between ALD reactant molecules and the catalyst pore apertures. Vuori et al. [32, 
33] synthesized high-performance Ir-loaded beta zeolite catalysts through ALD of the metal. 
As could be expected from the kinetic diameter of the precursor, Ir exclusively resided in the 
catalyst’s mesopores. 
Controlled deposition of alumina via ALD with alternating TMA and water pulses, 
inside the nanoporous framework of a commercial USY catalyst was recently accomplished 
for the first time [20]. The relatively large three-dimensional nanoporous structure of a 
faujasite combined with a substantial amount of mesopores granted easy access of TMA 
molecules to the entire catalyst framework [34, 35]. New surface hydroxyl groups were 





created mainly via the consecutive ligand exchange reactions, see Eqns. 3-1 and 3-2 with * 
representing the zeolite framework bearing the OH group. A graphical representation is given 
in Figure 3-1 [21, 25, 36]. The observed increase in n-decane hydroconversion activity was 
attributed to the formation of distorted tetrahedral Al showing strong acidic activity [20]. The 
latter was evident from independent pyridine TPD, FT-IR and 27Al MAS NMR 
measurements. 
* – OH + Al(CH3)3(g) → * – O – Al(CH3)2 + CH4(g)    [3-1] 
* – O – Al (– CH3)2 + 2 H2O(g) → * – O – Al (– OH)2 + 2 CH4(g)   [3-2] 
 
 
Figure 3-1 Schematic representation of an ALD cycle involving consecutive TMA and water 
treatment. In the TMA chemisorption step, a gas-solid reaction takes place 
between TMA and surface hydroxyl groups resulting in surface O–Al(CH3)2 
complexes and methane. In the water addition step, water molecules react with 
the methyl groups of the aluminium complexes resulting in new surface hydroxyl 
groups and methane. 
 
This chapter further elaborates on the acidity enhancement of a USY zeolite achieved 
by alumina ALD using TMA and water. ALD parameters such as the lengths of the reactant 
pulses and the purge or evacuation times in between each pulse, were systematically varied in 
order to rationalize the effect of a single ALD process parameter on the resulting catalyst 
descriptors, such as the physisorption saturation concentration, the total concentration of acid 
sites and their average strength. Alkane hydroconversion was selected as model reaction 
because of its well-known reaction network comprising a limited number of reaction families 
[37], and n-decane as probe molecule as its product distribution would be indicative for shape 
selectivity [38], if any, induced by intraporous alumina deposition. The SEMK methodology 
developed for n-alkane hydroconversion on non-shape selective catalysts is first elaborated, 
after which the model is used for regression against experimental data. This work highlights 





alumina ALD as an attractive modification technique for activating and/or optimizing 
nanoporous silica-alumina frameworks, and aims at providing a better understanding of the 
activity enhancement induced by the treatment. The results presented here are interpreted in 
view of the ongoing debate on the origin of the increased activity of steamed Y zeolites, and 
to provide more insight in the kinetic relevance of EFAL species in acid catalysis. 
3.1 SEMK methodology for alkane hydroconversion 
3.1.1 Isomerization and cracking rate expression 
The reaction network for alkane hydroconversion is well-established, vide Figure 1-2, 
Chapter 1. Prior to any reaction, alkane molecules in the bulk gas phase physisorb in the 
zeolite micropores and experience Van der Waals interactions with the zeolite framework. A 
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with  the physisorbed concentration of i, pi its partial pressure in the bulk phase,  
its physisorption saturation concentration, and  the Langmuir physisorption coefficient. 
The latter parameter is related to the Henry coefficient Hi at low sorbate concentrations 












      [3-4] 
In the next step, the physisorbed alkanes chemisorb on the metal sites and react 
towards unsaturated species through dehydrogenation. Ideal hydroconversion, vide Section 
1.1.2, implies the establishment of quasi-equilibrium between the alkane and alkene 
intermediates. The dehydrogenation equilibrium coefficient Kdeh is commonly calculated 
from pure component thermodynamic data either reported in, e.g., TRC tables [41], or 
calculated via a group contribution method. In this case, Benson’s group contribution method 
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Owing to the low alkene concentrations at equilibrium [43], no specific term related 
to the physisorbed alkenes concentration is considered in the Langmuir expression, see Eqn. 
3-3. After desorption from the metal site, the alkenes migrate towards the Brønsted acid sites 
for protonation which is also considered to be quasi-equilibrated [44]. For a carbenium ion 
R3 originating from alkene Oj, the ion concentration is determined from a site balance over 







       [3-6] 
Herein, ABCD represents the total concentration of Brønsted acid sites and E,3
FGH
 the 
protonation equilibrium coefficient between alkene Oj and carbenium ion R3. Note that in 
Eqn. 3-6, the concentration of carbenium ions is explicitly accounted for in the Brønsted acid 
site balance [45]. Carbenium ions are susceptible to isomerization into another ion as well as 
to cracking into a shorter ion fragment and an alkene. The isomerization reactions considered 
in the reaction network are alkyl shift (AS), and branching over a Protonated CycloPropane 
(PCP) transition state, while cracking was accounted for through β-scission (β) [37]. Hydride 
shifts are not accounted for as the carbenium ion concentrations are fully determined from 
dehydrogenation and protonation equilibrium. Combination of Eqns. 3-3, 3-5 and 3-6 results 
in a general expression for the rate expression of an acid catalyzed isomerization or cracking 
step with carbenium ion R3 originating from alkene Oj and, in turn, of alkane Pi, as reactant 












  [3-7] 
Assuming pseudo-steady state for the alkene and ionic intermediates, the net rate of 
formation of an alkane was calculated by summation of the rates of the elementary 
isomerization and cracking steps in which any of the corresponding alkenes or ions are 
produced, and subtracting the rates of the elementary steps in which they are consumed: 
V = ∑ V4,,56
KL/N/O
3 + ∑ V+,,
O
E       [3-8] 
The fundamental character of the adopted methodology allows distinguishing between 
the various physico-chemical phenomena contributing to the observed reaction rates, such as 
the extent of Van der Waals interactions between sorbate and sorbent. Regardless of the 
complexity of the reaction network, the use of a fundamental rate equation as Eqn. 3-7 to 





describe the rate of an elementary step, hence, allows unraveling the observed reactant 
conversions and product distributions in terms of alkane net production rates. Additionally, 
the temperature-dependence of the reaction kinetics could be adequately captured, a feature 
which is not always possible when solely considering the apparent activation energy owing to 
variations in the importance of the terms in the denominator of Eqn. 3-7. 
3.1.2 SEMK methodology 
The alkane hydroconversion network tends to grow exponentially with the reactant 
carbon number. Even by neglecting primary carbenium ion chemistry and isomers with a 
branching degree exceeding three [46], the reaction network for n-decane hydroconversion 
still comprises about 700 hydrocarbons interconnected by close to 3,000 (de)hydrogenation, 
(de)protonation, isomerization and cracking elementary steps. In order to avoid a massive 
number of rate coefficients to be determined following Eqn. 3-7, the SEMK methodology is 
preferentially followed which is based upon the reaction family concept [47]. Elementary 
steps are grouped into reaction families based on the reaction type and on the types of 
carbenium ions involved as reactant and product. The motion of a methyl group during an 
alkyl shift, or the formation of a PCP transition state during branching, is considered as a 
single event of which the rate only depends on the reactant and product ion type and not on 
any other structural property of the species involved. This interpretation follows directly from 
transition state theory and was recently reviewed [48]. Essentially, writing the absolute 
entropy of a species in terms of an intrinsic entropy XY, from which symmetry and chirality 
effects have been eliminated via the global symmetry number σglob: 
Z[\H] = ^9_`^.a`b@c         [3-9] 
allows expressing the rate of an elementary step as the product of a unique, single-
event rate coefficient Pd , and the so-called ‘number of single events’ ne quantifying the 
number of structurally indistinguishable ways the reaction can occur: 
X = XY − V ln Z[\H]        [3-10] 










'* = qrPd    [3-11] 





with kB and h the Boltzmann and Planck constant, respectively, and ∆XY,s the single-
event standard activation entropy. ne in Eqn. 3-11 is defined as the ratio of the global 




         [3-12] 
The SEMK methodology specifically for alkane hydroconversion over non-shape 
selective faujasite catalysts, was developed over the past three decades [37, 44, 45, 47, 49]. 
According to the reaction network, four ’single-event’ rate coefficients Pd  suffice per reaction 
family, i.e., (s;s), (s;t), (t;s) and (t;t) for alkyl shift, PCP branching and β-scission, depending 
on the type of reactant and product ion involved, i.e., secondary (s) or tertiary (t). In the 
determination of the single-event standard activation entropy, vibrational and rotational 
entropy differences between reactants and transition states for both isomerization and 
cracking were considered to be marginal [49]. Because also minor changes in the 
translational entropy can be assumed during isomerization, a zero standard activation entropy 
was considered for alkyl shifts and PCP branching reactions, while a gain in one degree of 
translational freedom was accounted for in case of β-scission [49]. For the investigated range 
of catalysts, the pre-exponential factors containing the single-event standard activation 
entropies can be reasonably assumed to be independent of the catalyst considered and, hence, 
these factors are considered as ‘kinetic descriptors’ [37, 50]. Similarly, SEMK modelling 
studies showed that the activation energies of the 12 reaction families considered are 
transferable from one zeolite catalyst type to another conforming free carbenium ion 
chemistry [37, 51]. The set of activation energies, determined from the modelling of n-octane 
hydroconversion on Pt/H-USY (Si/Al 30) [45], vide Table 3-1, was applied for the 
calculation of the 12 single-event rate coefficients. The alkane hydroconversion reaction 
network as well as the number of single events of each elementary step are determined a 
priori with an in-house written code based upon Boolean matrix representations for each 
alkane, intermediate and transition state, and on simple matrix operations portraying 











Table 3-1 Activation energies in kJ mol-1 of the alkyl shift (AS), PCP branching (PCP) and 
β-scission (β) reaction families considered in alkane hydroconversion as 
determined from model regression against n-octane hydroconversion data on 
Pt/H-USY (Si/Al 30) [45]. 
 
 (s;s) (s;t) (t;s) (t;t) 
AS 77.5 74.4 a 104.5 
PCP 108.7 98.6 a 127.9 
β 142.7 127.9 148.6 125.1 
 
a
 tAut; sy = tAus; ty + ∆zG{|
,FGHusy − ∆zG{|
,FGHuty 
3.1.3 Catalyst descriptors 
In contrast to the kinetic descriptors which are catalyst independent, ‘catalyst 
descriptors’ do account for the effect of the catalyst properties on the reaction kinetics. In 
Eqn. 3-7, the catalyst descriptors are the physisorption saturation concentration, the Langmuir 
physisorption coefficient, the total number of Brønsted acid sites and the protonation 
equilibrium coefficient. Differences in hydroconversion performance between different non-
shape selective catalysts can be exclusively attributed to differences in any of these 
parameters. The physisorption saturation concentration is commonly approximated by the 
ratio of the zeolite micropore volume and the molar volume of the component at the reaction 
temperature, calculated using the Hankinson-Brobst-Thomson method [52]. The total 
Brønsted acid site concentration is determined from either NH3 or pyridine TPD or, if 
unavailable, from the catalyst framework Si/Al ratio assuming that each Al atom generated a 
Brønsted acid site, see also Section 2.1. The Langmuir physisorption coefficient is calculated 
from the physisorption saturation concentration, the standard physisorption entropy and 
enthalpy following Eqn. 3-4. Chromatographic studies performed by Denayer and co-workers 
[53, 54] showed that both the standard entropy and enthalpy contribution are a linear function 
of the sorbate carbon number on a variety of zeolite materials.  
The protonation equilibrium coefficient accounts for the net entropy and enthalpy 
losses upon protonation of the corresponding alkene. Incorporation of a reference alkene 
allows expressing Kpro as the product of the single-event protonation equilibrium coefficient 
of the reference alkene, pG{|
FGH
, and the single-event isomerization equilibrium coefficient, 
pE,G{|CH , between the reactant alkene Oj and this reference alkene [37, 47]: 




















  [3-13] 
Herein, mk represents the type of the product carbenium ion R3. Doing so, the 
standard protonation enthalpy of any alkene can be expressed in terms of a double-bond 
isomerization equilibrium coefficient and a unique protonation equilibrium coefficient which 
solely depends on the product ion type and not on the alkene molecular structure [37]. While 
the former can be calculated from pure alkene thermodynamic data, the latter is typically 
determined by model regression. 
The single-event standard protonation entropy of the reference alkene was calculated 
a priori by subtracting the standard physisorption entropy from the standard translational 
entropy of the alkene corresponding to three degrees of freedom [49]. The standard 
protonation enthalpy of the reference alkene has already been identified as an adequate 
parameter to assess average acid site strength differences between various catalysts [37]. 
Following the Born-Haber cycle, vide Figure 3-2, the alkene standard protonation enthalpy 
∆z,FGH could be expressed as a function of the standard protonation enthalpy for protonation 
in the gas phase ∆z,FGH,[, the alkene standard physisorption enthalpy ∆z,F, and the 
standard stabilization enthalpies of a proton and the carbenium ion by the zeolite framework, 
respectively ∆z6
,A]
 and ∆z46A]: 
∆z,FGH = ∆z46
,A] + ∆z,FGH,[ − ∆z6
,A] − ∆z,F   [3-14] 
Acid strength effects in catalytic cracking and benzene alkylation have recently been 
analysed by Gounder and Iglesia [55], Niwa et al. [56], and Craciun et al. [57], making use of 
similar Born-Haber cycles. Herein, the stabilization enthalpy of a proton is commonly 
denoted as the opposite of the deprotonation energy of the catalyst, and ∆z,FGH,[ as the 
proton affinity of the alkene. ∆z46A] comprises two contributions originating from Van der 
Waals interactions with the zeolite lattice, and electrostatic interactions with the deprotonated 
Brønsted acid site. The physisorption stabilization of alkenes as well as of carbenium ions 
can be different between any of the catalysts considered. However, the extent of sorbate 
stabilization upon physisorption is strongly determined by the sorbate molecular structure and 
is likely to be similar for alkenes and carbenium ions of the same carbon skeleton. Therefore, 
the difference in alkene standard physisorption enthalpy between two catalysts is nearly 
identical to the difference in carbenium ion physisorption enthalpy: 






,A],F ≈ ∆∆z,F      [3-15] 
Both terms counterbalance each other when subtracting the energy contributions to 
alkene protonation on one catalyst from another and, consequently, differences in alkene 
standard protonation enthalpy can be entirely assigned to differences in the electrostatic 




,A]    [3-16] 
As a result, a difference in average acid strength can be adequately captured by a 
difference in reference alkene standard protonation enthalpy. The latter is about 
30-35 kJ mol-1 more negative for tertiary ion formation compared to secondary ion formation 
as graphically implied in Figure 3-2. 
 
 
Figure 3-2 Enthalpy levels involved in alkene (O) protonation from the gas phase (g) and 
from the physisorbed phase inside the zeolite pores (z) yielding a secondary (s) 
or tertiary (t) carbenium ion (R+). The protonated and deprotonated zeolite are 
represented as respectively Z-OH and Z-O-. Enthalpy contributions involve the 
alkene standard protonation enthalpy from the gas phase (∆,,) and from 
the physisorbed phase (∆,), the alkene standard physisorption enthalpy 
(∆,), the standard stabilization enthalpy of the carbenium ion (∆6) and 
of the proton (∆6,).Those parameters exclusively involved with secondary 
and tertiary carbenium ion formation are depicted as respectively long-dashed 
and short-dashed arrows, and indicated by ‘s’ and ‘t’ subscripts. 
 





3.2 Characterization of ALD-treated USY zeolites 
Table 2-1 lists the 9 different ALD treatments that were carried out on a parent USY 
zeolite (Si/Al 5.8). The characterization techniques used to determine the relevant properties 
of the ALD-treated USY catalysts are reported in Section 2.1.1, whereas the actual 
characterization results are reported in Table 3-2. The reduction in micropore volume (Vmic) 
for all ALD-treated catalysts except Zeo3 indicates that TMA was able to penetrate into the 
micropores of the zeolite. A decrease in relative micropore volume could, however, also be 
caused by an increase in catalyst mass solely owing to Al deposition outside the pores. This 
apparent loss in micropore volume was roughly estimated from the increase in total amount 
of aluminium species determined from the 27Al MAS NMR results reported in Table 3-2: 
CB = 98,h1
∆K\`;`u  ¡m
.¢  <y       [3-17] 
 
Table 3-2 Overview of the properties of the ALD-treated catalysts and the parent CBV712 
zeolite: micro- and mesopore volume, Brønsted acid site concentration, total Al 
content, concentration of tetrahedral (AlT), pentacoordinated (AlP) and 








(10-4 mol g-1) 
Altot 
(10-3 mol g-1) 
AlT 
(10-3 mol g-1) 
AlP 
(10-3 mol g-1) 
AlO 
(10-3 mol g-1) 
CBV712 0.290 0.147 4.88 2.43 1.16 0.33 0.94 
Zeo1 0.249 0.116 5.70 3.02 1.13 0.53 1.36 
Zeo2 0.241 0.120 5.50 3.34 1.06 0.68 1.60 
Zeo3 0.289 0.090 5.56 2.69 1.03 0.54 1.11 
Zeo4 0.258 0.096 4.66 2.59 0.79 0.65 1.15 
Zeo5 0.250 0.125 5.00 3.26 1.08 0.62 1.56 
Zeo6 0.240 0.127 4.61 3.69 1.11 0.80 1.77 
Zeo7 0.160 0.074 3.51 4.33 1.11 1.04 2.18 
Zeo8 0.178 0.073 1.95 4.74 1.14 1.49 2.11 
Zeo9 0.240 0.068 4.41 3.74 1.18 0.95 1.61 
 
In Eqn. 3-17, three Al-bound oxygen atoms were incorporated per two aluminium 
atoms following the structure of aluminium oxide. Except for Zeo3 where no significant loss 
in micropore volume was measured, Table 3-3 indicates that changes in micropore volume 
exclusively induced by an increase in catalyst mass were significantly lower than what was 
experimentally observed, hence, implying that new Al species were effectively deposited 
inside the catalyst pores. In the recent study by Sree et al. [20], XPS measurements on a 





CBV712 sample that underwent 10 ALD cycles suggested from the modest increase in 
surface Al/(Al + Si) molar ratio, that the majority of the newly deposited alumina did indeed 
not accumulate at the crystallite exterior. 
 
Table 3-3 Comparison between the measured relative loss in micropore volume induced by 
ALD using the Vmic values reported in Table 3-2, and estimated accounting only 
for an increase in catalyst mass by alumina deposition via Eqn. 3-17. 
 
zeolite ∆CB (%) ∆CB (%) 
Zeo1 14 3 
Zeo2 17 4 
Zeo3 0 1 
Zeo4 11 1 
Zeo5 14 4 
Zeo6 17 6 
Zeo7 45 9 
Zeo8 39 11 
Zeo9 17 6 
 
Samples which underwent the longest ALD treatments generally showed a stronger 
decrease in mesopore volume (Vmes) and micropore volume. This trend is visualized in Figure 
3-3 which shows the variation in micropore volume for all dried samples which underwent an 
ALD treatment at 473 K with equal pulse and purge times, vide Table 3-2. Similarly, the total 
Brønsted acid site concentration as measured by pyridine chemisorption, significantly 
decreased when long pulse and purge times were used. However, Brønsted acid site creation 
was observed in case of Zeo1, Zeo2, Zeo3 and Zeo5 which underwent a milder ALD 
treatment. The initial formation of Brønsted acid sites after 10 and even after 5 ALD cycles 
with a TMA pulse time amounting to respectively 30 s and 120 s, is evident from Figure 3-3. 
Subsequently, the Brønsted acid site concentration gradually decreases. Figure 3-4-a shows 
the IR spectra from pyridine sorption for CBV712 and each treated zeolite sample. The 
creation of new Brønsted acid sites is evident from Figure 3-4-b which depicts the IR spectra 
of the parent CBV712 and Zeo1, i.e., the sample for which the highest acid site concentration 
was measured. A significant increase in absorbance band intensity at 1540 cm-1 
corresponding to the Brønsted acid sites is observed while the change in Lewis acidity, 
associated with the band at 1450 cm-1, is less pronounced. The band around 1490 cm-1 results 





from the contribution of both Brønsted and acid Lewis sites and/or from physisorbed pyridine 
species, and was not further considered [58]. 
 
 
Figure 3-3 Variation of the micropore volume (full line, left) and the Brønsted acid site 
concentration (dashed line, right) with the total number of ALD cycles at single 
TMA pulse times of 30 s (full circles) and 120 s (open squares). Values are shown 
for CBV712, Zeo1, Zeo2, Zeo5, Zeo6 and Zeo7 and are reported in Table 3-2. 
 
 
Figure 3-4 FT-IR spectra of CBV712 and each ALD-treated sample (a), and comparison 
between the FT-IR spectra of CBV712 (full line) and Zeo1 (dashed line) (b). 
 
The aluminium content of each catalyst was characterized by means of 27Al MAS 
NMR. Figure 3-5 depicts the corresponding spectra obtained for each of the investigated 
catalysts. The signals around 53-60 ppm were attributed to tetrahedral framework aluminium 
(AlT), the lines at 33-36 ppm and at -8-5 ppm to respectively a combined signal of 
pentacoordinated (AlP) and distorted tetrahedral Al species, and octahedral EFAL (AlO) [9, 





59, 60]. The results reported in Table 3-2 indicate that the zeolite framework remained 
practically intact during an ALD treatment, evidenced by the only subtle differences in AlT 
concentration, except for Zeo4 which was dried at a higher temperature of 573 K prior to 
ALD. Aluminium was mainly deposited on the catalyst surface as AlP and AlO which were 
predominantly located outside of the framework. Again, prolonging the ALD treatment led to 
more deposition of EFAL species, vide Figure 3-6 for Zeo1, Zeo2, Zeo5, Zeo6 and Zeo7. 
 
 
Figure 3-5 27Al MAS NMR spectra of CBV712 and each ALD-treated sample. 
 
Based on changes in structural parameters only, the number alumina layers formed on 
the zeolite framework via ALD was hard to approximate. Ott et al. [27] and Sneh et al. [25] 
managed to determine the thickness of a single alumina layer deposited via ALD on a flat, 
uniform silica surface. However, in case of complex zeolite frameworks, the pore surface is 
not uniform and contains only a limited number of hydroxyl groups available for reaction 
with TMA. In addition, the pore distribution is rather irregular which renders the deposition 
of a uniform layer more difficult [61], and which makes island growth more probable [62]. 
 






Figure 3-6 Variation of the AlT (full line), AlP (short-dashed line) and AlO (long-dashed line) 
concentration with the total number of ALD cycles at single TMA pulse times of 
30 s (full circles) and 120 s (open squares). Values are shown for CBV712, Zeo1, 
Zeo2, Zeo5, Zeo6 and Zeo7 and are reported in Table 3-2. 
3.3 SEMK modelling of n-decane hydroconversion 
3.3.1 Data acquisition and model regression 
Between 14 and 18 n-decane hydroconversion experiments were performed on each 
ALD-treated CBV712 in the microreactor high-throughput setup described in Section 2.2.1. 
The reaction temperature was varied from 400 to 521 K while the reactor pressure, the space 
time and the inlet H2-to-nC10 molar ratio were held constant at respectively 0.45 MPa, 1400 
kg s mol-1 and 214. The experimental conditions were carefully selected to be in the ‘ideal 
hydroconversion’ regime in which quasi-equilibration of the (de)hydrogenation reactions is 
established [63]. As responses in the objective function, vide Eqn. 2-7, the cracking products 
were grouped per carbon number, while for the decane isomers, the responses were grouped 
in either the monobranched or the multibranched isomer lump. This resulted in a total of 7 
responses. 
Model regression is carried out using the SEMK model for alkane hydroconversion on 
non-shape selective catalysts which is elaborated in Section 3.1. The dehydrogenation 
equilibrium coefficient in Eqn. 3-5, and the single-event isomerization coefficient in Eqn. 3-
13, were calculated using pure component thermodynamic data following Benson’s group 
contribution method [42]. As catalyst descriptors in Eqn. 3-7, the physisorption saturation 
concentration was determined from the micropore volume reported in Table 3-2. The total 
acid site concentration as measured by pyridine sorption is also mentioned in this table. The 
Langmuir physisorption coefficient for CBV712 was calculated from pure component 





physisorption data reported by Denayer et al. [53]. In subsequent work, Denayer et al. [54] 
showed that the standard physisorption enthalpy and entropy in Eqn. 3-4, mainly depend on 
the zeolite framework type and appear to be only slightly affected by changes in aluminium 
content on (US)Y zeolites. In addition, one set of physisorption parameter values was 
sufficient per carbon number as only minor differences were obtained in Langmuir 
physisorption coefficient between n-alkanes and their isomers on faujasites [53, 64].  
The enthalpy contribution in Eqn. 3-4 typically prevails over the entropy contribution 
and [53, 65], hence, pores leading to more pronounced confinement tend to increase the 
concentration of physisorbed alkanes [54, 66]. The latter is, however, limited to the catalyst 
saturation concentration. The Langmuir physisorption coefficient of n-decane and its isomers 
is high and typically leads to physisorbed alkane concentrations which are close to the 
saturation capacity, i.e., 94% or higher on the parent CBV712 at reaction temperatures 
exceeding 490 K and at n-decane conversions amounting to 75%. A decrease in micropore 
volume owing to pronounced alumina deposition brings about even stronger stabilizing Van 
der Waals interactions of the sorbate molecules with the zeolite framework and, more 
importantly, decreases the physisorption saturation concentration for any sorbate. As a result, 
the maximum capacity for physisorbed decane species is practically reached for any of the 
catalyst samples at the reaction conditions considered in this work. This implies that the 
impact of the exact value of the Langmuir physisorption coefficient and, consequently, of the 
standard physisorption enthalpies and entropies on the reaction rates remains limited. In order 
to avoid insignificantly estimated model parameters as well as ‘overfitting’ by the model, a 
single set of Langmuir physisorption coefficients was implemented for CBV712 and all 
ALD-treated USY samples. 
Considering the identical Langmuir physisorption coefficients used for each of the 
catalysts considered, the alkene standard protonation entropy was implicitly assumed 
identical when maintaining the assumption that an amount of entropy equal to the total 
translational entropy is lost upon physisorption and subsequent protonation. Entropy 
differences have been assigned a primordial role in catalytic cracking of smaller probe 
molecules at much higher temperatures [16, 17, 55]. Given the lower temperatures considered 
in the present work where enthalpic effects typically dominate entropic effects, and where 
physisorption saturation is more likely to occur, no differences in protonation entropy have 
been considered. As a result, the reference alkene standard protonation enthalpies for 





secondary and tertiary carbenium ion formation constituted the only model parameters which 
were estimated via model regression to the experimental data sets.  
3.3.2 Model regression results 
Figure 3-7 illustrates the good agreement between simulated and experimental total n-
decane conversions, calculated via Eqn. 2-2, obtained on the parent CBV712 and all of its 
ALD-treated derivatives. Each regression was globally significant as evidenced by the 
corresponding F values that exceed the tabulated ones by at least two orders of magnitude. 
All samples that were dried at 473 K prior to the ALD treatment, became active for n-decane 
hydroconversion at a lower reaction temperature than the parent zeolite, except for Zeo8. 
Zeolite samples that were not dried, however, only exhibited catalytic activity at much higher 
temperatures than the parent zeolite. Zeo7 showed the most promising activity with a 
significant increase in total n-decane conversion from 35 to 57 % at 450 K. 
 
 
Figure 3-7 Experimental (symbols) and simulated (lines) total n-decane conversion (Eqn. 2-
2) as a function of the reaction temperature for CBV712 (full triangles) and 
ALD-treated zeolites using a TMA pulse time of 30 s: Zeo1 (open circles), Zeo2 
(full circles), Zeo3 (open squares), Zeo4 (full squares) (a), and a TMA pulse time 
of 120 s: Zeo5 (open circles), Zeo6 (full circles), Zeo7 (open squares), Zeo8 (full 
squares), Zeo9 (full diamonds) (b). Simulated conversions were calculated with 
the SEMK model described in Section 3.1 with the set of parameter values 
reported in Table 3-4. 
 
A more detailed visualization of the agreement between the experimental and the 
simulated hydroconversion behaviour is shown in Figure 3-8 for all investigated samples. All 
simulated monobranched isomerization, multibranched isomerization and cracking yields 
agree well with the experimentally obtained values. Experimental data points corresponding 
to a total n-decane conversion beyond 80 % were not used for regression analysis and, hence, 
are not shown in this figure. The overall product distribution was only slightly affected by the 





ALD treatment regardless of the ALD operational conditions in Table 2-1. This is even more 
clear in Figure 3-9 which shows the simulated monobranched isomerization, multibranched 
isomerization and cracking yields from the parent CBV712, samples Zeo2 and Zeo7 together 
with the values obtained for CBV760, another commercially available USY zeolite with 
Si/Al ratio of 30 and with catalyst descriptors reported by Thybaut et al. [45]. A unique total 
isomerization yield curve is obtained over a wide temperature range for each zeolite catalyst 
which confirms the establishment of ideal hydroconversion as was implemented in the SEMK 
model [63]. 
The product yields in Figure 3-9 are mainly determined by the dominant reactions in 
the alkane hydroconversion network. The initial production of monobranched decane isomers 
on each catalyst originated solely from PCP branching of n-decane. The latter is unlikely to 
undergo β-scission towards cracking products due to the unstable primary carbenium ions 
that would be involved. Cracking becomes pronounced only from n-decane conversions 
onwards at which tribranched decane isomers are significantly formed. The latter are 
susceptible to the relatively fast (t;t) β-scission, see also Table 3-1 [45]. According to Eqn. 3-
7, the temperature dependence of the isomerization and cracking rates is expressed in terms 
of the activation energy and reaction enthalpies implied in k, ∆H0,pro in Kpro, and ∆H0,phy in 
KL. As the activation energies of the dominant reactions in the n-alkane hydroconversion 
mechanism are very similar, vide Table 3-1, pronounced variations in product distributions 
between different non-shape selective catalysts can only be achieved by vast differences in 
either ∆H0,pro or ∆H0,phy. Owing to near micropore saturation during reaction on any of the 
catalysts considered in this work, the effect of the Langmuir physisorption parameters on the 
catalyst activity and product selectivities remained marginal as anticipated in Section 3.3.1. 
Note that this does not imply that the Van der Waals interactions between sorbate and sorbent 
are identical for each of the investigated catalysts. Variations in product selectivities would, 
under the reaction conditions applied in this work, only originate from shape selectivity 
induced by excessive pore narrowing [63]. This was clearly not experimentally observed. 
 






Figure 3-8 Comparison between experimental (symbols) and simulated (lines) 
monobranched isomerization (diamonds/long-dash) and multibranched 
isomerization (squares/dash) and cracking yields (circles/short dash) for 
CBV712 and all ALD-treated zeolites at varying n-decane conversion (Eqn. 2-2). 
Simulated isomerization and cracking yields were calculated via Eqns. 2-5 and 
2-6, respectively, using the SEMK model described in Section 3.1 with the set of 
parameter values reported in Table 3-4. 






Figure 3-9 Simulated monobranched isomerization (open symbols), multibranched 
isomerization (grey symbols) and cracking yields (full symbols) as a function of 
the total n-decane conversion (Eqn. 2-2) for CBV712 (squares), Zeo2 (circles), 
Zeo7 (triangles) and CBV760 (diamonds). Isomerization and cracking yields 
were calculated via Eqns. 2-5 and 2-6, respectively, using the SEMK model 
described in Section 3.1 with the set of parameter values reported in Table 3-4. 
Catalyst descriptors for CBV760 are reported elsewhere [45]. 
 
The estimates for the alkene standard protonation enthalpies for secondary and 
tertiary carbenium ion formation are reported in Table 3-4. Generally, when the parent 
CBV712 was dried prior to ALD, the average acid strength of the sites on the ALD-treated 
catalysts was increased compared to the starting material. However, when the sample still 
contained physisorbed water prior to ALD, such as in the case of Zeo3 and Zeo9, the average 
strength of the acid sites on the treated catalysts was considerably lower as evident from the 
decrease in alkene standard protonation heat up to 6 kJ mol-1, which also explains their 
inferior catalytic performance shown in Figure 3-7. 
The excellent hydroconversion behaviour of Zeo7 was evident from the significant 
increase in standard protonation heat, i.e., 7 kJ mol-1 for secondary ion formation. 
Considering the loss in capacity for physisorbed and chemisorbed species, shown in Table 3-
2, which resulted in a reduced concentration of physisorbed alkanes and carbenium ions, see 
Eqns. 3-3 and 3-6, the improved catalytic performance visualized in Figure 3-7-b could only 
be explained by the model through a significant enhancement of the average activity of the 
accessible acid sites as quantified by Kpro in Eqn. 3-7. Conversely, in case of Zeo8 which 
represents the only dried material with a reduced catalytic activity compared to the parent 
zeolite, vide Figure 3-7-b, the poor hydroconversion activity was attributed to the decrease in 
capacity for physisorbed and chemisorbed species, rather than to changes in average acid 
strength. Even though both samples underwent a similar ALD treatment which differed in 





water purge time only, their catalytic performance was entirely different. A more thorough 
investigation of the effect of the ALD operational conditions on the catalyst descriptors could 
provide an explanation for the observed differences in hydroconversion activities between the 
ALD-treated catalysts, and will therefore be the subject of the next section.  
 
Table 3-4 Standard protonation enthalpies for secondary and tertiary carbenium ion 
formation estimated with the SEMK model described in Section 3.1 for CBV712 
and all ALD-treated samples, and compared with the corresponding standard 
protonation enthalpies determined for CBV760 by Thybaut et al. [45]. 
 
zeolite −∆zG{|
,FGH	usy (kJ mol-1) −∆zG{|,FGH	uty (kJ mol-1) 
CBV760 65 (± 0.5)a 96 (± 1.5) 
CBV712 71 (± 0.5) 103 (± 0.5) 
Zeo1 73 (± 0.5) 103 (± 0.5) 
Zeo2 73 (± 0.5) 102 (± 0.5) 
Zeo3 65 (± 0.5) 94 (± 0.5) 
Zeo4 72 (± 0.5) 102 (± 0.5) 
Zeo5 73 (± 0.5) 102 (± 1.0) 
Zeo6 73 (± 0) 106 (± 0.5) 
Zeo7 78 (± 0.5) 113 (± 0) 
Zeo8 72 (± 0.5) 101 (± 0.5) 
Zeo9 67 (± 0.5) 97 (± 0.5) 
 
a
 95% confidence interval 
3.4 Relation between the ALD operating conditions and the 
catalyst descriptors 
3.4.1 Surface chemistry of the ALD process 
Considering the ALD operational parameters reported in Table 3-2 and the micropore 
volume and total concentration of Brønsted acid sites in Figure 3-3, ALD of TMA and water 
clearly led to the creation of new acid sites onto the zeolite framework. As the zeolite 
framework remained intact after most ALD treatments, the new active phase was deposited as 
extraframework AlP or AlO species, the latter being associated with the rather inert Al2O3 and 
other forms of alumina [18]. 27Al MAS NMR studies on hydrated H-ZSM5 and H-Y zeolites 
revealed an additional signal at about 30 ppm, coinciding with the signal for pentacoordinated 





Al. This additional signal was attributed to EFAL species with aluminium in a distorted 
tetrahedral configuration [67, 68], or framework Al atoms with dangling bonds [9]. An 
increase in AlP signal, which can originate from both pentacoordinated and distorted 
tetrahedral Al species, is the result of the reaction of TMA with surface hydroxyl groups, vide 
Eqn. 3-1, forming tetrahedral aluminium with perturbed symmetry. The specific aluminium 
configuration may originate from the peculiar structure of TMA which transforms from a 
trigonal to a distorted tetrahedral configuration during dimerization at lower temperatures 
[69, 70]. Reaction of a TMA monomer with a surface Al-OH group could indeed very well 
result in a new surface-bound Al atom which adopts a similar configuration as the Al atoms 
in a TMA dimer. The increase in AlO species concentration is associated with the formation 
of a surface bound Al2O3 phase formed via the ligand exchange of TMA with two 
neighbouring hydroxyl groups, resulting in only one methyl ligand for reaction with water in 
the subsequent pulse step [71]: 
2 * – OH + Al(CH3)3(g) → (* – O –)2AlCH3 + 2 CH4(g)   [3-18] 
This reaction requires two accessible hydroxyl groups in close proximity to each other 
and, considering the rather isolated surface hydroxyl groups, will initially not occur to an 
appreciable extent. From higher Al-OH concentrations on, oxygen bridge formation through 
dehydroxylation is also reported to occur and may contribute to the formation of a Al2O3 
phase within the alumina island clusters [21]: 
2 * – O – Al – OH → * – O – Al – O – Al – O – * + H2O(g)   [3-19] 
Aluminium oxide is also formed on the zeolite surface in a way resembling to 
Chemical Vapour Condensation (CVC), i.e., when both TMA and water are simultaneously 
present in the gas phase: 
2 Al(CH3)3(g) + 3 H2O(g) → Al2O3(s) + 6 CH4(g)     [3-20] 
Other than Eqns. 3-18 and 3-19, the alumina formed via CVC covers the zeolite 
lattice and possibly limits the accessibility of the active sites on the island clusters. The 
presence of inert Al2O3(s) layers was therefore held primarily responsible for the sudden 
decrease in total Brønsted acid site concentration observed for Zeo6, Zeo7, Zeo8 and Zeo9 
which underwent the longer treatments, vide Table 3-2, rather than the surface bound alumina 
species formed via Eqns. 3-18 and 3-19. Such an effect was reported by Ott et al. [27] who 
carried out similar ALD experiments onto porous alumina membranes, where FT-IR spectra 





showed an increase in the absorbance by the AlO-H stretching vibrations with increasing 
number of ALD cycles. However, most of the surface hydroxyl groups turned out to be 
covered by an Al2O3(s) phase deposited through CVC as evidenced by the results from D2O 
isotope experiments. 
Table 3-2 and Table 3-4 indicate that an increase in Al content was accompanied with 
a general increase in average acid strength of the sites on the zeolite samples which were 
dried at 473 K for 6 h prior to ALD. The increase in average strength of the acid sites was 
related to the formation of the same distorted tetrahedral Al species via two consecutive 
ligand exchange reactions, i.e., Eqn. 3-1 or 3-18, followed by Eqn. 3-2. The intrinsic activity 
of the latter species as Brønsted acid sites is still under debate as commented in the 
introduction. Some studies did not find proof for the existence of highly active Brønsted acid 
sites in zeolites associated with tetrahedral Al in a perturbed symmetry [12, 17], while other 
studies proposed the contrary [5, 9, 19, 72]. Given the differences in molecular environment 
and location on the zeolite lattice between distorted Al species formed via ALD and those 
inherently present in the framework, conclusions drawn from those studies might only 
remotely apply to the observations made in the present research, and vice versa. A longer 
ALD treatment leads to larger alumina cluster and, hence, a higher relative contribution of 
such stronger acid sites to the overall catalyst acidity. This results in a more significant 
increase in average strength of the acid sites as observed for Zeo7, illustrated in Table 3-4. 
The formation of octahedral EFAL may, according to various studies [67, 73, 74], also 
exhibit an enhancing effect on the strength of the acid sites, but again, this effect is not 
generally accepted. It is, anyhow, unlikely that the inductive effect of AlO, if any, was 
completely responsible for the significant rise in alkene standard protonation heat of 
7 kJ mol-1 for secondary ion formation in case of Zeo7. This ultimately resulted in a 
considerable increase in n-decane hydroconversion activity. Taking the available micropore 
volume into account which is the lowest for Zeo7, this ALD-modified zeolite would be the 
first to suffer from diffusional limitations in the case of bulkier feed molecules. In such a 
case, less severe ALD treatments would be recommended. 
Figure 3-10 gives a schematic representation of the effect of an ALD treatment on the 
catalyst acidity and pore volume. If the pore network of the parent CBV712 could be 
accurately represented as in Figure 3-10-a containing both micro- and mesopores, a mild 
ALD treatment such as in the case of Zeo1 and Zeo5, would create small island clusters on 





the zeolite lattice increasing the overall catalyst acidity, while minor CVC would slightly 
cover framework and extra-framework Brønsted acid sites, vide Figure 3-10-b. The island 
clusters grow as the number of ALD cycles is extended, illustrated in Figure 3-10-c, while 
surface hydroxyl groups are covered by Al2O3(s) to a higher extent resulting in a reduction in 
acidity and micropore volume as observed for Zeo2 and Zeo6. Severe ALD treatments allow 
large alumina cluster formation consisting of alumina deposited by both ALD and CVC, and 
which could eventually give rise to complete pore obstruction. A strong reduction in 
micropore volume and a pronounced surface coverage with Al2O3(s) are observed as for 
Zeo7, Zeo8 and Zeo9, vide Figure 3-10-d. Note that Zeo3 and Zeo4 are not considered here 
and are discussed separately in Sections 3.4.3 and 3.4.4, respectively. 
 
 
Figure 3-10 Schematic representation of alumina deposited inside the pore network of 
CBV712 (a) by means of a mild ALD treatment (b), a moderate ALD treatment 
(c), and a severe ALD treatment (d). Active AlP and AlO island clusters 
originating from the ALD surface chemistry in Eqns. 3-1, 3-2, 3-18 and 3-19 are 









3.4.2 Effect of the purge time 
An increase in average acid strength as observed for Zeo7, was absent in case of 
Zeo8. The latter underwent an identical ALD treatment as Zeo7 with water evacuation steps 
of 240 s instead of 120 s. The aim of the longer evacuation steps was to avoid CVC via a 
more efficient water removal. However, according to Table 3-2, no significant differences 
were observed in AlO content between both catalysts. Presumably, water molecules interacted 
too strongly with the zeolite lattice to be removed by excessive vacuum pumping. Instead, the 
remaining water could further react with the zeolite framework eventually leading to a higher 
AlP concentration for Zeo8. The latter should be located in the mesopores or at the external 
surface rather than in the micropores regarding the minor difference in micropore volume 
between Zeo7 and Zeo8. The extensive formation of AlP species outside of the micropores 
resulted in a stronger decrease in Brønsted acid site concentration, presumably because of 
micropore blockage, and, more importantly, a less pronounced increase in alkene standard 
protonation heat of only 1 kJ mol-1 compared to the parent CBV712. 
3.4.3 Effect of physical water removal prior to ALD 
The formation of weaker acid sites in the mesopores is most evident from the 
descriptors obtained for Zeo3 and Zeo9 which both were not dried prior to ALD. In case of 
the former sample, no change in micropore volume compared to the parent CBV712 is 
observed, while 27Al MAS NMR results clearly show that new material was deposited on the 
zeolite lattice, see Table 3-2. The formation of a new alumina phase was evident from a more 
significant reduction in mesopore volume compared to Zeo2 which essentially underwent the 
same ALD treatment, but which was additionally dried prior to ALD. Hence, the creation of 
new acid sites, as evidenced by an increase in total Brønsted acid site concentration, could 
have only occurred in the mesopores. As it was the case for Zeo8, these sites were 
substantially weaker compared to the original framework acid sites. A slighter decrease in 
micropore volume for Zeo9 compared to Zeo7 and Zeo8, both samples being dried prior to a 
similar ALD treatment, implies a less pronounced Al deposition in the micropores and, in 
analogy to the discussion above, more Al formation in the mesopores as shown in Table 3-2. 
A similar, yet more subtle decrease in alkene standard protonation heat was also observed, 
vide Table 3-4. 
 





3.4.4 Effect of the ALD temperature 
Suppression of aluminium oxide formation was effectively observed by increasing the 
drying temperature up to 573 K in case of Zeo4, and also led to a less pronounced reduction 
in micropore volume compared to Zeo2 which underwent a similar ALD treatment at 473 K. 
However, this was also accompanied by framework destruction similar to the steaming 
process, which is evidenced by a reduction in tetrahedral Al concentration only observed for 
this zeolite, vide Table 3-2. The pronounced reduction in mesopore volume could also be 
attributed to the removal of FAL which was deposited as EFAL species on the microporous 
and mesoporous surface. The removal of FAL logically led to a decrease in total Brønsted 
acid site concentration which was partially compensated by the creation of strong acid sites 
via ALD. The latter is evident from an increase in AlP concentration, and a decrease in alkene 
standard protonation enthalpy for secondary ion formation of approximately 1 kJ mol-1, vide 
Table 3-4. 
3.5 Conclusions 
The SEMK methodology has successfully been exploited to quantify the effects of 
Atomic Layer Deposition (ALD) using TriMethylAluminium (TMA) and water, on a 
commercially available USY zeolite in the hydroconversion of n-decane. The observed 
catalytic activity could be simulated as the result of a complex interplay between the 
available micropore volume, the total number of acid sites, determined from respectively N2 
adsorption and pyridine TPD measurements, and the average acid strength of these sites as 
quantified using the SEMK model via the reference alkene standard protonation enthalpy. 
Differences in n-decane hydroconversion performance could not be ascribed to stronger Van 
der Waals interactions between the sorbate molecules and the ALD-treated USY zeolites as 
each of the catalysts investigated in this work operated under near-saturation conditions. 
Conversely, an increase in catalytic activity was attributed to the formation of new and 
stronger acid sites, evident from an estimated increase in absolute value of the alkene 
standard protonation enthalpy. Selectivity differences remained within the experimental error.  
Drying of the catalyst prior to ALD and short water purge times allow avoiding 
excessive Al deposition in the zeolite mesopores as measured from N2 adsorption and 27Al 
MAS NMR experiments. A drying temperature of 473 K is adequate for a priori water 





removal and subsequent strong acid site formation in the micropores. Long TMA pulse times 
combined with a high number of ALD cycles resulted in a maximum enhancement of the 
catalytic activity which amounted up to 20% more feed conversion at catalytically relevant 
temperatures. 
The assessment of the average strength of the acid sites allowed a more detailed 
understanding of the in situ deposition of alumina through ALD in complex nanoporous 
structures such as USY. The formulation of guidelines for optimal ALD operational 
conditions suggests new routes towards the ‘activation’ of other, relatively inert materials of 
which the pore dimensions have been designed particularly to the needs of a targeted 
reaction. A single-event ‘model-guided’ catalyst design routine which enables a swift 
characterization of such modification techniques, has proven to be a versatile tool for this 
endeavour. 
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Exploring the synergy 
between ZSM22 and Y in 
alkane hydroconversion at 
liquid phase conditions 
 
The current trends in fuel quality regulations demand for more advanced production 
processes for environmentally benign diesel and gasoline fuels exhibiting desired ignition 
performance. Medium-pore catalysts built from a one-dimensional pore framework, such as 
TON, MTT and AEL, see Table 1-3 [1], have been established as ideal hydroisomerization 
catalysts giving rise to a 15-20 % enhancement of the maximum isomer yield compared to 
non-shape selective catalysts [2-4]. The latter was explained through the suppression of 
multibranched feed isomer formation at the pore mouths, while the active sites inside the 
pores were only accessible to linear alkanes where they undergo unfavorable type D (s;p) β-
scission. These shape-selective phenomena were denoted as ‘pore mouth’ and ‘key lock’ 
catalysis by Martens and co-workers [5-7] who thoroughly investigated the product 
distributions obtained from heavy alkane hydroconversion on Pt/H-ZSM22. Allthough 
contested by other authors [8, 9], the establishment of pore mouth and key lock catalysis 
during n-alkane hydroconversion on one-dimensional 10-membered pore frameworks such as 
TON, was supported by independent physisorption studies [10-13]. The elimination of 
micropore acid sites only accessible to linear alkanes, was found crucial in further optimizing 
the isomer selectivity of the catalyst as recently elaborated from different synthesis studies 
[14, 15]. 





A further increase in maximum isomer yield could also be attained by physically 
mixing two shape selective zeolites, i.e., ZSM22 and ZSM48 [16], or by mixing a ZSM22 
with a non-shape selective Y zeolite [17]. The synergy obtained over the latter mixture was 
explained through a primary monobranching on the ZSM22 followed by secondary dimethyl 
isomer formation on a mildly active Y. The corresponding energy profiles are schematically 
represented in Figure 4-1. Herein, the only relevant cracking mode on ZSM22 is (s;p) β-
scission of linear alkanes. The alkane hydroconversion mechanism follows the pathway with 
the least resistance, i.e., the lowest activation energies and, hence, as evident from the profile 
corresponding with catalyst mixture depicted on the right, multibranching occurs nearly 
exclusively on the Y catalyst. The activity of the Y catalyst should be sufficiently low to 
provide mild dibranching of methyl-branched alkanes while avoiding further isomerization 
towards tribranched species, because the latter are susceptible to fast (t;t) β-scission. Making 
use of the SEMK methodology, Choudhury et al. [18] could adequately model this synergy 
effect during n-decane hydronversion by proportionally adding the reaction rates evaluated 
on the individual catalysts.  
 
 
Figure 4-1 Activation energy profile involved in isomerization (full lines) and cracking 
(dashed lines) of normal, mono-, di- and tri-branched species during alkane 
hydroconversion on Pt/H-ZSM22 (black), Pt/H-Y (grey), and a physical mixture 
of Pt/H-ZSM22 and Pt/NaH-Y (thick line, right). 
 
The present chapter further explores this synergy effect between Pt/H-ZSM22 and 
Pt/NaH-Y using a liquid hydrocarbon bulk phase, hence, mimicking industrial conditions, via 
fundamental kinetic modeling. In addition to n-decane, also the behaviour of parapur, i.e., a 





mixture of n-alkanes with composition reported in Table 4-1, has been assessed. Doing so, 
mixture effects have to be taken into account which could possibly impact considerably on 
the global isomerization yield. In addition, liquid phase non-ideality needs to be incorporated 
which primordially affects the physisorption inside the zeolite pores. 
 
Table 4-1 Molar composition of parapur [19]. 
 





4.1 SEMK model for liquid phase alkane hydroconversion on 
a Pt/NaH-Y–Pt/H-ZSM22 mixture 
4.1.1 Phase effects during liquid phase reaction 
SEMK modelling of n-alkane hydroconversion at liquid phase conditions was 
intensively elaborated by Marin and co-workers using a non-shape selective Pt/H-USY [19, 
20] as well as a shape selective Pt/H-ZSM22 [21]. Essentially, deviations from the ideal gas 
state during physisorption are incorporated by the liquid fugacity coefficients, while 
destabilization of the sorbate molecules caused by intermolecular compression effects were 
accounted for by the excess free enthalpy of physisorption [22, 23]: 
∆
,,	 = − ln	 + ∆
,, + ∆
,,	    [4-1] 
The extent of sorbate compressions is probably influenced by the ‘flexible’ character 
of the sorbent framework which could adapt itself to the physisorbed phase to attain a 
minimum free enthalpy configuration [24, 25]. Eqn. 4-1 follows from a Born-Haber cycle in 
which physisorption from the liquid phase is expressed as a function of (1) the liquid fugacity 
coefficient assessing the bulk phase non-ideality in reference to the ideal gas state, (2) the 
standard free enthalpy for physisorption form the ideal gas phase, and (3) the excess free 
enthalpy of physisorption, ∆
,,
, quantifying sorbate destabilization by the surrounding 
physisorbed phase  [20]. The latter parameter could be expressed as a function of the liquid 
fugacity coefficient of the species involved, and an adjustable excess parameter cE: 






,, = − ln 	       [4-2] 
 Implementation of Eqns. 4-1 and 4-2 into a generalized Langmuir isotherm yields a 
similar expression for the physisorbed alkane concentration as was obtained earlier in gas 










      [4-3] 
Herein, the component fugacity fi is expressed as the product of the liquid fugacity 
coefficient, the total pressure ptot, the species concentration in the liquid phase, 3, and its 
molar volume Vmol: 
4	 = 	3567	8979        [4-4] 
Chemisorption on an active site is affected in a similar way as the physisorption step 
owing to compression and framework solvation. The latter was also suggested earlier from 
transition state theory [26]. A standard free enthalpy for protonation excess, Δ
,;7,
, was 





      [4-5] 
Assuming that enthalpy effects prevail over entropy effects, and an equal change in 
energy level upon protonation for any carbenium ion involved in the reaction network, only 
one additional enthalpy term needs to be incorporated in Eqn. 3-13 for the protonation 












    [4-6] 
In total, two catalyst descriptors were introduced with the methodology presented 
above, i.e., cE and ∆V,;7,. A value of -3.7 kJ mol-1 was estimated for cE on a ZSM22 [21]. 
c
E
 was set equal to an arbitrary value of -5 kJ mol-1 for Pt/NaH-Y to guarantee sufficient 
physisorption competition. Excess standard protonation enthalpies typically lied between -7 
and -8 kJ mol-1 [20, 21]. A value of -7 kJ mol-1 was adopted for both catalysts considered. 
The liquid phase fugacity coefficients were calculated via the Peng-Robinson equation of 
state [27, 28]. The alkane binary interaction parameters were assumed equal to zero, while 
those involving hydrogen were calculated via a correlation proposed by Moysan et al. [29] 





and typically adopt values exceeding 0 owing to the pronounced solubility of hydrogen in 
hydrocarbons. Only one set of critical properties and one acentric factor were taken per 
carbon number [28]. 
4.1.2 Extreme shape selectivity in one-dimensional, medium-pore 
zeolites 
In 1D medium-pore frameworks, alkane physisorption depends strongly on the 
sorbate branching degree in contrast to physisorption on non-shape selective catalysts. 
Narasimhan et al. [12, 30, 31] gave a detailed overview of pore mouth and key lock catalysis 
involved in both alkane physisorption and carbenium ion chemistry. This section gives a 
concise overview of the different physisorption modes and reaction rules involved. 
Physisorption in the micropores exclusively occurs with linear species, while branched 
isomers are limited to physisorption at the pore mouths in which only a part of the sorbate 
molecule, i.e., a so-called ‘straight end’, can be stabilized inside the pore, see Figure 4-2. The 
concentration of physisorbed alkanes at the pore mouth is consequently calculated from the 










      [4-7] 
Herein, the physisorption saturation concentration is taken equal to the total 
concentration of pore mouths implicitly assuming that only a single molecule can reside at a 
pore mouth. <_,
3,6
 represents the Langmuir physisorption coefficient of Pi adopting mode m 
at the pore mouth. Physisorption of linear alkanes in the micropores is described according to 
a simple Langmuir isotherm as in Eqn. 3-3, introducing <
3,6
 as the micropore Langmuir 
physisorption coefficient, and with 
J,6
 the saturation concentration. The latter is calculated 
from the ratio of the catalyst’s micropore volume and the sorbate molar volume evaluated at 
the reaction temperature [32]. 
The standard physisorption enthalpy and entropy in Eqn. 3-4 for each physisorption 
mode is calculated from the enthalpy and entropy contribution of each carbon atom 
interacting with the sorbent in a different manner according to its position, i.e., inside the 
pore, outside the pore and unaligned with the framework, or outside the pore and aligned with 
the framework. The latter is only possible if the carbon chain dangling outside of the pore 





mouth is sufficiently long. The corresponding physisorption parameters were determined 
from model regression by Narasimhan et al. [12]. 
 
 
Figure 4-2 Different physisorption modes of 8-ethyluncosane at a pore mouth: low 
interaction mode (a), high interaction mode (b), and involving two pores (c) [12]. 
 
Reaction can occur at three distinct locations in the catalyst framework, i.e., in the 
micropores, at the pore mouths, and at bridging acid sites located in between two pore 
mouths, vide Figure 4-3 [31]. While protonation, isomerization and cracking at the bridge 
sites follow the unconstrained reaction network as assessed by the SEMK model described in 
Section 3.1, reaction at the pore mouths follows a significant number of reaction rules [30]. 
Tertiary carbenium ion formation is, for instance, fully restricted. Isomerization and cracking 
reactions can only occur at the pore mouth if the charge bearing carbon atom in the product 
ion can be accommodated at the pore mouth. The latter is not satisfied by alkyl shifts as the 
charge position would shift with one of the side branches which, in turn, would hinder the 
new charge bearing carbon atom from positioning at the pore mouth. Reaction in the 
micropores comprises only (s;p) β-scission adopting a high activation energy of about 180 kJ 
mol-1 owing to the unstable nature of the product ion. 
 
 
Figure 4-3 Isometric representation of a ZSM22 crystallite involving micropore, pore 
mouth, near and far bridge Brønsted acid sites [31]. 





4.1.3 SEMK modelling of hydroconversion on a catalyst mixture 
As commented in the introduction, Choudhury et al. [18] modelled the synergy 
between a Pt/NaH-Y and a Pt/H-ZSM22 catalyst by ‘simply’ adding the alkane net 
production rates as calculated from the SEMK models of the individual catalysts, 
proportionally to their concentration in the catalyst mixture: 
 = wt%cc, +wt%defggdefgg,     [4-8] 
The alkane net production rates on Pt/H-NaY were determined via the SEMK model 
described in Section 3.1 with catalyst descriptors taken from previous research [18, 33]. 
Herein, estimated values for the alkene standard protonation enthalpies for secondary ion 
formation amounted up to -54.3 and -71.6 kJ mol-1 for Pt/NaH-Y and Pt/H-ZSM22, 
respectively. The descriptors inherent to physisorption, protonation and reaction on ZSM22, 
were determined by Narasimhan [34] following the methodology described in Section 4.1.2. 
4.2 SEMK model simulation of n-decane hydroconversion 
SEMK simulations assuming a gas bulk phase were performed at 513 K, 1 MPa and 
an inlet hydrogen-to-hydrocarbon molar ratio of 100. The specificity of the reaction 
conditions is of lesser importance with respect to the product distribution, because a unique 
isomerization yield curve is obtained under ‘ideal hydroconversion’ conditions as assumed 
here [35]. Only the reaction temperature exhibits a pronounced effect on the product 
distribution obtained on a ZSM22 catalyst owing to an increased contribution of (s;p) β-
scission in the micropores at higher temperatures. The reaction temperature is considered as 
an important design parameter for optimal catalyst mixture compositions as elaborated in 
Section 4.4. The space time was varied from 10 to 1250 kg s mol-1 which allows observing 
the maximum attainable total isomer yield as a function of the conversion. An ideal plug flow 
reactor model was applied, vide Eqn. 2-9. Model simulations were carried out using a 75-25, 
a 50-50, and a 25-75 wt% Pt/NaH-Y–Pt/H-ZSM22 catalyst mixture, as well as with the pure 
catalysts. Figure 4-4 shows the SEMK model simulation results from gas phase n-decane 
hydroconversion. Similarly as in the work of Choudhury et al. [18], a maximum increase of 
about 10% in total isomerization yield compared to Pt/H-ZSM22 could be achieved by 
physically mixing the catalyst with a less active Pt/NaH-Y. The latter shows a maximum 
isomerization yield of 60% which agrees well with other results using faujasite catalysts [2, 





36]. The best performance with respect to the isomerization selectivity was observed with the 
catalyst mixture containing the highest amount of Pt/H-ZSM22.  
 
 
Figure 4-4 Simulated total isomerization yield (Eqn. 2-5) as a function of the total n-decane 
conversion (Eqn. 2-2) from gas phase reaction on Pt/NaH-Y (full), Pt/H-ZSM22 
(dot), a 75-25 wt% (long dash), a 50-50 wt% (short dash) and a 25-75 wt% 
Pt/NaH-Y–Pt/H-ZSM22 mixture (dash dot), calculated with the SEMK model 
described in Section 3.1, extended with the physisorption and reaction rules 
described in Section 4.1.2, and Eqn. 4-8 for catalyst mixtures using reported 
catalyst descriptors values [18, 34]. 
 
For the simulation of n-decane hydroconversion from a liquid bulk phase, a reactor 
pressure of 9 MPa and an inlet hydrogen-to-hydrocarbon molar ratio limited to 4 were 
adopted. The reaction temperature again amounted to 513 K. Figure 4-5 shows a similar, yet 
more subtle increase in total isomerization yield when physical mixtures of both catalysts are 
used. The origin of the attenuated effect lies within the physisorption saturation 
concentrations on both of the catalysts. Owing to the limited pore mouth concentration on the 
ZSM22 catalyst, full saturation of the pore mouths with physisorbed alkanes was established 
during both gas and liquid phase hydroconversion. However, the saturation degree of the 
ZSM22 micropores with linear species is less pronounced in the former case resulting in a 
reduced contribution of type D β-scission to the overall reaction scheme. Instead, linear 
alkanes tend to monobranch on the less active Y zeolite and, hence, cracking is less 
pronounced at gas phase conditions, i.e., when no physisorption saturation occurs, compared 
to conditions at which full saturation of both catalyst frameworks is established. 
Nevertheless, a synergetic effect remains noticeable from 50-50 wt% catalyst mixtures on. 
 






Figure 4-5 Simulated total isomerization yield (Eqn. 2-5) as a function of the total n-decane 
conversion (Eqn. 2-2) from liquid phase reaction on Pt/NaH-Y (full), Pt/H-
ZSM22 (dot), a 75-25 wt% (long dash), a 50-50 wt% (short dash) and a 25-75 
wt% Pt/NaH-Y–Pt/H-ZSM22 mixture (dash dot), calculated with the SEMK 
model described in Section 3.1, incorporating physisorption and protonation 
excess via Eqns. 4-3 and 4-6, respectively, and extended with the physisorption 
and reaction rules described in Section 4.1.2, and Eqn. 4-8 for catalyst mixtures 
using reported catalyst descriptors values [18, 34]. 
4.3 SEMK model simulation of parapur hydroconversion 
Parapur is a commercial nC10-to-nC13 mixture, vide Table 4-1, with ‘traces’ of 
n-nonane and n-tetradecane. The use of parapur as feed mixture implies a better simulation of 
a real industrial configuration processing complex petroleum-based feeds. In fact, parapur is 
most representative of a Fischer-Tropsch wax primordially composed of n-alkanes which 
require a post-processing step to convert them into high-quality fuel blends [37, 38]. Parapur 
hydroconversion assuming a gaseous bulk phase was simulated again at 513 K, 1 MPa, and 
an inlet hydrogen-to-hydrocarbon molar ratio of 100. Total feed conversions and 
isomerization yields were calculated via Eqns. 2-2 and 2-5, respectively, while individual 
feed component conversions and isomer yields were determined via respectively Eqns. 2-3 
and 2-4. A synergetic effect between both catalysts as observed during n-decane 
hydroconversion, remained practically totally absent, vide Figure 4-6. A total increase in total 
isomerization yield of only 1% could be achieved with the 25-75 wt% Pt/NaH-Y–Pt/H-
ZSM22 mixture, while any other catalyst mixture composition exhibited an intermediate 
selectivity towards isomer species. A maximum isomerization yield of only 34% could be 
obtained on the Y catalyst while the isomerization yield amounted up to approximately 60% 
on the Pt/H-ZSM22.  
 
 






Figure 4-6 Modelled total isomerization yield (Eqn. 2-5) as a function of the total parapur 
conversion (Eqn. 2-2) from gas phase reaction on Pt/NaH-Y (full), Pt/H-ZSM22 
(dot), a 75-25 wt% (long dash), a 50-50 wt% (short dash) and a 25-75 wt% 
Pt/NaH-Y–Pt/H-ZSM22 mixture (dash dot), calculated with the SEMK model 
described in Section 3.1, extended with the physisorption and reaction rules 
described in Section 4.1.2, and Eqn. 4-8 for catalyst mixtures using reported 
catalyst descriptors values [18, 34]. 
 
Simulation of reaction using a liquid bulk phase was performed assuming a reaction 
temperature of 513 K, a total reactor pressure of 9 MPa, and an inlet hydrogen-to-
hydrocarbon molar ratio of 4. Figure 4-7 shows a generally higher total isomerization yield 
compared to the results obtained from gas phase reaction for any of the catalysts or catalyst 
mixtures considered. In addition, an improvement in total isomerization yield of 
approximately 3% could be attained by applying a 25-75 wt% Pt/NaH-Y–Pt/H-ZSM22 
catalyst mixture. The discrepancies in isomerization selectivity between reaction from the 
ideal gas phase and the liquid phase, are not due to differences in individual feed alkane 
yields as simulated by the SEMK model, vide Figure 4-8. Similarly as in the n-decane case 
presented in Section 4.2, a distinct improvement in isomer yield could be obtained for each 
component by physically mixing both catalysts. The phase of the surrounding feed mixture, 
hence, affects the individual isomer yields only marginally.  Only the isomer yields obtained 
on pure Pt/NaHY, Pt/H-ZSM22, and a 25-75 wt% Pt/NaH-Y–Pt/H-ZSM22 mixture 
exhibiting the highest total isomerization yield in Figure 4-6, are depicted in order not to 
overload the figure. Decane conversions and isomer yields are also not shown as they can be 
the product of C13 cracking and secondary isomerization of C10 cracking products.  






Figure 4-7 Modelled total isomerization yield (Eqn. 2-5) as a function of the total parapur 
conversion (Eqn. 2-2) from liquid phase reaction on Pt/NaH-Y (full), Pt/H-
ZSM22 (dot), a 75-25 wt% (long dash), a 50-50 wt% (short dash) and a 25-75 
wt% Pt/NaH-Y–Pt/H-ZSM22 mixture (dash dot), calculated with the SEMK 
model described in Section 3.1, incorporating physisorption and protonation 
excess via Eqns. 4-3 and 4-6, respectively, extended with the physisorption and 
reaction rules described in Section 4.1.2, and Eqn. 4-8 for catalyst mixtures 
using reported catalyst descriptors values [18, 34]. 
 
 
Figure 4-8 Simulated individual feed component isomer yields (Eqn. 2-4) of C11 (short 
dash), C12 (long dash) and C13 alkanes (full) as a function of the corresponding 
feed n-alkane conversion (Eqn. 2-3) on Pt/NaH-Y (black lines), Pt/H-ZSM22 
(open lines) and a 25-75 wt% Pt/NaH-Y–Pt/H-ZSM22 mixture during gas phase 
reaction (a) and liquid phase reaction (b). Yields and conversions were 
calculated with the SEMK model described in Section 3.1, incorporating 
physisorption and protonation excess via Eqns. 4-3 and 4-6 for liquid phase 
reaction, respectively, extended with the physisorption and reaction rules 
described in Section 4.1.2, and Eqn. 4-8 for catalyst mixtures using reported 
catalyst descriptors values [18, 34]. 
 
The reason why no pronounced improvement in total isomerization yield is simulated 
during the reaction of a gaseous n-alkane mixture lies within the different degrees of 
physisorption stabilization and, consequently, reactivities of the feed components. Denayer et 
al. [33, 39] showed that the standard physisorption enthalpy and entropy determining the 
Langmuir physisorption coefficient according to Eqn. 3-4, follow a linear trend with the 





sorbate carbon number. As the enthalpy term usually prevails over the entropy term, the 
sorbate concentration increases significantly with the sorbate size and, hence, the maximum 
yield of, e.g., C13 isomers is reached at a different total feed conversion than for any other 
alkane carbon number. The latter is demonstrated in Figure 4-9-a showing the simulated 
individual isomer yields as a function of the total feed conversion. As a result, the total, i.e., 
weighed, isomerization yield remains low compared to the individual component isomer 
yields as simulated on a pure Pt/NaH-Y catalyst. This also induces a distinct inflection point 
in the corresponding total isomerization curve at a feed conversion of approximately 60%. 
The discrepancy between total and individual isomerization yields is less pronounced on 
ZSM22 owing to stronger competition effects during physisorption between alkanes of 
different chain length. The latter is demonstrated in Figure 1-6, Chapter 1, in which the 
physisorption on a ZSM22 catalyst is most affected by entropy losses than over any other 
zeolite depicted in this figure. 
 
 
Figure 4-9 Simulated total isomerization yield (full) (Eqn. 2-5) and individual feed 
component isomer yields (Eqn. 2-4) of C11 (dot), C12 (short dash) and C13 alkanes 
(long dash) as a function of the total feed conversion (Eqn. 2-2) on Pt/NaH-Y 
(black lines) and Pt/H-ZSM22 (grey lines) during gas phase reaction (a) and 
liquid phase reaction (b). Yields and conversions were calculated with the 
SEMK model described in Section 3.1, incorporating physisorption and 
protonation excess via Eqns. 4-3 and 4-6 for liquid phase reaction, respectively, 
extended with the physisorption and reaction rules described in Section 4.1.2, 
and Eqn. 4-8 for catalyst mixtures using reported catalyst descriptors values [18, 
34]. 
 
The physisorption step, on the other hand, is significantly influenced by the presence 
of a liquid bulk phase as elaborated in Section 4.1.1. Incorporation of liquid phase non-
ideality and physisorption excess embodying sorbate compression and sorbent solvation 
effects, induces much more competition between sorbates of different carbon number. The 
liquid fugacity coefficient and the physisorption excess parameter in Eqn. 4-3 increase in 





absolute value with the sorbate carbon number and, hence, compensate for the enhanced Van 
der Waals interactions experienced by the sorbate alkane with the catalyst framework. As a 
result, the maxima in individual alkane isomer yields nearly coincide with the maximum in 
total isomerization yield with respect to the total parapur conversion, vide Figure 4-9-b.  
4.4 Design of an optimal catalyst mixture for heavy alkane 
isomerization 
The synergy observed during gas phase n-decane hydroconversion between a shape 
selective Pt/H-ZSM22 and a non-shape selective Pt/NaH-Y with respect to the global isomer 
yield remains present during heavier n-alkane hydroconversion at liquid bulk phase 
conditions. In the present simulation analysis, it was assumed that the ZSM22 framework 
remains equally selective for isomerization reactions at the pore mouths as observed during 
gas phase reaction. In reality, iso-alkanes should be able to enter the micropores of a ZSM22 
completely under liquid phase conditions as shown from chromatographic experiments [13]. 
An experimental study by Arroyo et al. [40] revealed a higher affinity of Pt/H-ZSM22 for 
cracking at liquid phase compared to gas phase conditions. Nevertheless, Narasimhan et al. 
[21] were able to accurately describe liquid parapur hydroconversion on Pt/H-ZSM22 up to 
feed conversions of 50%, using the SEMK model described in Section 3.1 and complemented 
with the equations and reaction rules elaborated in Sections 4.1.1 and 4.1.2. Accordingly, 
pore mouth and key lock effects probably remain dominant in a reactive environment 
regardless of the phase of the feed. 
Other zeolites built up from unidirectional 10-membered pores with slightly smaller 
dimensions than TON frameworks, e.g., ZSM23, were found to retain their physisorption 
behaviour with respect to linear and branched alkanes when reverting to liquid feeds [13]. 
Quantification of the catalyst descriptors describing physisorption, protonation and shape 
selectivity from experimentation using the pure catalysts, opens up the route towards an 
optimization of catalyst mixture compositions in terms of the total isomer yield as 
demonstrated in Figure 4-10. According to the SEMK model, a catalyst mixture of 20-80 
wt% Pt/NaH-Y–Pt/H-ZSM22 gives rise to the highest total isomerization yield of 75.4% at a 
reaction temperature of 513K. As the reaction temperature is increased, the optimal catalyst 
mixture composition gradually evolves to 50-50 wt% owing to an increased contribution of 





(s;p) β-scission of linear alkanes in the ZSM22 micropores. Nevertheless, a higher 
concentration of ZSM22 remains generally preferred. 
 
 
Figure 4-10 Effect of reaction temperature and catalyst mixture composition on the 
maximum total isomerization yield (Eqn. 2-5) during liquid-phase parapur 
hydroconversion on Pt/NaH-Y–Pt/H-ZSM22 mixtures, simulated with the 
SEMK model elaborated in in Section 3.1, incorporating physisorption and 
protonation excess via Eqns. 4-3 and 4-6, respectively, extended with the 
physisorption and reaction rules described in Section 4.1.2, and Eqn. 4-8 for 
catalyst mixtures using reported catalyst descriptors values [18, 34]. The double 
line represents the trajectory of the maximum obtainable total isomerization 
yield with respect to the temperature. 
4.5 Conclusions 
The synergy between a shape selective ZSM22 and a non-shape selective faujasite 
catalyst during n-alkane hydroconversion with respect to the total isomerization yield 
remained present during reaction at liquid phase conditions. The synergy was initially 
observed during n-decane hydroconversion from the gas phase, and was investigated by 
means of SEMK model simulations using a commercial nC10-nC13 mixture as feed. 
Transition towards a feed mixture involved accounting for competition between the alkanes 
of different chain length, for physisorption on the catalyst surface. The latter was less 
pronounced during reaction from the gas phase. As a result, the maxima in individual isomer 
yields did not coincide with respect to the total feed conversion especially in case of the Y 
catalyst, and a lower total isomerization yield was obtained with any catalyst mixture 
compared to the value obtained with pure a Pt/H-ZSM22. A liquid bulk phase induces a fully 
saturated catalyst framework with physisorbed species which, owing to a higher contribution 
of cracking inside the ZSM22 micropores, gives rise to a slight reduction in individual isomer 





yields. Physisorption competition between the n-alkanes within the feed mixture, on the other 
hand, again induced a significant improvement in total isomerization yield compared to the 
pure ZSM22 catalyst. Such competition effects were implemented as a destabilization factor 
in the Langmuir isotherm expression for physisorption. Liquid phase non-ideality was 
accounted for by additionally incorporating liquid fugacity coefficients. A sensitivity analysis 
on the catalyst mixture composition via SEMK model simulation demonstrated the versatility 
of the SEMK methodology in the optimization of complex catalytic systems for a target 
reaction. 
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Assessment of micropore 
saturation effects during 
alkane hydroconversion on 
Pt/H-beta      
The work presented in this chapter has been published in Applied Catalysis A: General 
as ‘n-Hexadecane hydrocracking Single-Event MicroKinetics on Pt/H-beta’ [1]. 
 
Stringent environmental regulations impose restrictions on fuel emissions and demand 
for advanced industrial processes able to remove harmful components. Hydroconversion is 
ideally suited for this endeavour and is commercially applied to the conversion of zero-sulfur 
Fischer-Tropsch waxes to high-value middle distillates. Various microporous and 
mesoporous molecular sieves have already been applied to this purpose. Large pore beta 
(BEA) zeolite has already been extensively used for experimental hydroconversion studies 
and generally showed a similar product distribution as obtained on a USY zeolite catalyst. 
Differences in activity could be attributed to differences in physisorption stabilization and 
acidity rather than to structural constraints caused by the pore structure [2-5]. However, the 
formation of ethyl side chains in beta zeolites was limited in experimental nC10-nC17 
hydroconversion data reported by Martens et al. [6], and resulted in lower yields of ethyl-
branched species. The beta zeolite framework is built up from straight 12-membered pore 
channels perpendicularly intersected by smaller sinusoidal channels. The pore dimensions are 
reported in Table 1-3, see Chapter 1. Cavities of about 1.2-1.3 nm are formed at the channel 
intersections. The three-dimensional framework of a USY zeolite, which is also a well-known 
large-pore hydroconversion catalyst, contains wider pore windows and so-called ‘supercages’ 





with dimensions that are similar to the beta zeolite’s cavities [7, 8]. As a result, shape 
selectivity in the formation of bulkier components, if any, will occur on BEA rather than on 
FAU. 
In this chapter, the Single-Event MicroKinetic (SEMK) model originally constructed 
for hydroconversion of n-octane on a commercial USY zeolite [9], described in Section 3.1, 
was extended to gas phase hydroconversion of n-hexadecane on a bifunctional beta zeolite. 
The contribution of ethyl-branched species in the reaction network of n-hexadecane 
hydroconversion is substantially higher than observed with a n-octane feed and, 
consequently, allows a more distinct assessment of the difference in alkane hydroconversion 
performance between both zeolite topologies. Special attention was also required by the large 
size of the feed molecule that was investigated at gas phase conditions. Due to the very 
pronounced physisorption stabilization induced by the reactant’s size that result in saturation 
of the catalyst pores at all investigated conditions, other interactions apart from classical Van 
der Waals forces between sorbate and sorbent resembling liquid phase hydroconversion 
behaviour [10], are expected to emerge and significantly affect the resulting product 
distributions. A general methodology is aimed at which is able to describe the alkane 
physisorption behaviour in all three regimes, i.e., at low sorbate concentrations, at high 




The catalyst considered is the Pt/H-beta zeolite described and characterized in Section 
2.1.2. A total acid site concentration of 5.57 10-4 mol g-1 was measured as well as a micropore 
volume of 0.210 cm3 g-1. A linear function of the standard physisorption enthalpy and entropy 
in the sorbate carbon number was experimentally determined by Denayer et al. [11] using a 
beta zeolite with a similar Si/Al ratio:  
-1phy,0
mol  kJ   6.2 0.10 +=∆−
ii
CNH       [5-1] 
-1-1phy,0
K  mol     J2.36 13.8 +=∆−
ii
CNS      [5-2] 





A higher selectivity towards the physisorption of linear alkanes was observed 
compared to the isomers of the same carbon number. This was also concluded from 
molecular simulations, whereas only minor differences in selectivity were measured or 
calculated for faujasites [12, 13]. Nevertheless, a single set of physisorption parameters was 
maintained per carbon number in order to reduce the global complexity of the model. For 
comparison, n-hexadecane hydroconversion was also carried out on the Pt/H-Y catalyst 
described in Section 2.1.2. No model regression was performed on this data set and, hence, 
no catalyst descriptors were determined for this catalyst. 
5.1.2 Data acquisition 
A total of 23 n-hexadecane hydroconversion experiments was carried out in the 
tubular continuous flow reactor described in Section 2.2.2. The space time ranged from 20 to 
232 kg s mol-1. The reaction temperature was varied between 503 and 523 K while the reactor 
pressure was set equal to either 0.5, 1 or 2 MPa. The inlet hydrogen-to-hydrocarbon molar 
ratio amounted to 100 in each of the experiments. No indications for hydrogenolysis and 
primary carbenium ion chemistry were found as evidenced by the negligible methane, ethane, 
C14 and C15 alkanes formation. No evident catalyst deactivation, at least within the 
investigated time on stream (4 to 8 h), was observed in the whole investigated range of 
operating conditions, even at the lowest total pressure of 0.5 MPa, vide Figure 5-1. The high 
stability of the Pt/H-beta catalyst suggests that the amount of accessible metallic Pt sites is 
sufficiently high for ensuring a fast hydrogenation of the chemisorbed intermediates, hence, 
preventing consecutive, acid-catalyzed reactions which could promote coking.  
 
 
Figure 5-1 Total n-hexadecane conversion, calculated via Eqn. 2-2, versus time on stream 
for the Pt/H-beta catalyst at 513 K, 0.5 MPa, an inlet H2-to-nC16 molar ratio of 
100 and a space time of 81.4 kg s mol-1. 





Prior to kinetic modelling, each experiment was screened for the occurrence of ‘ideal 
hydroconversion’, i.e., the quasi-equilibration of the (de)hydrogenation reactions and, hence, 
the rate determining character of the acid catalyzed reactions [14-16]. Quasi-equilibration of 
the (de)hydrogenation reactions implies a negative effect of the total pressure on the total 
conversion of the feed alkane which, consequently, is a useful tool in the distinction of ideal 
from non-ideal hydroconversion. Additionally, a unique relationship is observed between the 
isomer yield and the total conversion [15]. Figure 5-2 shows all experimentally obtained 
isomer yields as a function of the total nC16 conversion. Deviations from the ideal regime 
become more pronounced at higher conversions, especially at 523 K where an isomerization 
yield of only 17.8% was obtained at a total conversion exceeding 85%. In addition, the 
experiments performed at 0.5 MPa exhibited a significantly lower hexadecane isomer yield 
regardless of the total nC16 conversion. Based on Figure 5-2, 18 out of the 23 experiments 
were selected for regression analysis by means of a SEMK model assuming ideal 
hydroconversion conditions.  
 
 
Figure 5-2 Experimental isomerization yield as a function of the total n-hexadecane 
conversion at varying reaction conditions (inlet H2-to-nC16 molar ratio = 100, 
space time = 20 - 232 kg s mol-1); at 503 K (triangles), 513 K (squares), 523 K 
(circles), and at 0.5 MPa (open), 1 MPa (grey) and 2 MPa (full). Conversions and 
yields are calculated according to Eqns. 2-2 and 2-5. 
5.1.3 Results and discussion 
Experimental results exhibit an increasing total n-hexadecane conversion with the 
space time and reaction temperature, vide Figure 5-3. A significant decrease in conversion 
was measured with an increasing pressure from 1 to 2 MPa. A maximum monobranched 
isomer yield of 22% was obtained at a total conversion of about 50%, shown in Figure 5-4, 
after which further isomerization towards multibranched species is more preferred due to the 





significantly reduced concentration of nC16. Formation of tribranched hexadecanes was not 
evident from the experimental data due to their high reactivity towards cracking. 
 
 
Figure 5-3 Experimental (symbols) and simulated (lines) total n-hexadecane conversion 
(Eqn. 2-2) versus space time at 503 K (triangles), 513 K (squares) and 523 K 
(circles), at 1 MPa (open) and 2 MPa (full) and an inlet H2-to-nC16 molar ratio of 
100. Simulated conversions were calculated with the set of parameter estimates 
given in Table 5-1 for the original model described in Section 3.1 (dashed lines), 
or with the set of parameter estimates given in Table 5-1 and Table 5-3 for the 
advanced model additionally incorporating Eqns. 5-3 and 5-7 for respectively 
the formation of ethyl branches and the Langmuir coefficient including size 
entropy (full lines).  
 
 
Figure 5-4 Experimental (symbols) and simulated (lines) monobranched (full circles) and 
multibranched isomer yields (open squares) (Eqn. 2-5) versus total n-hexadecane 
conversion (Eqn. 2-2). Simulated yields were calculated with the set of 
parameter estimates given in Table 5-1 for the original model described in 
Section 3.1 (dashed lines), or with the set of parameter estimates given in Table 
5-1 and Table 5-3 for the advanced model additionally incorporating Eqns. 5-3 
and 5-7 for respectively the formation of ethyl branches and the Langmuir 
coefficient including size entropy (full lines). 
 
Even if the total cracking yield is extremely low, only minor differences in cracking 
product distributions are observed between a Pt/H-USY and a Pt/H-beta catalyst for n-alkane 
feeds with different carbon numbers [6]. The distributions were characterized by equal yields 





of the products simultaneously formed out of a feed isomer via cracking. At a higher 
conversion of 43%, a distinctly different product distribution was obtained from liquid phase 
nC16 hydroconversion data by Park et al. [3]. In that work, full saturation of the micropores 
combined with a very high reaction temperature of 623 K apparently enhanced consecutive β-
scissions of cracking products and, hence, increased the selectivity towards the lightest 
components in Pt/H-beta. A similar cracking product distribution was only obtained from the 
data reported in this work at a relatively high total nC16 conversion of 76%, vide Figure 5-5, 




Figure 5-5 Cracking product yields (Eqn. 2-4)  according to the carbon number at a total n-
hexadecane conversion of 76%, at 513 K, 1 MPa and an inlet H2-to-nC16 molar 
ratio of 100; Full bars, experimental data; Grey bars, calculated with the set of 
parameter estimates given in Table 5-1 for the original model described in 
Section 3.1; Open bars, calculated with the set of parameter estimates given in 
Table 5-1 and Table 5-3 for the advanced model additionally incorporating 
Eqns. 5-3 and 5-7 for respectively the formation of ethyl branches and the 
Langmuir coefficient including size entropy. 
 
Comparison of the cracking product distributions of both the Pt/H-beta and the Pt/H-
Y zeolite, indicates a shift towards the lower molecular weight products, i.e., C4 to C7, only 
for the former catalyst, vide Figure 5-6 at a high feed conversion of 77%. On Pt/H-Y, a more 
uniform distribution centered at C7-C9 is obtained which implies that cracking of secondary 
products remains mostly absent. Considering the narrower pores of a beta framework, which 
generally lead to stronger physisorption effects, saturation of the former zeolite and related 
entropy effects are more likely to occur. The latter provides a potential explanation for the 
higher apparent reactivity of C8-C12 products on the Pt/H-beta compared to the Pt/H-Y zeolite 
as will be discussed later in Section 5.2.3. 






Figure 5-6 Experimental relative cracking product yields (Eqn. 2-4) obtained from n-
hexadecane hydroconversion on Pt/H-beta (full bars) and Pt/H-Y (open bars) at 
a total conversion of approximately 77%, at 513 K (Pt/H-beta) or 528 K (Pt/H-
Y), at 4 MPa, and an inlet H2-to-nC16 molar ratio of 100. 
 Modelling results 5.2
5.2.1 Original model for n-alkane hydroconversion 
In order to assess the effect of a different zeolite topology and the use of a heavy feed 
component in gas phase reactions, the SEMK model developed for an applied to gas phase 
conversion of light alkanes on faujasites described in Section 3.1, was employed for the 
simulation of the current data set. When neglecting any intermolecular interactions in the 
physisorption model, Eqn. 3-4 can be used for the calculation of the physisorption coefficient. 
Table 5-1 shows the estimated values for the alkene standard protonation enthalpies and the 
activation energies of the acid catalyzed isomerization and cracking steps. The activation 
energies were allowed to vary around the reported values to fine-tune the agreement between 
model and experiment [9]. For SSQ minimization, a total of 23 responses were defined based 
upon the branching degree and carbon number. For hexadecane, a distinction was made 
between mono-methyl-, mono-ethyl- and multibranched isomers. The F value for global 
significance of the regression exceeded the tabulated value by two orders of magnitude. A 
satisfactory reproduction of the total nC16 conversion could be obtained at varying process 
conditions, vide Figure 5-3. The calculated yields of monobranched as well as of 
multibranched C16 isomers also approached the experimental value quite well as 









Table 5-1 Estimates for the reference alkene standard protonation enthalpies for 
secondary and tertiary ion formation, and for the isomerization and cracking 
reaction families’ activation energies in kJ mol-1. The original model refers to the 
SEMK methodology described in Section 3.1 and with the catalyst descriptors 
reported in Section 5.1.1. The advanced model additionally incorporates Eqns. 
5-3 and 5-7 for respectively the formation of ethyl branches and the size entropy. 
 








(t) 104.1 (± 0.5) 102.7 (± 1.6) 

(s; s) 81.6 (± 0.3) 79.8 (± 0.1) 

(s; t)b 76.8 (± 1.4) 74.8 (± 2.7) 

(t; t) 104.5c 104.5c 

(s; s) 109.2 (± 0.3) 112.1 (± 1.8) 
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 non-significantly estimated parameter 
 
Indications for shape selective effects were found from the parity diagram for the 
outlet molar flow rates of mono-ethyl branched hexadecane isomers as shown in Figure 5-7-
a. The calculated outlet flow rates were about one order of magnitude higher than the 
experimentally obtained ones. The formation of an ethyl branch likely occurs via an alkyl 
shift involving a switch in position of a bulky side chain with the charge [17-19]. Apparently, 
the somewhat narrower pore structure of a beta zeolite and/or the absence of supercages in 
the framework induced a restricted formation of ethyl-branched isomers which, consequently, 
could not be reproduced by a SEMK model designed for FAU-type zeolites. An experimental 
investigation by Martens et al. [6] already suggested potential shape selective behaviour of a 
beta zeolite in the formation of ethyl side chains. An additional contribution to the activation 
energies of alkyl shift reactions involved in ethyl side chain formation or disappearance, 
∆

, has been included to account for these effects: 
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Figure 5-7 Parity diagrams for the outlet flow rates of the mono-ethyl branched hexadecane 
isomers at the investigated range of operating conditions, calculated with the set 
of parameter estimates given in Table 5-1 for the original model described in 
Section 3.1 (a), or with the set of parameter estimates given in Table 5-1 and 
Table 5-3 for the advanced model additionally incorporating Eqns. 5-3 and 5-7 
for respectively the formation of ethyl branches and the Langmuir coefficient 
including size entropy (b). 
 
Focusing on the cracking product distribution, the formation of the lighter alkanes in 
the network were generally underestimated, in contrast to the yields of the heavier alkanes 
which were predicted satisfactorily. Figure 5-8 visualizes the difference between the 
simulated and observed pentane and undecane yields calculated according to Eqn. 2-4. The 
observed production of C5 alkanes was about twice as high as that of C11 components while, 
given the employed reaction network and physisorption model, identical yields were 
simulated for both products at any set of operating conditions. As mentioned earlier, the 
experimental data clearly suggested that cracking products, once formed out of a hexadecyl 
cation, undergo consecutive cracking. Based on the experience with lighter hydrocarbons on 
a faujasite catalyst, this possibility was originally not included in the model owing to the 
pronounced physisorption of the heaviest alkanes in the mixture, see Eqns. 5-1 and 5-2, 
leading to identical yields for each of the ‘cracking pairs’, i.e., C3 and C13, C4 and C12, C5 and 
C11, C6 and C10, and C7 and C9. 
A similar observation was made in case of the linear and branched product yields 
within the same carbon number. The production of linear alkanes is generally overestimated 
as shown for C8 in Figure 5-9. Apparently, the model does not adequately describe any 
additional isomerization of linear cracking products towards monobranched isomers. This 
shortcoming of the original SEMK model originates from the manner in which the 





physisorption is simulated. At low sorbate concentrations, the trend of the Langmuir 
physisorption coefficient, Eqn. 3-4, with the carbon number is mainly determined by the 
enthalpy term and, hence, it can be understood from Eqn. 5-1 that, in the Henry regime, 
physisorption will be most pronounced for the heaviest molecule. Applied to the current 
experimental data, the original model implementation simulated hexadecane compounds to 
be primarily physisorbed, while only negligible C5-C13 carbenium ion concentrations were 
obtained due to the disfavoured physisorption of alkanes with lower carbon number. 
 
 
Figure 5-8 Experimental (symbols) and simulated (lines) undecane (full circles) and pentane 
yields (open squares) (Eqn. 2-4) versus total n-hexadecane conversion (Eqn. 2-2). 
Simulated yields were calculated with the set of parameter estimates given in 
Table 5-1 for the original model described in Section 3.1 (dashed lines), or with 
the set of parameter estimates given in Table 5-1 and Table 5-3 for the advanced 
model additionally incorporating Eqns. 5-3 and 5-7 for respectively the 
formation of ethyl branches and the Langmuir coefficient including size entropy 
(full lines). 
5.2.2 Development of a physisorption model accounting for 
micropore saturation 
At low physisorption site occupancies, denoted as the Henry regime, the difference in 
stabilization between physisorbed alkanes is merely related to differences in Van der Waals 
interactions between the sorbate and the zeolite framework, and results in a physisorption 
step dominated by the heaviest hydrocarbons in the mixture. Deviations from the Henry 
regime usually emerge when sorbate molecules are susceptible to physical interactions with 
other physisorbed species. The total site occupancy with sorbate species, )
, is defined as 
the sum of the concentrations of all physisorbed alkanes relative to the mean saturation 
concentration *̅,: 











        [5-4] 









        [5-5] 
 
 
Figure 5-9 Experimental (symbols) and simulated (lines) n-octane (full circles) and iso-
octane yields (open squares) (Eqn. 2-4) versus total n-hexadecane conversion 
(Eqn. 2-2). Simulated yields were calculated with the set of parameter estimates 
given in Table 5-1 for the original model described in Section 3.1 (dashed lines), 
or with the set of parameter estimates given in Table 5-1 and Table 5-3 for the 
advanced model additionally incorporating Eqns. 5-3 and 5-7 for respectively 
the formation of ethyl branches and the Langmuir coefficient including size 
entropy (full lines). 
 
Eqn. 5-5 for the mean saturation concentration is slightly different from the definition 
of Denayer et al. [20], but ensures a value for )
 situated between 0 and 1. Table 5-2 shows 
the total site occupancy at different total nC16 conversions calculated using the original model 
for gas phase alkane hydroconversion on faujasites. The concentration of physisorbed species 
in the zeolite pores initially remains close to the saturation capacity of the catalyst and 
decreases slightly as the reaction proceeds. A decrease in site occupancy is explained through 
the extensive formation of lighter cracking products which, according to Eqn. 5-1, are less 
stabilized in a subsequent physisorption step. Similar saturation effects were observed during 
gas phase physisorption experiments on a faujasite with nC16 as pure feed component at 
similar operating conditions [13]. Intermolecular interactions arise at near-saturation 
conditions and affect the physisorption behaviour of the individual components in such a way 
that the physisorption selectivity observed at lower site occupancies, gradually disappears 
and, ultimately, may even invert [20-25]. 
 





Table 5-2 Total site occupancy with physisorbed species at varying total n-hexadecane 
conversions (Eqn. 2-2) at 513 K, 1 MPa and an inlet H2-to-nC16 molar ratio of 
100, calculated from the physisorbed alkane concentrations relative to the mean 
saturation concentration (Eqn. 5-4). Physisorbed alkane concentrations are 
determined from the Langmuir physisorption coefficient, vide Eqns. 3-1, 3-2, 5-1 
and 5-2. 
 






Denayer et al. [20] introduced a ‘Langmuir-with-interactions’ expression to 
incorporate molecular interactions in the physisorption model. These interactions are 
calculated as the product of the total site occupancy and an interaction parameter, wi, which 











       [5-6] 
However, such an isotherm is empirical in nature and the estimated interaction 
parameters have no explicit physical meaning. In liquid phase hydroconversion, a similar 
competitive physisorption isotherm was modelled by quantifying the non-ideal behaviour of 
the physisorbed phase with excess parameters and the liquid fugacity coefficients of the 
individual components in the bulk phase [10]. The physical meaning of these excess 
parameters was clarified via a Born-Haber cycle and could be applicable at dense vapour 
conditions. Incorporation of the liquid fugacity coefficients, which are lower than 1 following 
the Redlich-Soave-Kwong methodology [26], in the Langmuir expression resulted in a lower 
physisorbed alkane concentration than would be expected under ideal gas phase conditions. 
Stronger reductions in sorbate concentrations were observed for the heavier alkanes caused 
by a substantially lower fugacity coefficient compared to the lightest components. A similar 
methodology for physisorption under ‘dense’ conditions could not be followed as the gas 
phase fugacity coefficients of the bulk phase components exceed 1 at the considered reaction 
conditions and, hence, do not evolve to values below 1 approaching the liquid phase fugacity 
coefficients in a continuous manner. As a result, according to the methodology developed to 
describe liquid phase behaviour, the physisorption selectivity at dense gas phase conditions 





would even become more pronounced for the heaviest alkanes rather than disappear and, 
hence, an alternative methodology has to be implemented. 
Krishna and co-workers [27, 28] quantified competitive physisorption behaviour in 
zeolites by means of the ‘size entropy’ and ‘configurational entropy’. Size entropy effects at 
high site occupancies give rise to an inverse effect in physisorption behaviour with increasing 
chain lengths, and originate from differences in packing efficiencies in zeolite pores between 
hydrocarbons of different carbon chain lengths. A significantly higher amount of entropy is 
consumed when a bulkier alkane has to fill up a remaining empty space on the zeolite 
framework, and ultimately overcompensates the enthalpy contribution to the physisorption 
coefficient in Eqn. 5-1. In an analogous manner, configurational entropy points to differences 
in efficiency in sorbate packing between linear alkanes and the corresponding isomers. 
Krishna et al. [28] managed to successfully simulate the size and configurational entropy for 
an alkane mixture consisting up to 8 components over a ZSM5 zeolite. These authors made 
use of the ‘Ideal Adsorption Solution Theory’ (IAST) as formulated by Myers and Prausnitz 
[29] and which, in essence, applies a Raoult-type relation between the physisorbed and bulk 
gas phase species concentrations. However, due to the complexity of the IAST which was 
reported to lead to vast computational efforts for 8-component mixtures, a simplified version 
was incorporated in the current SEMK model which has to deal with close to 700 different 
physisorbed components. The size entropy was incorporated in the expression for the 


















     [5-7] 
A similar adjustment to the physisorption coefficient was implemented in the 
‘Langmuir-with-interactions’ model developed by Denayer et al. [20], vide Eqn. 5-6, and 
suggests that the size entropy, as implemented in the present work, increases linearly with the 





' = eS0T%>%        [5-8] 
Krishna et al. [28] determined the physisorption isotherms at room temperature of a 
mixture of C1-to-C4 alkanes on MFI determined via the IAST method and Monte Carlo 
simulations. The physisorption selectivities, defined from the ratios of the sorbate 
concentrations and, hence, of the physisorption coefficients, also showed a sudden 





logarithmic decrease with increasing total site occupancy. Deviations from the Henry 
coefficient became more pronounced as the size of the molecule increased. Again associating 
Eqn. 5-6 with Eqn. 5-7, the alkane carbon number dependence of the size entropy was 
already suggested by the interaction parameter wi as defined by Denayer et al. [20]. 
Following Eqns. 5-1 and 5-2 for the standard physisorption enthalpy and entropy, the size 
entropy effect was approximated by a linear function of the sorbate carbon number: 
−∆UC
,,VW = X	*ZC + [   J mol-1 K-1      [5-9] 
No gain in entropy is considered for any hydrocarbon in the physisorbed phase 
resulting in an entropy contribution which is either zero or negative and, hence, implying that 
β is lower than or at most equal to zero. At higher )
, size entropy effects are expected to 
become more pronounced, reducing the physisorption coefficient of each alkane to a higher 
extent. The lighter molecules in the reactant mixture are less susceptible to sorbate-sorbate 
interactions and, hence, their physisorption behaviour is expected to be affected only from a 
higher site occupancy on. Therefore, parameters α and β are likely to increase with the total 
site occupancy and are consequently implemented as a linear function of )
: 
X = X?)
 + X\   J mol-1 K-1       [5-10] 
[ = [?)
 + [\   J mol-1 K-1       [5-11] 
A negative value for β is obtained when β2 is negative and when its absolute value 
exceeds that of β1. At zero site occupancy, no deviations from the Henry regime are present 
for any hydrocarbon implying that α2 equals zero. Denayer et al. [30] visualized the transition 
of the Henry regime towards the saturation regime for a nC6-nC9 mixture on three different 
faujasites. Significant differences in physisorption selectivities between the three catalysts 
demonstrated the dependency of the size entropy on the catalyst type, hence, establishing 
parameters α1, β1 and β2 as catalyst descriptors. There is no need to implement 
configurational entropy effects as no differences in selectivity between n-alkanes and isomers 
were reported for a beta zeolite from intermediate site occupancies on [13]. 
5.2.3 Advanced model accounting for shape selectivity and size 
entropy 
The parameter ∆ as introduced in Eqn. 5-3, and parameters α1, β1 and β2 defined 
in Section 5.2.2, were estimated simultaneously with the alkene standard protonation 





enthalpies for secondary and tertiary carbenium ion formation. The activation energies for the 
isomerization and cracking steps were essentially allowed to vary between previously 
determined confidence intervals and, hence, remained close to the values obtained on a 
reference USY [9], shown in Table 5-1 together with the estimates for the alkene standard 
protonation enthalpies. Both estimates are about 7 kJ mol-1 more negative than the 
corresponding values obtained for USY (Si/Al 30), implying a higher average acid site 
strength on the beta zeolite compared to the reference USY [9]. However, solvation effects 
which typically occur at dense phases and, consequently, at saturation conditions, might be 
responsible for these enhanced protonation enthalpies. These effects are denoted as 
‘protonation excess’ and were quantified at a similar value of about -7.8 kJ mol-1 for a USY 
(Si/Al 15) zeolite during liquid phase hydroconversion [10, 31].   
Figure 5-3 shows a good agreement between experimental and simulated catalyst 
activities at varying reaction conditions. Monobranched and multibranched isomer yields are 
more adequately simulated with the model accounting for shape selectivity and size entropy, 
than with the original model developed for light alkane hydroconversion over USY, vide 
Figure 5-4. The additional activation energy contribution to account for shape selective 
effects in ethyl side chain formation, ∆, amounted to 21.9 kJ mol-1, vide Table 5-3. The 
model adequately simulates the outlet flow rates of the mono-ethyl branched hexadecane 
isomers, vide Figure 5-7-b. 
 
Table 5-3 Estimated values for the parameters in the expression for the size entropy effect 
(Eqns. 5-9 to 5-11) in J mol-1 K-1, and for the extra activation energy term in 
Eqn. 5-3 for ethyl-branched isomer formation in kJ mol-1. 
 




21.9 (± 1.0)a 
α1 12.6 (± 0.1) 
β1 31.1 (± 0.7) 
β2 -130.4 (± 2.2) 
   
a
 95% confidence interval 
Considering the cracking product distribution, the advanced model is able to 
adequately reproduce the trends in the experimental data as the simulated yields of the 
‘cracking pairs’, i.e., C3 and C13, C4 and C12, etc., exhibit a more pronounced formation of the 
lightest component, vide Figure 5-8 for the C5-C11 pair. A substantial decrease in the effective 
Langmuir physisorption coefficient with the carbon number caused by the size entropy, 





increases the relative contribution of secondary products to the reaction scheme and, hence, 
enhances secondary cracking towards lighter products. This ultimately results in a 
significantly improved simulation of the cracking product yields, especially at higher 
n-hexadecane conversions, vide Figure 5-5 at a total conversion of 76%. Figure 5-9 shows the 
increased isomerization reactivity of secondary products where the agreement between 
simulated and experimental nC8 yields has greatly improved. 
The estimates for parameters α1, β1 and β2 in Eqns. 5-9 to 5-11 for the size entropy, 
are also reported in Table 5-3. The change in physisorption selectivity after incorporation of 
the size entropy into the model is quantified by the separation factor αi,j which is defined as 










7        [5-12] 
The difference in separation factors between the advanced model and the original 
model, i.e., which assumes physisorption conditions situated in the Henry regime, is 
represented in Figure 5-10 with n-heptane as reference component. When no size entropy is 
taken into account, physisorption is dominated by Van der Waals interactions between 
sorbate and sorbent and, hence, a preferential physisorption of heavier n-alkanes occurs. The 
implementation of a size entropy effect via Eqn. 5-7 with coefficients reported in Table 5-3, 
results in a close to non-selective physisorption approximately from carbon number 8 on at 
the investigated operating conditions. In fact, a slight inverse in selectivity is observed from 
that carbon number on. 
 
 
Figure 5-10 Separation factors, calculated via Eqn. 5-12 relative to n-heptane, as a function 
of the alkane carbon number at a temperature of 513 K, calculated with the 
Langmuir coefficients from Eqn. 3-2 (dashed line), or from Eqn. 5-7, i.e., 
including size entropy, with the parameter estimates reported in Table 5-3. 





5.2.4 Contribution analysis 
The importance of secondary cracking and isomerization reactions in the overall 
kinetics was assessed by means of a contribution analysis, which is useful tool to quantify the 
relative contribution of an individual reaction pathway in the overall reaction network. Per 
component i, the differential disappearance factor leading towards component j is defined as 






         [5-13] 
The differential formation factor is defined from the reaction rates of the elementary 





         [5-14] 
Figure 5-11 shows the relative disappearance factors of n-hexadecane and its isomers 
towards other C16 components and cracking products at 513 K, 1 MPa, and a conversion of 
about 50%. Cracking products were lumped according to their carbon number. A distinction 
was made between heavy, i.e., C8-C13, and lighter, i.e., C3-C7, cracking products. Within the 
heavy cracking products, linear and branched molecules were separately accounted for. The 
analysis shows a similar isomerization-cracking scheme as was observed during 
hydroconversion on (US)Y zeolites [15]. After isomerization of nC16, cracking of 
monobranched hexadecanes only occurs to a low extent due to the high activation energy for 
(s;s) β-scission compared to further PCP branching, vide Table 5-1. A significant cracking 
reactivity of tribranched C16 isomers to especially branched products results from the low 
activation energy for (t;t) β-scission. Once formed out of a hexadecyl cation, branched 
cracking products rather undergo additional cracking towards lighter products than 
debranching to the corresponding n-alkane.  
The occurrence of secondary reactions is directly related to the concentrations of the 
reactant ions which, in turn, increase with the total nC16 conversion. Figure 5-12 and Figure 
5-13 show the formation of respectively n-hexane and iso-hexane, calculated with Eqn. 5-14., 
from C16 isomers and secondary cracking products at 513 K and 1 MPa. Linear products are 
initially formed out of monobranched C16 species through (s;s) β-scission. Due to the lower 
activation energies for (s;t) β-scission compared to the former reaction family, dibranched C16 





isomers become the main reactant from intermediate conversions on. The contribution of iC6 
and C9-C13 to nC6 formation via isomerization and cracking, increases significantly at high 




Figure 5-11 Contribution analysis for the hydroconversion of hexadecane isomers, i.e., 
linear, monobranched, dibranched and tribranched C16 components, and of 
cracking products divided into C8-to-C13 linear and branched components, and 
the lightest products up to C7. Numbers indicate percentage differential 
disappearance factors of each group of components, calculated via Eqn. 5-13, 
and a total nC16 conversion of 50% at 513 K, 1 MPa, and an inlet H2-to-nC16 
molar ratio of 100. Reaction rates were calculated according to Eqn. 3-7 with the 
set of parameter estimates given in Table 5-1 and Table 5-3 for the advanced 
model. Higher rates of disappearance are indicated by thicker arrows, 
contributions below 10% by dashed and dotted arrows. 
 
 
Figure 5-12 Percentage differential formation factors (Eqn. 5-14) for nC6 out of various 
component lumps, i.e., monobranched C16 isomers (dot), dibranched C16 isomers 
(short dash), tribranched C16 isomers (long dash) and cracking products (full) at 
513 K, 1 MPa and an inlet H2-to-nC16 molar ratio of 100. Reaction rates were 
calculated according to Eqn. 3-7 with the set of parameter estimates given in 
Table 5-1 and Table 5-3 for the advanced model. 





A similar observation was made for iC6. As branched cracking products cannot be 
directly formed out of monobranched species according to the reaction mechanism, 
dibranched C16 isomers are initially responsible for iC6 production. As the concentration of 
tribranched C16 species increases, (t;t) β-scission gradually starts to dominate the formation of 
branched C6 products. Secondary reactions become increasingly more important with the 
total nC16 conversion and will finally govern iso-hexane production. 
 
 
Figure 5-13 Percentage differential formation factors (Eqn. 5-14) for iC6 out of various 
component lumps, i.e., monobranched C16 isomers (dot), dibranched C16 isomers 
(short dash), tribranched C16 isomers (long dash) and cracking products (full) at 
513 K, 1 MPa and an inlet H2-to-nC16 molar ratio of 100. Reaction rates were 
calculated according to Eqn. 3-7 with the set of parameter estimates given in 
Table 5-1 and Table 5-3 for the advanced model. 
 Conclusions 5.3
The Single-Event MicroKinetic (SEMK) model originally developed for lighter 
alkane gas phase hydrocracking on a large pore Pt/H-USY zeolite, has successfully been 
extended towards another large pore zeolite, i.e., Pt/H-beta. Shape selective effects were 
found to be responsible for the restricted formation of ethyl-branched isomers and have been 
quantified by a 21.9 kJ mol-1 increase in the activation energy. The loss of selectivity in 
hydrocarbon physisorption at saturation conditions is adequately captured by the size entropy 
which is correlated with the carbon number and the total physisorption site occupancy. This 
allows to describe the effect of intermolecular interactions and packing efficiencies during the 
physisorption step and ultimately leads to a significant increase in reactivity of secondary 
products, quantified by means of a contribution analysis. A higher absolute value of about 7 
kJ mol-1 for the standard protonation enthalpies for carbenium ion formation on the beta 
zeolite was obtained compared to the reference USY, and is attributed to a combined effect of 





intrinsically stronger acid sites and protonation excess. The latter effect is caused by 
saturation effects due to strong Van der Waals interactions between sorbate molecules, i.e., n-
hexadecane, and the zeolite framework. 
Full saturation of the micropores throughout an experiment implies liquid phase like 
conversion and leads to an entire loss in the physisorption selectivity as would be expected 
from the Henry coefficient. The methodology formulated in this work offers the possibility to 
accurately describe the physisorption step of a heterogeneously catalyzed reaction performed 
under any of the three distinguished regimes, i.e., low catalyst loadings with physisorbed 
species at gas phase conditions, high catalyst loadings at gas-phase conditions and liquid 
phase conditions. 
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Unraveling shape selectivity 
in MFI frameworks using  
n-hexane hydroconversion 
single-event microkinetics 
This work was recently accepted as ‘Unraveling Diffusion and Other Shape Selectivity 
Effects in ZSM5 using n-Hexane Hydroconversion Single-Event MicroKinetics’ for 
publication in Industrial & Engineering Chemistry Research [1]. 
 
Shape selectivity is often exploited in catalysis to fine-tune the product distribution of 
a target reaction to the market demands [2, 3]. Zeolites are ideally suited for this endeavour 
thanks to their well-defined framework with narrow pores. Zeolites with 10-membered pore 
apertures, such as ZSM22 and ZSM5, have been successfully optimized for selective 
hydroconversion towards products in the distillate and in the naphtha range, respectively [4]. 
ZSM5 is a pentasyl-based zeolite which is widely applied in the petroleum industry thanks to 
its high stability and catalytic activity [5, 6]. The pore dimensions are reported in Table 1-3. 
Cavities formed at the channel intersections have a diameter of about 0.85 nm [7]. The pore 
dimensions approach the molecular diameter of cyclic and branched hydrocarbons [8-10], 
which potentially results in a complex interplay of reactant, product and/or transition state 
shape selectivity impacting on the catalyst performance in numerous industrially relevant 
processes such as benzene alkylation, toluene disproportionation, methanol to olefins 
conversion, alkene oligomerization, methane aromatization, catalytic cracking and, as already 
mentioned, hydroconversion [2, 11-14]. Recently, pore mouth catalysis was identified in the 





selective hydrogenation of fatty acids over Pt/H-ZSM5 which emphasizes once more the 
catalyst’s versatility in countless catalytic processes [15, 16]. 
Branched isomer yields obtained from n-alkane hydroconversion over a ZSM5 
catalyst are usually much lower in comparison with a large-pore (US)Y catalyst [4, 17-20]. It 
is generally molecular weight reduction of linear alkanes which is achieved over ZSM5 
catalysts, rather than feed isomerization [7, 21-23]. The high yields of cracking products 
which are exclusively formed from (s;s) β-scission, are reminiscent for the negligible 
formation of tribranched isomer species inside the zeolite framework and [18, 22, 24, 25], 
hence, cracking of intrinsically less reactive monobranched and especially dibranched isomer 
species has been proposed [17, 20, 26]. The production of dibranched isomers is, however, 
hardly noticeable from the hydroconversion product distribution. It is the result of a nearly 
fully constrained diffusion of these species through the MFI framework [9, 10, 13, 19, 27]. 
The latter may result in an apparently pronounced debranching and/or cracking reactivity 
upon formation of these dibranched isomers and provides and explanation for the peculiarly 
high cracking affinity of the catalyst at the expense of feed isomerization [8]. 
While product and transition state shape selectivity within an MFI framework are 
well-recognized for dibranched and tribranched hydrocarbons respectively, the deviation 
from thermodynamic equilibrium within the monobranched alkane isomer lump is not fully 
resolved yet. Earlier experimental work proposed transition state shape selectivity in the 
branching of the n-alkane reactant over a PCP transition state as the primary cause of the 
typically higher selectivity towards the 2-methyl branched isomer [4, 17, 18, 22]. In those 
works, no pronounced differences in diffusion coefficients between monobranched decanes 
were observed and, hence, intracrystalline diffusion effects were not accounted for. 
Conversely, Kinger and Vinek [21] ruled out transition state shape selectivity by taking fast 
intramolecular alkyl shifts into account which, over non-shape selective catalysts, establish 
thermodynamic equilibrium within the isomer lump from moderate feed conversions on [28, 
29]. Instead, the authors proposed intracrystalline mass transport limitations which were less 
pronounced as the methyl branch was located towards the end of the molecular carbon chain. 
In the more recent literature, distinctly higher diffusion coefficients were indeed found for the 
2-methyl alkane compared to any other methylbranched isomer [30-33]. In the same context, 
it was convincingly demonstrated that the shape selectivity involved in n-decane 
hydroconversion over MFI frameworks could be significantly attenuated by synthesizing 





nanosheets [34]. The latter observation is reminiscent for mass transport limitations which 
become more pronounced as the length of the diffusion path through the catalyst crystallite 
increases. 
Subtle differences in Van der Waals interactions with the MFI framework were 
observed from gravimetric and chromatographic measurements [35, 36]. The strongest 
stabilization by physisorption was observed for the n-alkane which, according to Monte Carlo 
simulations [37], is significantly favoured in the lower temperature range. 2-Methylpentane 
and 3-methylpentane showed a quite similar physisorption behaviour in MFI frameworks at 
kinetically relevant temperatures, which is slightly weaker than that of the corresponding n-
alkane [33, 35, 36, 38]. A similar conclusion could be drawn for both dimetylbutanes. 
Differences in physisorption parameters are commonly denoted as physisorption selectivity 
exhibited by the catalyst [39]. Whether or not physisorption selectivity is responsible for the 
peculiar isomer selectivities observed during alkane hydroconversion on ZSM5 catalysts 
remains, however, an unresolved matter up to date. 
The aim of the work presented in this chapter is to identify the dominant factors in the 
shape selectivity during n-hexane hydroconversion on Pt/H-ZSM5. This is accomplished by 
performing SEMK model regression against experimental data while systematically 
incorporating intracrystalline diffusion limitations, transition state shape selectivity and 
physisorption selectivity. The latter is not categorized as a shape selectivity effect induced by 
steric effects [40], but is inherent to the catalyst and potentially strongly impacts on the 
product distribution. Other reported forms of shape selectivity observed on ZSM5 catalysts 
such as pore mouth catalysis in fatty acid hydrogenation [15], were not considered in this 
work. n-Hexane is chosen as model component as, unlike any larger feed alkane, no cracking 
of dibranched hexane isomers can occur without the involvement of unstable primary 
carbenium ions. As a result, a product distribution is obtained which almost exclusively 
comprises 2-methyl- and 3-methylpentane [27, 41], and the typically higher isomerization 
affinity towards 2-methylpentane could be investigated up to high feed conversions while 
avoiding excessive cracking. A clear understanding of shape selectivity involved in 
hydrocarbon conversion on one of the most frequently applied zeolite catalysts in industry 
allows a comprehensive analysis of the observed product slate and, moreover, leads to 
considerable advancements in the model-guided synthesis of related materials.  






A total of 25 n-hexane hydroconversion experiments were carried out at 503-523 K, 3 
MPa, an inlet hydrogen-to-hydrocarbon molar ratio of 50-100, and space times ranging from 
94 to 429 kg s mol-1 [42]. The catalyst used is a Pt/H-ZSM5 with Si/Al ratio of 137, vide 
Section 2.1.4. The bench scale Berty-type CSTR setup described in Section 2.2.3, was used 
for this purpose. No catalyst deactivation was observed during the experimentation. The mass 
balance was verified using methane as internal standard. In the investigated range of 
operating conditions, the total n-hexane conversion ranged from 13% to 57%. Figure 6-1-a 
shows an increasing feed conversion with the space time as well as with the reaction 
temperature. The yields of 2-methylpentane and 3-methylpentane followed the same trend. 
Dibranched butane yields never exceeded 1%. Propane was the only detectable cracking 
product indicating that metal catalyzed C-C bond scission, also denoted as hydrogenolysis, 
did not occur. The cracking product yield amounted up to 2% only implying that the 
reactivity of 2-methylpentane towards (s;s) β-scission was marginal regardless of the reaction 
temperature. This follows directly from the high activation energy for this reaction family, 
i.e., about 30 kJ mol-1 higher than that required for (s;s) PCP branching, see also Table 3-1 
[43]. Cracking becomes more pronounced for n-heptane and heavier reactants where feed 
isomers can undergo type B β-scission, i.e., involving a tertiary carbenium ion [19, 22]. 
The ideality of the hydroconversion conditions was verified making use of the data 
presented in Figure 6-1-a. The n-hexane conversion exhibited an inverse relationship with the 
total pressure as expected in the case of quasi-equilibration of the alkane dehydrogenation 
step [44]. A similar conclusion could be drawn from Figure 6-1-b which visualizes the effect 
of a changing inlet hydrogen-to-hydrocarbon molar ratio on the n-hexane conversion. 
Increasing hydrogen partial pressures favour alkene hydrogenation towards alkanes and, 
hence, reduce the concentration of reactive intermediates and, as a consequence, also the feed 
conversion [44]. 
The 2-methylpentane production significantly exceeds that of 3-methylpentane, vide 
Figure 6-2, as confirmed by other studies [27, 41]. The 2-methylpentane/3-methylpentane 
yield ratio remains above 1.8 even up to considerable n-hexane conversions of about 50% 
before approaching the thermodynamic equilibrium ratio of 1.6. In contrast, the 2-
methylpentane/3-methylpentane yield ratio quickly evolves from 1 to the thermodynamic 





equilibrium ratio on bifunctional H-Y and USY zeolite catalysts [45]. As commented in the 
introduction, the origin of the peculiar isomer product distribution observed over ZSM5 
zeolites has already been attributed to several forms of shape selectivity induced by the 
catalyst framework [17, 21, 35]. 
 
 
Figure 6-1 Experimental (symbols) and simulated (lines) n-hexane conversion (Eqn. 2-2) as 
a function of the space time at 503 K (open) and 523 K (full), 1 MPa (diamonds), 
2 MPa (squares) and 3 MPa (circles), and an inlet H2-to-nC6 molar ratio between 
50 and 100 (a); at 503 K, 2 MPa (squares/full lines) and 3 MPa (circles/dashed 
lines), and an inlet H2-to-nC6 ratio of 50 (open), 75 (grey) and 100 (full) (b). 
Simulated n-hexane conversions were obtained using the SEMK model 
incorporating diffusion limitations (Section 6.3.1) with estimated diffusion 
coefficients reported in Table 6-2. 
 
 
Figure 6-2 Experimental (symbols) and simulated (lines) 2-methylpentane (squares), 3-
methylpentane (circles), and dimethylbutane yields (diamonds) (Eqn. 2-4) as a 
function of the total n-hexane conversion (Eqn. 2-2). n-Hexane conversions and 
isomer yields were simulated with the general SEMK model described in Section 
3-1 with Langmuir physisorption parameters determined by Cavalcante and 
Ruthven [35] and Denayer et al. [36] reported in Table 6-1 (short-dashed lines), 
with the SEMK model incorporating diffusion limitations (Section 6.3.1) with 
estimated diffusion coefficients reported in Table 6-2 (full lines), and with the 
SEMK model described in Section 6.5.1 applying the estimated Langmuir 
physisorption coefficients reported in Table 6-1 (long-dashed lines). 
 
 





6.2 Model regression routine 
SEMK model regression was carried out by use of minimization of the objective 
function in Eqn. 2-7, following the methodology described in Section 2.4. Herein, both 
dimethylbutane outlet flow rates were lumped into a single response resulting in a total of 4 
responses. The alkene standard protonation enthalpy for secondary carbenium ion formation 
constitutes an accurate descriptor for the catalyst average strength [45], see also Section 
3.1.3, and was determined by regression while the corresponding enthalpy for tertiary 
carbenium ion formation was taken 30 kJ mol-1 more negative [43]. The latter descriptor is 
not estimated because of the low impact of tertiary carbenium ions on the n-hexane 
hydroconversion kinetics on ZSM5, see Figure 6-3.  
The dehydrogenation equilibrium coefficient in Eqn. 3-5 and the single-event 
isomerization equilibrium coefficient in Eqn. 3-13 were calculated a priori from pure 
component thermodynamic data obtained from TRC tables [46]. The n-hexane physisorption 
saturation concentration was determined from the ratio of the catalyst micropore volume and 
the sorbate molar volume calculated via the Hankinson-Brobst-Thomson method [47]. As 
commented in Section 2.1.4, a typical value of 0.19 cm3 g-1 was used for the micropore 
volume [48]. The total acid site concentration was approximated by 1.2 10-4 mol g-1.  
Denayer et al. [36] determined the physisorption parameters in the single-site 
Langmuir expression, vide Eqn. 3-4, for a ZSM5 catalyst with an identical Si/Al ratio. The 
peculiar framework structure of ZSM5 consisting of two types of 10-membered pore 
channels, could induce a preferred physisorption of methylpentanes at the channel 
intersections [38], and of n-hexane in the sinusoidal channels at relatively high pressures. The 
latter phenomenon is often denoted as ‘commensurate freezing’ [49], and could lead to an 
inflection point in the physisorption isotherm [50, 51]. Such a physisorption behaviour was, 
however, not observed in experimental studies applying high temperatures and low partial 
pressures [31, 36, 52, 53] such as the ones used in the present work. Figure 6-4 shows the 
comparison between a single-site Langmuir isotherm, vide Eqn. 3-3, and a dual-site 
Langmuir isotherm as in Eqn. 6-1, for n-hexane and 2-methylpentane physisorption at 503 K 
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The standard physisorption enthalpy and entropy in the Langmuir coefficient for 
physisorption on type A and B physisorption sites, and the corresponding physisorption 
saturation concentrations were determined by Zhu et al. [38] for silicalite. The two types of 
physisorption sites correspond to sites located in the channels and at the channel 
intersections. At the reaction conditions considered in this work, no dual-site physisorption 
behaviour is expected at any feed conversion according to Figure 6-4 and, hence, a single-site 
Langmuir isotherm was used. 
 
 
Figure 6-3 Acid catalysis involved in n-hexane hydroconversion. Isomerization reactions 
involve hydride shifts (HS), methyl shifts (MS), PCP branching (PCP), while 
cracking occurs via β-scission (β). 
 
 
Figure 6-4  Single-site (dot) and dual-site (full) Langmuir isotherm for n-hexane (a) and 2-
methylpentane (b) at 503 K. The single-site Langmuir physisorption isotherm 
was calculated according to Eqn. 3-3 and with the physisorption parameters 
reported by Denayer et al. [36] and the catalyst micropore volume reported by 
Stach et al. [48]. The dual-site Langmuir isotherm was calculated according to 
Eqn. 6-1 and with the physisorption parameters reported by Zhu et al. [54], and 
the saturation concentrations reported in an earlier publication by the same 
authors [55]. Individual Langmuir isotherms for site types A and B contributing 
to dual-site Langmuir behaviour are depicted as dashed lines. the reactant 
partial pressure range applied in this chapter is indicated in grey. 
 
Intracrystalline diffusion, transition state shape selectivity and physisorption 
selectivity were consecutively implemented in the SEMK model to evaluate the dominant 
β 





factors in the observed selectivity effects. A best possible compromise is pursued between the 
statistical and physical significance of the model as a whole, as well as of the individual 
parameter estimates. 
6.3 Intracrystalline diffusion limitations 
6.3.1 Model development 
The potentially significant impact of mass transport limitations on the observed 
reaction kinetics has been recognized in the field of catalysis since long [56]. Slowly 
diffusing reactants that simultaneously undergo fast reactions induce an incomplete 
utilization of the catalyst crystallite as internally located active sites may be out of reach for 
the reactants [12]. As a result, apparent reaction orders and activation energies deviate from 
the intrinsic ones [57]. In the case of irreducible transport phenomena, such a deviation may 
be avoided by using a fundamental model which unambiguously accounts for intracrystalline 
diffusion phenomena in addition to the intrinsic reaction kinetics. Klemm and Emig [58] 
determined the Fick diffusion coefficients of xylene isomers during transient isomerization 
experiments over an H-ZSM5 catalyst. More recently, Hansen et al. [59] modelled benzene 
alkylation data over H-ZSM5 by means of kinetic Monte Carlo simulations with diffusion 
coefficients determined from Molecular Dynamics (MD). A theoretical study by Roberts and 
Lamb [60] found that diffusion limitations could very well result in a change in product 
selectivities from reversible reactions such that thermodynamic equilibrium is no longer 
established. More specifically for n-nonane hydroconversion, Kinger et al. [21] attributed the 
preferred formation of 2-methyloctane compared to other monobranched isomers, to such a 
diffusion effect. As commented in the introduction, dimethylbutanes being practically 
immobile would be indicative for their pronounced tendency to debranch to a 2-methylpentyl 
ion upon formation [19, 27]. 
 
Average net production rate 
 
Intracrystalline diffusion limitations induce a non-uniform concentration profile over 
the catalyst crystallite. The net production rate of each sorbate species in the continuity 
equations constitutes an averaged value over the catalyst crystallite characteristic length:  
 =    !"!d!$        [6-2] 





with  the average net production rate of component i, and L the crystallite 
characteristic length, e.g., the crystallite radius in case of a spherical geometry. The crystallite 
geometry is assessed by the shape factor s which equals 0, 1, and 2 for respectively a slab, 
cylindrical and spherical geometry [61]. In practice, a number of equidistant grid points is 
defined and a trapezoidal discretization procedure is followed for integration of Eqn. 6-2: 
 = %	'()*∑ +,!-.!- + ,!-.!- /'()*-0     [6-3] 
with ngrid the number of intracrystalline grid points, Ri(yi) the net production rate of 
component i evaluated at position yj inside the crystallite, and yj the length coordinate with 
respect to grid point j. The trapezoidal discretization procedure in Eqn. 6-3 would 
overestimate reaction at the crystallite external surface which might contribute to the overall 
reaction kinetics [62, 63]. This contribution is separately accounted for by setting ngrid equal 
to the maximum number of ZSM5 unit cells (≈ 2 nm [64]), nucell, in the catalyst crystallite: 
1234 ≈ %	'67899 !$"       [6-4] 
Assuming a crystallite radius of 0.25 µm, nucell amounts up to 125. The net 
production rate in the continuity equation (Eqn. 2-10), hence, equals the sum of the net 
production rate averaged over the catalyst crystallite following Eqn. 6-3, and the net 
production rate evaluated at the external surface (Eqn. 6-4). Owing to the low exothermicity 
exhibited during alkane hydroconversion, no energy balance was considered in the model. 
For the expression of a non-isothermal problem, the work of Cardoso and Rodrigues [65] is 
referred to. 
 
Intracrystalline concentration profile 
 
The steady-state sorbate concentration at a specific grid point inside the catalyst 
crystallite is determined by integrating the unsteady-state mass balance with the time for each 
alkane until the steady state is reached, i.e., until no significant concentration changes occur 
[58, 66]:   
::; = < ::< =!> ::<? +        [6-5] 
Herein, Di represents the Fick diffusion coefficient of i. Introduction of a 
dimensionless length ξ: 
  @ = %<           [6-6] 





and the site occupancy θi of component i which is related to its concentration via the 
saturation concentration 1: 
A =          [6-7] 
yields a partial differential equation for each sorbate species considered in a mixture 
with n components: 
1 :B:; = − DE =F> :B:F + :G:F :B:F + > :EB:FE ? +  								H = 1, … , K  [6-8] 
with boundary conditions: 
  
A = A1234	at	@ = 1:B:F = 0	at	@ = 0 O		∀Q       [6-9] 
and initial conditions: 
  
A = A1234	at	@ = 1A = 0	at	@ ≠ 1 S 	at	Q = 0       [6-10] 
The boundary conditions imply a symmetric concentration profile over the crystallite. 
Initially, the sorbate concentration equals zero at any point inside the crystallite, and equals 
A1234 at the external surface as illustrated in Figure 6-5 for component i. Eqn. 6-8 is often 
expressed in matrix form: 
TU :V:; = − DTUE =FW :V:F + :W:F :V:F + W :EV:FE? + X     [6-11] 
with D a (n x n) matrix containing the Fick diffusion coefficients, Cs a (n x n) 
diagonal matrix with the physisorption saturation concentrations, and θ and R (n x 1) 
matrices containing the site occupancies and net production rates, respectively. 
A total number of 40 intracrystalline grid points were introduced, implying that Eqn. 
6-11 needs to be solved at 20 grid points owing to the imposed symmetry with respect to the 
crystallite centre. A spherical crystallite geometry was assumed as in many other works [58, 
59, 67], because it can be considered as the most adequate approximation of the real 
geometry in case of small crystallite sizes. L in Eqn. 6-8 then equals the equivalent spherical 
diameter and is taken as 0.5 µm. The derivatives of the site occupancy and the Fick diffusion 
coefficient to the dimensionless length ξ in Eqn. 6-11 were approximated via the central 
difference method. Time integration was carried out with the DVODE subroutine available at 
NETLIB [68] until relative differences in concentration profiles became inferior to a user-





defined tolerance of 0.01%. No effect of hydrogen on the diffusion behaviour of the sorbate 
alkanes was considered and, hence, Eqns. 6-9 to 6-11 only need to be solved for the alkanes 
in the reaction network. Permeation experiments performed by Kapteijn et al. [69] 
demonstrated that, indeed, the mass transport of a hydrocarbon such as n-butane through 
silicalite was close to unaffected by the presence of hydrogen at reaction conditions such as 
the ones considered in this work. 
 
 
Figure 6-5 Illustration of a discretized site occupancy profile of component i at t = 0 (open) 
and at steady-state (full) following Eqn. 6-8 with boundary and initial conditions 
given in respectively Eqn. 6-9 and eqn. 6-10. 
 
Multicomponent diffusion through a microporous structure 
 
Diffusion through a microporous substrate is generally dominated by strong 
physisorption effects over conventional bulk and Knudsen diffusion. Such a diffusion regime 
was earlier denoted as ‘configurational diffusion’, and is characterized by strong pressure 
gradients, steric effects and viscous flow [70]. The Fick diffusion coefficient is usually a 
complex function of the pore occupancy which limits its capability to accurately describe 
mass transport in this regime [71]. The Stefan-Maxwell theory is often followed instead as it 
enables to physically interpret multicomponent diffusion phenomena in terms of pure 
component data [72]. The Stefan-Maxwell theory was found particularly useful in describing 
multicomponent diffusion through silicalite and high-silica H-ZSM5 catalysts such as the one 
used in this work [73]. The Fick diffusion coefficient Di of component i is expressed as the 
product of the corrected diffusion coefficient >Y, and a thermodynamic correction factor Γi 
related to the mixture non-ideality: 
  > = >YZ         [6-12] 





The above expression is derived from a force balance over each species in the 
diffusing mixture. Consequently, the corrected diffusion coefficient could be related to the 
inverse of a drag coefficient assessing the extent of friction with the catalyst surface [70]. The 
corrected diffusion coefficient depends on the site occupancy, physisorption site 
heterogeneity and channel connectivity [74]. A complex function in the above properties is 
not further elaborated in the present chapter in order to maintain the focus on identifying the 
dominant shape selectivity effects in n-hexane hydroconversion on Pt/H-ZSM5. Instead, the 
corrected diffusion coefficient is expressed as a linearly decreasing function of θi as applied 
earlier [75, 76]: 
>Y = >Y$ [1 − ∑ \ A-'-0 ]       [6-13] 
with >Y$ the corrected diffusion coefficient at zero occupancy. In Eqn. 6-13, the site 
occupancy of each component is considered implying that the other sorbate molecules can 
occupy potential physisorption sites of component i [66]. In order to keep the model 
complexity to an acceptable level, no ‘drag’ effects between diffusing species are accounted 
for yet in the present chapter and, hence, no interspecies diffusion coefficients as quantified 
by the Stefan-Maxwell theory, are required. In case of strong confinement as expected with 
hexane isomers in ZSM5, such interspecies correlation effects are likely weaker and diffusion 
is primarily determined by sorbate-sorbent interactions [77]. No Arrhenius relationship of the 
corrected diffusion coefficients with the reaction temperature was incorporated considering 
the relatively low diffusional activation energies reported in the literature [78-81], and the 
relatively limited temperature range in which the experimental data were acquired in this 
work. 
The mixture non-ideality comprised in the thermodynamic correction factor in Eqn. 6-
12, is defined by the component fugacity fi [75]: 
Z = : ^_`: ^_         [6-14] 
Considering the Langmuir isotherm in Eqn. 3-1, the thermodynamic correction factor 
can be expressed as a function of the site occupancy [82]: 
Z = 1 + Ba∑ b\bB\\
        [6-15] 





Eqn. 6-15 accounts for differences in saturation concentrations between the diffusing 
species, and ensures a total site occupancy which cannot exceed 1 relatively to the saturation 




The net production rate in Eqn. 6-8 is determined via the SEMK model described in 
Section 3.1 and using literature reported physisorption parameter values, vide Table 6-1. 
Dehydrogenation equilibrium between alkanes and alkenes at each internal grid point implies 
highly dispersed platinum particles over the crystallite. Incipient wetness techniques such as 
the one used in this work, give rise to Pt particles in the sub-nanometer range which primarily 
reside within the zeolite framework [84]. Only catalyst samples with a Pt loading exceeding 2 
wt% showed metal particles located on the external crystallite surface. Martens and Jacobs 
[85] observed a sudden change in n-decane hydroconversion product distribution over Pt/H-
ZSM5 only from Pt concentrations of 1 wt% on. The establishment of ideal hydroconversion 
at each point inside the catalyst crystallite is therefore assumed valid.  
 
Table 6-1 Reported standard physisorption enthalpies, physisorption saturation 
concentrations and Langmuir physisorption coefficients [35, 36, 48], and 
estimated Langmuir physisorption coefficients using the SEMK model described 
in Section 6.5.1, of n-hexane and its isomers on H-ZSM5 (Si/Al = 137) at 503 K. 
 
component −Δd$,efg (kJ mol-1) 
Cs 





n-hexane 68.8 7.0 10.3 10.3a 
2-methylpentane 66.8 5.6 7.5 7.5a 
3-methylpentane 66.0 4.8 7.5 10.0 (± 0.4)b 
2,2-dimethylbutane 63.9 3.2 6.6 9.5 (± 0.7) 103 
2,3-dimethylbutane 63.4 2.1 9.5 8.0 (± 6.7) 103 
a
 fixed parameter 
b
 95% confidence interval 
 
Together with the alkene standard protonation enthalpy for secondary ion formation, 
the corrected diffusion coefficients of n-hexane, 2-methylpentane and 3-methylpentane at 
zero occupancy were estimated via model regression. Considering the large discrepancies 
between alkane diffusion coefficients measured from different experimental techniques [79, 
86, 87], a broad range of orders of magnitude, i.e., 10-12 to 10-17 m2 s-1, were screened as 
initial values. The diffusion coefficients of both dimethylbranched species were fixed at a 





value which is two orders of magnitude lower than the diffusion coefficients of the 
methylpentanes [88, 89], to express the pronounced diffusion limitations experienced by the 
dibranched species. No diffusion limitations were considered for propane. 
6.3.2 Model validation 
Application of the modelling methodology described in Section 6.3.1 resulted in a 
globally significant regression, as evidenced by an F value of 2,000 which exceeds the 
tabulated value by three orders of magnitude. The diffusion coefficients of n-hexane, 2-
methylpentane and 3-methylpentane were significantly estimated, vide Table 6-2, and 
exhibited no pronounced correlation. Together with the activation energies reported in Table 
3-1, the Langmuir physisorption parameters reported in Table 6-1 and an estimated alkene 
standard protonation enthalpy for secondary ion formation of -70.2 (± 0.2) kJ mol-1, the 
catalyst activity for n-hexane conversion could be accurately reproduced as demonstrated in 
Figure 6-1. Slight deviations from the experimental data are observed at 503 K, 2 MPa and an 
inlet hydrogen-to-hydrocarbon molar ratio of 100, and at 3 MPa and an inlet hydrogen-to-
hydrocarbon molar ratio of 50, and could be due to shortcomings of the model at relatively 
high site occupancies. Nevertheless, the model was able to qualitatively predict the effect of a 
changing reaction condition on the overall n-hexane conversion in all cases. 
 
Table 6-2 Estimated corrected diffusion coefficients for n-hexane, 2-methylpentane and 3-
methylpentane using the SEMK model described in Section 6.3.1. 
 
component >Y$ (10-16 m2 s-1) 
n-hexane 22.3 (± 0.1)a 
2-methylpentane 12.9 (± 0.2) 
3-methylpentane 4.1 (± 0.1) 
  
a
 95% confidence interval 
 
The yields of 2-methylpentane and 3-methylpentane were satisfactorily reproduced, 
vide Figure 6-2. The estimated diffusion coefficient of 3-methylpentane was about three 
times lower than that of 2-methylpentane. This implies more pronounced transport limitations 
within the catalyst crystallites for the former species. As a result, thermodynamic equilibrium 
between both species is not established. A two- to threefold higher diffusion coefficient for 2-
methylpentane compared to its monomethyl isomer was confirmed from the sparse 





comparative studies available in literature [30, 31]. Jama et al. [31] reported a 6 times higher 
diffusion coefficient for n-hexane compared to 3-methylpentane which also agrees well with 
the results presented here. Ferreira et al. [10] found a range of 1.1 to 3 for the diffusion 
coefficient ratio of n-hexane and 2-methylpentane which includes the estimated ratio 
obtained in this work. Both dimethylbutanes were simulated as nearly completely immobile 
inside the crystallite upon formation. The observed dimethylbutane yields which 
experimentally amounted up to 0.1% only could, according to the methodology presented in 
Section 6.3.1, only be ascribed to reaction at the crystallite external surface via Eqn. 6-4. The 
simulated dimethylbutane yields remained within the same order of magnitude of the 
corresponding experimental data. 
As demonstrated above, the peculiar n-hexane hydroconversion product distribution 
obtained on Pt/H-ZSM5 could be accurately described by incorporating the diffusion 
coefficients reported in Table 6-2. Large discrepancies exist in reported diffusion coefficients 
as measured by different techniques. The latter were often ascribed to various factors 
disguising the observed diffusion phenomena such as intercrystallite energy barriers [88, 90-
92], heat transfer effects upon physisorption [91, 93], and carrier gas effects [94], among 
others. Microscopic techniques such as pulsed-field gradient NMR and quasi-elastic neutron 
scattering are often considered to be less prone to the above effects and, possibly as a result, 
the diffusion coefficients measured via these techniques are usually three to four orders of 
magnitude higher than those obtained from macroscopic measurements [86, 87]. However, 
the current ‘mean-field’ approach (Eqn. 6-13) leads to corrected diffusion coefficient 
estimates which relate well with values obtained from macroscopic measurement techniques 
such as uptake [30], chromatography [31], infrared mapping [95], and TAP [94]. A similar 
observation was made by Hansen et al. [59] who ultimately applied corrected diffusion 
coefficients for all aromatic species involved in benzene alkylation with ethylene, which were 
more than three orders of magnitude lower than those initially simulated from MD, the latter 
technique agreeing well with results from microscopic measurements [96, 97]. The reason 
why the species diffusion coefficients obtained in this and in Hansen’s work correlate better 
with the reported values specifically obtained from macroscopic measurement techniques, is 
not fully resolved yet. Eqn. 6-12 whether or not complemented with a mean field approach 
such as in Eqn. 6-13, was applied to numerous both microscopic and macroscopic 
physisorption studies [51, 80, 89, 96, 98-100]. Similar discrepancies between results of both 





groups of techniques as commented above, remained and, as in this work, these discrepancies 
could not be ascribed to the methodology used to extract the diffusion parameters from the 
experimental data. 
The SEMK model described in Section 6.3.1 is both physically and statistically 
significant and, consequently, allows to extract information on the intracrystalline diffusion 
phenomena involved. Figure 6-6 shows the site occupancies of n-hexane, 2-methylpentane, 3-
methylpentane and dimethylbutane relative to their saturation concentration, vide Eqn. 6-7, at 
a total n-hexane conversion of 10% (a) and 50% (b). The right-hand side of Figure 6-6 shows 
the corresponding net production rates evaluated at each grid point. Note that the site 
occupancy profiles and, consequently, the net production rate profiles are symmetrical and 
are only presented partly. No pronounced mass transport limitations were simulated for n-
hexane resulting in a nearly uniform profile. A slightly steeper curvature of the site 
occupancy profile is observed for 3-methylpentane compared to 2-methylpentane originating 
from the threefold lower diffusion coefficient of the former species. As a result, the net 
production rate of 3-methylpentane remains lower than that of 2-methylpentane at any point 
inside the crystallite except near the surface. Owing to fast 1,2-methyl shifts, unconstrained 
reaction at the crystallite external surface strives to establish thermodynamic equilibrium 
between both components resulting in a net consumption of 2-methylpentane in that area. 
Strong variations in intracrystalline concentrations are observed for dimethylbutanes. The 
observed yields towards these species are almost exclusively the result from reaction at the 
crystallite external surface. 
The Thiele modulus and the corresponding effectiveness factor are rigorous measures 
for the impact of diffusion phenomena on the apparent kinetics. Eqns. 3-1, 3-3 and 3-4 
suggest a nearly first-order dependence of the reaction rate on the physisorbed alkane 
concentration and, hence, the Thiele modulus expression for a first-order reaction is applied 
[101]:  
  h = % "ijG         [6-16] 
Herein, D is averaged over the crystallite length scale while k is evaluated at the 
crystallite external surface. Note that D is determined via Eqns. 6-12 to 6-15 and, hence, 
varies with the total n-hexane conversion. Particularly for a spherical crystallite geometry, 





Aris [101] determined the following analytical expression for the effectiveness factor as a 
function of the Thiele modulus defined in Eqn. 6-16: 
  k = lm nopflmalmE         [6-17] 
 
Figure 6-6 Simulated site occupancies (left, full symbols) and net production rates (right, 
open symbols) of n-hexane (squares), 2-methylpentane (circles), 3-methylpentane 
(diamonds) and dimethylbutanes (triangles) in the catalyst crystallite as a 
function of the dimensionless length coordinate at 503 K, 2 MPa, an inlet H2-to-
nC6 molar ratio of 50 and a total n-hexane conversion of 10% (a), and at 523 K, 
1 MPa, an inlet H2-to-nC6 molar ratio of 50 and a total n-hexane conversion of 
50% (b). To this purpose, the SEMK model described in Section 6.3.1 with 
estimated diffusion coefficients reported in Table 6-2 was applied. 
 
The variation of the effectiveness factor with the Thiele modulus is depicted in Figure 
6-7 for both the PCP branching and the methyl shift reactions in the reaction network. Only a 
limited extent of mass transport limitations were found earlier for n-hexane resulting in a 
relatively low Thiele modulus for isomerization towards any of the methylpentanes and, 
correspondingly, an effectiveness factor close to 1. A similar conclusion could be drawn for 
PCP branching reactions involving a monobranched alkane reactant. Diffusion limitations 
are, on the other hand, more significant for the fast methyl shift reactions especially in case of 
a 3-methylpentyl ion reactant. Any reaction involving a dimethylbranched ion reactant is 
strongly diffusion limited owing to the low diffusion coefficient of the corresponding alkane.  
Figure 6-7 contains information on the apparent kinetics of any isomerization reaction 
involved in the reaction scheme given that the reactants were fed from the bulk phase. 
However, no further information could be extracted regarding the potentially sluggish 
transport of the reaction product towards the bulk phase. Figure 6-8 shows the net production 
rates of n-hexane, 2-methylpentane and 3-methylpentane averaged over the catalyst 
crystallite, and evaluated at the crystallite surface. While differences between both rates 
remain rather limited for n-hexane, remarkable discrepancies were observed for both 





methylpentanes. Owing to the higher diffusion coefficient of 2-methylpentane, the production 
of this species is initially preferred. Reaction at the external surface mainly forms 3-
methylpentane via rapid methyl shifts leading to a negative net production rate of 2-
methylpentane. Conversely, reaction in the catalyst micropores indicates an increased 
production of 2-methylpentane in the entire conversion range and could only be the result 
from the isomerization of 3-methylpentane. The latter exhibits indeed a low net production 
rate relative to the value expected if diffusion limitations would be absent. Apparently, a 
threefold lower corrected diffusion coefficient for 3-methylpentane compared to 2-
methylpentane alone gives already rise to a hydroconversion pattern which is substantially 
different from that observed over non-shape selective catalysts.  
 
 
Figure 6-7 The effectiveness factor (Eqn. 6-17) as a function of the Thiele modulus (Eqn. 6-
16) for the PCP branching reactions (full grey areas) and methyl shifts (shaded 
grey areas) in the n-hexane hydroconversion network (Figure 6-3) involving a n-
hexyl (nC6), 2-methylpentyl (2MC5), 3-methylpentyl (3MC5) or dimethylbutyl 
(DMC4) carbenium ion reactant, calculated with the SEMK model described in 
Section 6.3.1 with estimated diffusion coefficients reported in Table 6-2. 
6.4 Transition state shape selectivity 
6.4.1 Model development 
The experimental n-hexane hydroconversion data could be reasonably well described 
by incorporating intracrystalline diffusion effects as elaborated in Section 6.3. Other forms of 
shape selectivity were proposed in literature which determine the hydroconversion 
performance of ZSM5 catalysts, and are evaluated in the subsequent sections. Pioneering 
researches on alkane hydroconversion on ZSM5 attributed the higher selectivity towards the 





2-methyl isomer to transition state shape selectivity in the formation of the PCP complex 
during n-alkane isomerization [4, 17, 18, 22]. These authors considered the PCP complex (≈ 
0.43 nm [102]) being less confined when located at a terminal position in the alkyl chain as 
an explanation for the preferred 2-methyl alkane formation over any other monobranched 
isomer. Figure 6-9 gives a simplified representation of the transition states involved in the 
PCP branching reactions in Figure 6-3, and constitutes a first indication that no pronounced 




Figure 6-8 Average net production rates (black lines) and net production rates evaluated at 
the crystallite external surface (grey lines) of n-hexane (full), 2-methylpentane 
(long dash) and 3-methylpeltane (short dash) as a function of the total n-hexane 
conversion (Eqn. 2-2), calculated with the SEMK model described in Section 
6.3.1 with estimated diffusion coefficients reported in Table 6-2. 
 
 
Figure 6-9 Simplified representation of the PCP branching reactions and transition states 
involved in n-hexane hydroconversion. 
 
Transition state shape selectivity for a particular reaction was implemented in the 
SEMK model by increasing the corresponding activation energy for that reaction only. The 





activation energies for the PCP branching reaction families are reported in Table 3-1 and are 
typically 25-30 kJ mol-1 higher than those of 1,2-alkyl shifts involving reactant and product 
ions of the same type [43]. The activation energy of each PCP branching reaction involving a 
different reactant ion and/or transition state was estimated via SEMK model regression while 
assuming the corresponding activation energy reported in Table 3-1, as the initial and 
minimum value. Thermodynamic consistency between forward and reverse reactions was 
accounted for. 
6.4.2 Model validation 
The F value for the global significance of the model amounted up to only 885. The 
alkene standard protonation enthalpy for secondary carbenium ion formation constituted the 
only significantly estimated parameter in contrast to any of the activation energies for PCP 
branching. Intramolecular methyl shifts in the n-hexane hydroconversion mechanism (Figure 
6-3) induced fast establishment of thermodynamic equilibrium between 2-methylpentane and 
3-methylpentane. A better agreement between model and experiment could only be achieved 
by additionally imposing considerably stronger restrictions on the formation of the three-
center, two-electron bond transition state of the 1,2-methyl shift reactions. However, this is 
physically not evident as the carbon-carbon bond distances in the transition state structures 
for both 1,2-methyl shifts and PCP branching are comparable as determined from ab initio 
calculations [103, 104]. 
Weitkamp et al. [18] investigated the monobranched isomer distribution from n-
nonane to n-hexadecane hydrocracking over a Pt/H-ZSM5 at low feed conversions between 1 
and 10%. In this conversion range, transition state shape selectivity could have induced some 
degree of deviation from thermodynamic equilibrium within the monobranched isomer lump. 
However, from intermediate conversions onwards as observed at the reaction conditions 
applied in this work, and considering the PCP branching reactions in Figure 6-9, the peculiar 
n-hexane hydroconversion performance of Pt/H-ZSM5 could not be primarily ascribed to 
transition state shape selectivity.  





6.5 Physisorption selectivity 
6.5.1 Model validation 
Physisorption selectivity exhibited by a catalyst can typically be understood by 
differences in Langmuir physisorption parameters and/or physisorption saturation 
concentrations between the various sorbate molecules involved. Denayer et al. [36] 
determined the Langmuir physisorption parameters for n-hexane and all of its isomers on an 
H-ZSM5 catalyst with an identical Si/Al ratio of 137. Subtle differences were measured in 
standard physisorption enthalpy between each of the hexane isomers, vide Table 6-1. A 
similar observation was made in other experimental studies on silicalite at various operating 
temperatures [33, 35, 38]. Propane physisorption is negligible owing to its low Langmuir 
physisorption coefficient which, according to its dependence on the sorbate carbon number 
[50, 105], would be more than one order of magnitude lower than the coefficient for n-hexane 
and any of its isomers.  
The physisorption saturation concentration varies with the sorbate branching degree in 
case of frameworks leading to confinement. Cavalcante and Ruthven [35] and Zhu et al. [38] 
found that the maximum sorbate capacity of silicalite for 2-methylpentane and 3-
methylpentane was about 70-80% of the capacity measured for n-hexane. The latter was 
attributed to a less favourable packing of branched species inside the pore channels [106]. 
Even lower values for the physisorption saturation concentration for 2,2-dimethylbutane and 
2,3-dimethylbutane were measured. Monte Carlo simulation results were in line with these 
experimental findings as they indicated a maximum physisorption loading of 8 n-hexane 
molecules per MFI unit cell at 300 K, which contrasted with a maximum loading of about 6 
molecules per unit cell for 2-methylpentane, and of only 4 for 2,2-dimethylbutane [50, 107, 
108]. A 2,2-dimethylbutane physisorption saturation concentration half of the value 
calculated for n-hexane was experimentally confirmed by Yu et al. [109], and suggested that 
2,2-dimethylbutane exclusively resided at the channel intersections within the pore 
framework. 
The physisorption saturation concentration of n-hexane was determined from the 
catalyst micropore volume and the sorbate molar volume at the reaction temperature 
considered, vide Section 6.2. Conversely, the physisorption saturation concentration of each 
hexane isomer was determined from the relative difference with the physisorption saturation 





concentration for n-hexane as reported by Cavalcante and Ruthven [35], vide Table 6-2 at 
503 K. n-Hexane physisorption is slightly favoured over any of its isomers owing to a higher 
standard physisorption enthalpy and physisorption saturation concentration [33, 35, 38].  
The Langmuir physisorption coefficients and physisorption saturation concentrations 
reported in Table 6-1 were implemented in the SEMK model for n-hexane hydroconversion 
described in Section 3.1. The alkene standard protonation enthalpy for secondary carbenium 
ion formation was estimated during model regression along with the Langmuir physisorption 
coefficients of 3-methylpentane and both dimethylbutanes. The Langmuir physisorption 
coefficient of n-hexane was not varied as it exhibited strong correlation with the alkene 
standard protonation enthalpy. For the same reason, the Langmuir physisorption coefficient 
of 2-methylpentane was fixed as it strongly correlates with the coefficient of 3-methylpentane 
in optimizing the 2-methylpentane/3-methylpentane yield ratio. 
6.5.2 Model validation 
The F value for global significance of the regression amounted up to 2,900 exceeding 
the one obtained when accounting for intracrystalline diffusion limitations, vide Section 
6.3.2. The alkene standard protonation enthalpy was estimated at -70.9 ± 0.3 kJ mol-1. A 
slightly better agreement between experimental and simulated n-hexane conversion (not 
shown) and isomer yields (Figure 6-2) could be obtained with the estimated Langmuir 
physisorption parameters reported in Table 6-1. It is immediately evident that the estimates 
for the physisorption coefficients of both dimethylbutanes are physically not realistic. They 
are extremely high and mathematically result into a pronounced debranching towards 2-
methylpentane. Such high physisorption coefficients were not observed in any experimental 
nor theoretical study, and could therefore not provide a physical interpretation of the low 
affinity of ZSM5 towards dibranched alkane production. For comparison, the simulated 
isomer yields obtained with the literature reported physisorption parameters are also shown in 
Figure 6-2. In this case, the catalyst practically behaved as a non-shape selective catalyst 
leading to a considerable production of dimethylbutanes. The latter were barely above the 
detection limits and, hence, their negligible production is not reflected by their Langmuir 
physisorption coefficient reported in literature. 
The Langmuir physisorption coefficient of 3-methylpentane increased about 30% 
relative to its initial value and approached the coefficient for n-hexane at 503 K. As a result, 





the conversion towards both 2-methylpentane and 3-methylpentane could be accurately 
reproduced, see Figure 6-2. However, a distinctly higher Langmuir physisorption coefficient 
for 3-methylpentane was not observed in any experimental study. Conversely, the 
physisorption of 2-methylpentane was always similar to that of 3-methylpentane or even 
slightly favoured [35, 36, 38, 106]. Together with the unrealistically high Langmuir 
physisorption coefficients estimated for 2,2-dimethylbutane and 2,3-dimethylbutane, the 
current SEMK model fails to provide a physically relevant explanation of the peculiar n-
hexane hydroconversion product selectivities observed on Pt/H-ZSM5 based on 
physisorption selectivities. Despite the lower F value obtained from model regression in 
Section 6.3.2, the incorporation of intracrystalline diffusion limitations in the SEMK model 
turned out to be vital to physically interpret the experimental data and, hence, mass transport 
limitations for any hexane isomer can be designated as the dominant shape selectivity effect 
exhibited by the ZSM5 framework.  
6.6 Conclusions 
A Single-Event MicroKinetic (SEMK) assessment of n-hexane hydroconversion on 
ZSM5 has allowed a quantitative determination of the origin of the peculiar shape selectivity 
effects that were observed. 2-Methylpentane yields and selectivities that systematically 
exceeded that of 3-methylpentane, and even those expected from thermodynamic 
equilibrium, were obtained. 2,2-Dimethylbutane and 2,3-dimethylbutane were produced only 
to a negligible extent. Based on a combined statistical and physical assessment of the 
performance of alternative SEMK models, intracrystalline diffusion limitations and not 
transition state selectivity nor physisorption selectivity effects, were found to be at the origin 
of the observed selectivity effects. Pronounced differences between the diffusion coefficients 
of the species involved can be related to the pore dimensions of the ZSM5 framework which 
approach the sorbate molecular diameters. Corrected diffusion coefficient estimates at zero 
site occupancy that were implemented in a ‘mean field’ model to describe multicomponent 
diffusion inside the catalyst crystallite, were in line with reported values from macroscopic 
measurement techniques. A threefold lower corrected diffusion coefficient of 3-
methylpentane compared to 2-methylpentane resulted in a significantly hindered mass 
transport of the former species. Both 2,2-dimethylbutane and 2,3-dimethylbutane were found 
to be nearly immobile upon formation, and debranched to a 2-methylpentane rather than 





diffusing out of the catalyst micropores towards the bulk phase. The marginal conversion 
towards these species could almost exclusively be attributed to reaction at the crystallite 
external surface.  
This study presented an assessment of the dominant shape selective effects involved 
in n-hexane hydroconversion over Pt/H-ZSM5, and could serve as a benchmark in analyzing 
the performance of MFI-based materials in any reaction involving species of similar 
molecular diameter. In addition, a general model methodology is developed which is able to 
simultaneously incorporate the fundamental kinetics of complex reaction networks via the 
SEMK methodology, and diffusion through a catalyst crystallite. Further unraveling the 
diffusion phenomenon in terms of catalyst descriptors which fundamentally assess the 
dependency of the sorbate diffusion coefficient on the catalyst framework properties, would 
open up the route towards a model-guided design of advanced microporous materials for any 
reaction in which reactants and/or products are sensitive to intracrystalline mass transport 
limitations. 
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Maxwell, mean field and 
SEMK methodology for 
simultaneous diffusion and 
reaction 
 
Reactor design and process optimization are nowadays guided by versatile reactor and 
kinetic models enabling comprehensive analyses in the desired operating range [1, 2]. A 
major challenge in catalysis remains to adequately described the reaction kinetics in the 
presence of pronounced mass transport limitations in the catalyst micropores. Simultaneous 
diffusion and reaction through a porous substituent is quantified by Fick’s second law via the 
Fick diffusion coefficient, vide Eqn. 6-5. As commented in Chapter 6, the Fick diffusion 
coefficient generally exhibits a complex dependence on the diffusing mixture composition 
and reaction pressure as evidenced by apparently irrational inflection points [3]. Hence, a 
comprehensive assessment of multicomponent diffusion could not be achieved via Fick’s law 
only. Especially for diffusion through microporous substituents where Van der Waals 
interactions usually dominate over conventional bulk and Knudsen diffusion [4], various 
methodologies were developed to physically interpret the peculiar trends in Fick diffusion 
coefficients with varying sorbate concentrations. Some approaches make use of two- and 
three-dimensional lattice models combined with kinetic Monte Carlo simulations to 
determine the movements of interacting sorbate molecules per time unit [5-10], while others 





use approximate analytical and numerical methods for often simple lattice models aiming at a 
qualitative assessment [4, 11-16]. The Stefan-Maxwell formulation for multicomponent 
diffusion, on the other hand, manages to capture so-called ‘configurational diffusion’ in a 
more fundamental way. The theory was intensively elaborated by Krishna and co-workers 
and was reported in a large body of literature [17-24]. Trends in diffusion coefficients as 
determined via the Stefan-Maxwell theory, were found to agree well with Molecular 
Dynamics (MD) simulation results [21-24]. One of the main advantages of the Stefan-
Maxwell theory is that the diffusion coefficient of each species within a multicomponent 
mixture could be expressed as a function of single component parameters, also taking into 
account the sorbent structure. 
The effects of pore channel connectivity, physisorption site occupancy and 
heterogeneity on the sorbate diffusion behaviour was thoroughly investigated by Coppens 
and co-workers [25-27] who considered diffusion as an activated hopping mechanism 
between different sites located in a well-defined unit cell model. Application of a mean field 
approach which neglects any correlation between successive hops, led to a relatively simple 
expression for the self-diffusion coefficient in the occupancy of each physisorption site type. 
Combination of a mean field approach with the Stefan-Maxwell theory was found to agree 
rather well with kinetic Monte carlo simulation results in case of ZSM5 materials containing 
a low to moderate number of acid sites [28]. The integration of both approaches into a single 
methodology would enable to assess multicomponent diffusion via a limited set of analytical 
equations, explicitly containing catalyst descriptors similarly to those introduced in SEMK 
models for reaction kinetics. 
In Chapter 6, it was found that n-hexane hydroconversion on a high-silica Pt/H-ZSM5 
was primarily subjected to intracrystalline mass transport limitations, while other forms of 
shape selectivity remained relatively absent. A rather simple correlation between the Fick 
diffusion coefficient and the total site occupancy was applied in order to maintain the focus 
of that study on determining the dominant shape selective effects occurring alongside 
reaction. The present chapter further elaborates on this matter aiming at a fundamental 
description of simultaneous diffusion and reaction inside a catalyst crystallite based upon 
Fick’s second law for mass transport. Therefore, an integrated Stefan-Maxwell, mean field 
and SEMK methodology is developed which unequivocally quantifies the catalyst role in the 
overall diffusion and reaction mechanism and, hence, offers a maximum level of detailed 





insight in both phenomena via explicit analytical equations only. Initial developments of the 
concept have already been presented by Choudhury [29], and are further being elaborated in 
the present chapter. The model is validated using the n-hexane hydroconversion data reported 
in Chapter 6, and a comprehensive analysis of the catalyst descriptors impacting on the 
sorbate diffusion behaviour and overall catalyst performance is carried out afterwards. The 
latter demonstrates the versatility of the presented methodology in the ‘model-guided’ design 
of potentially any microporous catalyst giving rise to intracrystalline diffusion limitations.  
7.1 Model development 
7.1.1 Stefan-Maxwell theory for configurational diffusion 
In meso- and microporous materials, diffusion is controlled by both molecule-
molecule interactions and molecule-wall collisions, both phenomena denoted as respectively 
bulk and Knudsen diffusion [3]. The latter type typically prevails when pore dimensions are 
in the range of the molecular diameters. In case of strong Van der Waals interactions between 
sorbate and sorbent, transition towards the configurational diffusion regime occurs in which 
diffusion can be considered as a series of activated hops between regions of low potential 
energy representing the physisorption sites [30]. As commented before, the Fick diffusion 
coefficient in Eqn. 6-5 is rather impractical in fundamentally describing the diffusion 
phenomenon in such a case and, hence, the Stefan-Maxwell theory is commonly followed 
instead. The theory is based upon a force balance on each diffusing species within the sorbate 
mixture [19]. The driving force for mass transport is taken proportional to the chemical 
potential gradient, ∇, and is balanced by friction with the other diffusing species in the 
mixture. The vacant physisorption sites are treated as an additional, immobile pseudo-
component. E.g., for a (n + 1)-component system containing n sorbate species, the force 
balance with respect to species i is expressed as [3]: 
  −∇ = ∑ 	
 

 + 	 ,     [7-1] 
Herein, ui represents the velocity of component i. Lettat et al. [31, 32] considered 
volume fractions instead of site occupancies in Eqn. 7-1 and also assumed the velocity of 
pseudo-component n + 1, i.e., the one corresponding to the residual volume fraction inside 
the micropores or the empty sites, as non-zero in the Stefan-Maxwell equations. Van der 





Waals interactions can be considered as a form of friction against mass transport over the 
pore surface and is quantified by the second term on the right hand side of Eqn. 7-1. Herein, 
θn+1 represents the fraction of vacant physisorption sites. The surface Stefan-Maxwell or 
corrected diffusion coefficient is defined as: 
   = ,          [7-2] 
and could be considered as the inverse of a drag coefficient quantifying the drag force 
between sorbate and sorbent only. 
 in Eqn. 7-1 is denoted as the Stefan-Maxwell 
interspecies or countersorption diffusion coefficient, and is a measure for the frequency at 
which component j is replaced by component i at each physisorption site. Faster diffusing 
species are usually hindered by the slow components, while the latter experience a facilitated 
mass transport thanks to the ‘drag’ induced by the faster species. Especially the diffusion 
rates of the faster species tend to be strongly affected by the presence of slower sorbate 
molecules, while the diffusion behaviour of the latter species would remain nearly identical 
[30, 33]. Other interspecies correlation effects might arise from the concerted motion of 
sorbate clusters [34]. The countersorption diffusion coefficient at a given site occupancy is 






 !!!       [7-3] 
with  the so-called self-exchange coefficient assessing the correlation between 
successful jumps of species i [24]. Note that Eqn. 7-3 accounts for potential differences in 
sorbate saturation concentrations. 
 and 




         [7-4] 
A physically relevant expression for the self-exchange coefficient has not been 
derived yet. Semi-empirical functions in the corrected diffusion coefficient of the 
corresponding component introduced up to two model parameters per component which 
depend on the sorbate structure and the framework topology [13, 36-38]. Paschek and 
Krishna [39] found that assuming the self-exchange coefficient to be equal to the corrected 
diffusion coefficient of the corresponding species already resulted in a satisfactory agreement 
between the diffusion coefficients calculated via the Stefan-Maxwell theory, and those 
simulated with MD: 





   ≈          [7-5] 
In order to maintain the number of model parameters to an acceptable level, the above 
relation has been used in the present chapter. Multiplication of both sides of Eqn. 7-1 by 
θi/RT, and introduction of the surface molar flux Ni [3, 40]: 
  # ≡ %&'() = %&'(	)       [7-6] 
results in: 
  −%&'( *+ ∇ = ∑ ,-,-,.,. + -,.

       [7-7] 
Eqn. 7-7 accounts for potential differences in sorbate saturation concentrations in 
order to retain its physical relevance [40]. Introduction of the thermodynamic correction 
factor Γij as a function of the sorbate i fugacity yields [17]: 
  
*+ ∇ = 	 ∑ / 012/ 334
 ≡ ∑ 5
 334
      [7-8] 
As elaborated in Section 6.3.1, Γ accounts for the potential non-ideal behaviour of the 
diffusing mixture and is primarily responsible for the often complex trend in Fick diffusion 
coefficient with increasing occupancy for highly non-ideal mixtures. Introducing Γ and B as 
(n x n) matrices for respectively the thermodynamic correction factors, and the corrected and 
countersorption diffusion coefficients, leads to a general expression for the (n x 1) molar flux 
matrix N [40]: 
  6 = −%&'(789:∇;        [7-9] 
with 
  < =  + ∑ ==>> ,			<
(
) = −  ,			B, C = 1,2, … , G   [7-10] 
  5
 = 	 / 012/ = H
 +        [7-11] 
The convenient expression for the thermodynamic correction factors follows directly 
from the single-site multicomponent Langmuir isotherm applied in this work, vide Eqn. 3-3 
[17]. Following Fick’s first law of diffusion, N is commonly expressed as the product of a 
vector θ with the concentration gradients, and a (n x n) matrix D containing the Fick diffusion 
coefficients: 
  6 = −%&'(78I∇;        [7-12] 





Combination of Eqns. 7-9 and 7-12 leads to a general expression for the Fick 
diffusion coefficient matrix D in which mixture non-ideality effects are decoupled from 
inherent diffusion effects [17]: 
  I = 9:         [7-13] 
Note that Eqn. 7-13 is an extended version of Eqn. 6-12 for a n-component mixture. 
The corrected diffusion coefficients are often extracted from MD computation which is 
commonly combined with the Ideal Adsorption Solution Theory (IAST) assessing 
multicomponent physisorption [41]. Doing so, the main advantage of the Stefan-Maxwell 
theory to unravel the complex nature of the Fick diffusion coefficient, is counterbalanced by 
time-consuming computations which severely extend with increasing feed carbon numbers. 
Vast model simulations are preferably avoided in model-guided process analysis and catalyst 
design routines and, therefore, an explicit, analytical expression for the dependency of the 
corrected diffusion coefficient on the site occupancy and the catalyst framework parameters 
is urged upon [42]. The latter is accomplished by integrating a mean field approach for 
diffusion through a catalyst unit cell as demonstrated in Section 7.1.2. 
7.1.2 Mean field approach for diffusion through an MFI unit cell 
The corrected diffusion coefficient can be related to the mean displacement distance λ 
and the jump frequency νi which, in turn, depends on the total site occupancy. Assuming that 
a successful jump towards another physisorption site is only possible when the latter is 
vacant, a linear decrease of the corrected diffusion coefficient is often introduced [19]: 
   = 4 JKL(	(M() = 4 JKL(0)(1 − 	(M() = O(1 − 	(M()   [7-14] 
Eqn. 7-14 is approximate in nature and a more complex function of the corrected 
diffusion coefficient in the site occupancy was suggested from kinetic Monte Carlo 
simulations [10]. Owing to the relatively poor channel connectivity within the MFI unit cell, 
the negative effect of occupied physisorption sites on the corrected diffusion coefficient was 
more pronounced than observed for, e.g., cubic lattices [25]. Baur and Krishna [43] 
empirically introduced an exponentially decreasing function in the site occupancy. Coppens 
and co-workers [25-28, 38] described self-diffusion through an MFI unit cell by explicitly 
identifying the physisorption site locations within the unit cell, and by accounting for possible 
physisorption site heterogeneity. Self-diffusion implies the random motion of sorbate 





molecules in the absence of a concentration gradient. The ZSM5 framework is schematically 
represented in Figure 7-1 along with its unit cell. Six distinct physisorption sites are identified 
within the unit cell of which four reside in the pore channels (α). The sites located at the 
channel intersections (β) exhibit the highest accessibility as four neighbouring α sites lie 
within reach for a successful hop. Framework acid sites generated from aluminium 
incorporation in the ZSM5 framework induce stronger sorbate stabilization by physisorption 
and could, therefore, slow down the diffusion process considerably [44]. The location of the 
acid sites is not entirely unraveled yet. 26 different crystallographic positions can 
accommodate a bridging hydroxyl group with Si-O-Al angles ranging from 140 to 175° [45]. 
However, experimental studies indicated a single proton affinity exhibited by acid ZSM5 
zeolites, and suggested that the acid sites most likely exclusively reside at the channel 
intersections [46, 47]. In the present methodology, the location of the acid sites are, hence, 
associated with strong β physisorption sites (βs), while the intersection sites which do not 
exhibit acid properties, are denoted as weak β sites (βw).  
 
Figure 7-1 Representation of the MFI framework and annotation of its unit cell. 
Physisorption sites in the pore channels are depicted as ‘α’, those at the channel 
intersections as ‘β’. 
 
The mean field approach implies no correlation between successive hops and is most 
applicable in the low occupancy range to describe self-diffusion through microporous 
substrates [25]. In the present methodology, correlation effects are accounted for with the 
Stefan-Maxwell theory via Eqn. 7-3. As is demonstrated later on, the mean field approach 
allows to express the diffusion coefficient as a function of the total site occupancy, by 
accounting for the site-to-site flows in between the different physisorption site types in the 





unit cell. The flow FAB from type A physisorption sites towards type B sites equals the 
product of the number of sorbates nA on site type A, the attempted hopping frequency 
towards type B, and the probability that the destination site is vacant [26]: 
  PQR = GQ	Q STUVT (1 − 	R)       [7-15] 
Specifically for an MFI unit cell, nα, GWX and GW. equal 4, 2(1 – f) and 2f, respectively 
with f the fraction of strong physisorption sites at the channel intersections. The hopping 
frequency is related to the hopping probability pAB and the average physisorption time τA on 
the source site A. The flow from one type of sites towards another type should equal the 
reverse flow as an equilibrium state should be maintained within each unit cell: 
  PQR = PRQ         [7-16] 
Only hopping towards a neighbouring site is allowed and only one sorbate molecule 
can occupy a site. The hopping probabilities are determined from the number of neighbouring 
sites: 
  Y Z[[ = 0, Z[WX = 1 − \, Z[W. = \ZWX[ = 1,			ZWXWX = 0,			ZWXW. = 0ZW.[ = 1,			ZW.WX = 0,			ZW.W. = 0      [7-17] 
 Combination of Eqns. 7-15 to 7-17 allows to relate the occupancies of both β site types to 
the occupancy of the α sites: 
  	WX = K]]         [7-18] 
  	W. = K^](K^)]        [7-19] 
φ represents the ratio of the average physisorption times on the strong and the weak 
sites: 
  _ = V.,VX,         [7-20] 
The average physisorption times on the channel and weak intersection sites are 
considered identical. The average physisorption time equals the inverse of the desorption rate 
coefficient, and follows an Arrhenius-type relationship with the standard physisorption 
enthalpy [48]. φi can therefore be related to the ratio of the sorbate standard physisorption 
enthalpy evaluated on the weak and the strong sites: 





  _ = e∆b.,c,defg∆bX,c,defhi         [7-21] 
where ∆jO,klm and ∆jnO,klm represent the standard physisorption enthalpies with 
respect to the strong and the weak physisorption sites, respectively. The occupancy of the α 
sites can finally be expressed as a function of the total site occupancy after incorporating 
Eqns. 7-18 and 7-19 into Eqn. 7-22, hence, yielding a cubic function in θα. The latter is 
practically solved via Cardano’s method. 
  4	[ + 2(1 − \)	WX + 2\	W. = 6	(M(     [7-22] 
The self-diffusion coefficient qrst determined via the mean field approach, is related 
to the diffusion coefficient at zero pore occupancy assuming that all sites are weak, corrected 
with the actual average physisorption time τi a sorbate resides on a site [26]:   
  qrst = qO,O Vu,V         [7-23] 
In the limit of zero site occupancy, the Fick, corrected and self-diffusion coefficient 
become identical [37], implying: 
  qO,O = O,O          [7-24] 
τi is determined from a summation of the normalized flows FA to each site type A, 
multiplied by the average physisorption time on that site type, and corrected with the sum of 
all hopping probabilities to the other site types [26]: 
  v = ∑ wT∑ wxUy],zX,z. VT∑ STU(U)U{TQ[,WX,W.      [7-25] 
with: 
  P| = ∑ P}|}|         [7-26] 
Combination of Eqns. 7-23 to 7-26 leads to an analytical expression for the self-
diffusion coefficient of component i evaluated at a given site occupancy and strong 
physisorption site concentration [26, 28]: 
  qrst = O,O |}         [7-27] 
with 
  ~ = 2(1 − 	[)(1 − \)	WX + \	W._ 
+4	[(1 − \)1 − 	WX + \1 − 	W.   [7-28] 
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](2)zX 2^z. ]   [7-29] 
Herein, the site occupancies of the individual site types can be determined via Eqns. 
7-18, 7-19 and 7-22. Application of the Stefan-Maxwell formulation to tracer diffusion 
allowed to relate the self-diffusion coefficient of a component to its corrected diffusion 
coefficient [49]: 




       [7-30] 
The self-diffusion coefficient calculated using a mean field approximation takes no 
correlation into account whatsoever, hence, reducing Eqn. 7-30 to [27]: 
  qrst ≈ q , 
 → ∞	 =       [7-31] 
As a result, the corrected diffusion coefficient of a component through any zeolite 
framework could be analytically derived from the self-diffusion coefficient determined via a 
mean field approach. Eqn. 7-13 enables to relate the Fick diffusion coefficient to the 
framework properties via Eqns. 7-27 to 7-29 including the catalyst descriptors s, L, f and φ 
which can be determined a priori from independent characterization. The single component 
corrected diffusion coefficients at zero occupancy and zero strong physisorption site 
concentration are, on the other hand, considered as estimable model parameters following the 
uncertainty arising from the large discrepancies there exist between reported values in 
literature [50-52]. The resulting corrected diffusion coefficient estimates should theoretically 
be applicable to any other catalyst of the same framework type. 
7.2 Determination of the catalyst descriptors 
The data described in Section 6.1 were used for model regression via the objective 
function minimization procedure described in Section 2.4. The catalyst and the experimental 
setup used are described in Section 2.1.4 and Section 2.2.3, respectively. The average net 
production rate in the continuity equation (Eqn. 2-10) is calculated by discretization of Eqn. 
6-2 to Eqn. 6-3, and by subsequently introducing 20 intracrystalline grid points in between 
the crystallite centre and external surface. At each grid point, Eqn. 6-11 with boundary and 
initial conditions in Eqn. 6-9 and 6-10, respectively, is integrated with time for each sorbate 
alkane. Herein, the Fick diffusion coefficient matrix is expressed as the product of matrices 





containing the thermodynamic correction factors, the corrected and countersorption diffusion 
coefficients following Eqn. 7-13. The dependencies of the corrected diffusion coefficients on 
the site occupancies are subsequently incorporated via Eqns. 7-27 to 7-29. The matrix 
containing the net production rates in Eqn. 6-11 is calculated via the SEMK methodology 
described in Section 3.1.  
Most of the catalyst descriptors introduced by the SEMK methodology were 
determined a priori, vide Section 6.2, and are reported in Table 7-1 along with the catalyst 
descriptors associated with the Stefan-Maxwell theory and mean field approach. The 
physisorption saturation concentrations of 2-methylpentane and 3-methylpentane were taken 
equal to the value for n-hexane [53]. Conversely, a saturation concentration half of this value 
was observed for both dimethylbutanes. This approach differs slightly with the methodology 
followed in Chapter 6, as it specifically accounts for the accessibility of the different 
physisorption site types in the MFI unit cell, vide Figure 7-1, which depends on the sorbate 
branching degree. The use of somewhat different saturation concentrations gives rise to only 
slight differences in parameter estimates obtained from model regression. 
Propane physisorption was not accounted for. The average physisorption time ratio φ, 
see also Eqn. 7-21, is approximated using the standard physisorption enthalpies reported by 
Arik et al. [54] for the ZSM5 catalysts with the highest and lowest Si/Al ratio. Only the value 
reported for n-hexane is reported in Table 7-1 as it is nearly identical for any of the hexane 
isomers. The fraction of acid sites, f, as introduced in Eqns. 7-17, was approximated by the 
ratio of the total acid concentration and the physisorption saturation concentration of n-
hexane. 
The standard protonation enthalpy for secondary carbenium ion formation was 
determined by regression, while the corresponding enthalpy contribution for tertiary 
carbenium ion formation was set 30 kJ mol-1 more negative [55]. The latter is not estimated 
because of the limited contribution of tertiary carbenium ions to the acid catalysis depicted in 
Figure 6-3. Owing to the large discrepancies between reported corrected diffusion 
coefficients measured via different techniques [50-52], the corrected diffusion coefficients for 
n-hexane, 2-methylpentane, 3-methylpentane and 2,2-dimethylbutane were also estimated. 
The corrected diffusion coefficient of 2,3-dimethylbutane was chosen identical to the value 
for 2,2-dimethylbutane. A lower diffusion coefficient for 2,2-dimethylbutane was found from 
uptake measurements probably owing to a higher critical molecular diameter compared to 





2,3-dimethylbutane [56, 57]. However, the n-hexane hydroconversion data indicated a 
negligible production of any of the dimethylbutanes and, hence, an average corrected 
diffusion coefficient value which guarantees total immobilization of both species inside the 
catalyst crystallite, should be sufficient to capture this effect. No Arrhenius relation with the 
temperature was introduced for any corrected diffusion coefficient considering the relatively 
low diffusional activation energies reported in literature [50, 58-60], and the limited reaction 
temperature range applied in this work. Initial parameter estimates were taken from Table 6-
2. Parameter estimates and simulation results are explicitly compared with the results 
obtained with the methodology described in Section 6.3.1. Herein, a linearly decreasing 
function of the corrected diffusion coefficient with the total site occupancy was adopted, vide 
Eqn. 6-13, and interspecies correlations were not accounted for.  
 
Table 7-1 Predetermined catalyst descriptor values of Pt/H-ZSM5 (Si/Al = 137). Hexane 
isomers are denoted as nC6 (n-hexane), 2MP (2-methylpentane), 3MP (3-
methylpentane), 22DMB (2,2-dimethylbutane) and 23DMB (2,3-
dimethylbutane). 
 
catalyst descriptor value 
s 2 
L 5.0 10-1 µm  , Kr , r  7.3 10-4 mol g-1 a KKrR , KrR  3.7 10-1 mol g-1 a   9.8 10-5 Pa-1 a Kr  7.2 10-5 Pa-1 a r  7.1 10-5 Pa-1 a KKrR  6.4 10-5 Pa-1 a KrR  9.0 10-5 Pa-1 a _ 4.2 a '&3 1.2 10-4 mol g-1 
f 3.3 10-1 
   
a
 evaluated at 503 K 
7.3 Approximate solution to Fick’s second law for diffusion 
The introduction of 20 intracrystalline grid points leads to a set of 20 × npar mass 
balance equations to be integrated until the steady-state is reached, giving rise to model 





simulations which become dramatically more expensive with increasing feed carbon 
numbers. An effective way to relieve the computational burden in calculating the 
intracrystalline concentration profiles was first elaborated by Liaw et al. [61] who a priori 
adopted a parabolic concentration profile for each sorbate species. A parabolic profile 
constitutes a reasonable approximation of the analytical solutions to Eqn. 6-5 for a slab, 
cylindrical and spherical geometry, provided that no reaction takes place [62]. It was 
demonstrated that the above methodology was mathematically equivalent to the Linear 
Driving Force model developed earlier by Glueckauf [63]. This approach allows to express 
the time derivative of the average intracrystalline concentration of a sorbate molecule, by a 
linear function of the average concentration and the concentration evaluated at the crystallite 
external surface, hence, implying a first-order ordinary differential equation in contrast to 
Eqn. 6-5. Over the past two decades, considerable effort has been dedicated to the 
improvement of the approximate methodologies presented by Glueckauf [63] and Liaw et al. 
[61], to accurately simulate transient physisorption phenomena in the presence of reaction 
and adsorptive heat dissipation [64-69]. The introduction of higher order polynomials 
narrowed the gap with transient data [70, 71], although a nearly perfect approximation of the 
exact steady-state concentration profile could already be attained with a parabolic function 
[72].  
Inspired by the research presented above, the intracrystalline concentration profile of 
each hexane isomer was assumed to adopt the shape of a higher-order polynomial. Doing so, 
Eqn. 6-11 needs to be solved at a limited number of intracrystalline grid points only in order 
to fully determine the polynomial function for each sorbate species. Introducing a parabolic 
concentration profile would require only one grid point other than at the crystallite external 
surface and center. However, a quartic function is opted for instead such as in the work of 
Gadre et al. [73, 74], in order to more accurately incorporate the additional degrees of non-
linearity introduced by the reaction term in Eqn. 6-11: 
  	() =  + K +        [7-32] 
Note that Eqn. 7-32 guarantees a symmetric profile around the center of the 
crystallite. The first- and second-order derivatives to ξ in Eqn. 6-11 could, hence, be 
expressed as respectively a cubic and a parabolic function in ξ containing only two 
coefficients, ai and bi. The latter are determined from the site occupancies at two distinct grid 
points other than at the center of the crystallite, and at which Eqn. 6-11 is integrated until the 





steady state is reached. The selection of these two grid points is critical to accurately 
approximate the exact intracrystalline concentration profile of each component i. In this 
work, the 6th and 13th grid point out of 20 points were selected. In order to accurately capture 
strong concentration gradients near the surface boundary owing to unconstrained reaction at 
the crystallite external surface, Eqn. 6-11 is integrated at the intracrystalline grid point nearest 
to the external surface as well. At this grid point, the derivates to ξ were conventionally 
calculated following the central difference method. As the integration is carried out at only 
three internal grid points, the present methodology possibly constitutes an interesting 
alternative to orthogonal collocation methods which, owing to the strong concentration 
gradients often occurring near the surface boundary, have to be combined with the finite 
elements method [75]. Model regression results assuming a quartic concentration profile for 
each sorbate species, were evaluated and compared with those obtained from model 
regression adopting the methodology described in Section 7.1. Doing so, the benefits of an 
approximate model in this matter is explored. 
7.4 Results and discussion 
7.4.1 Model regression results 
The F value for the global significance of the regression amounted up to 8,500, which 
significantly exceeds the tabulated value. An excellent agreement between simulated and 
experimental n-hexane conversions was obtained at different space times, reaction 
temperatures and pressures as demonstrated in Figure 7-2. The catalytic activity clearly 
increased with the reaction temperature and the reactant space time. The n-hexane conversion 
decreased with the reaction pressure which is indicative for quasi-equilibration between the 
sorbate alkanes and alkene intermediates [76]. The alkene standard protonation enthalpy for 
secondary carbenium ion formation was estimated at a value of -69.9 kJ mol-1, vide Table 7-
2. The latter value is situated well within the range of reported alkene standard protonation 
enthalpies obtained on other Pt-loaded zeolite catalysts [55, 77], also see Table 3-4. 
Figure 7-3-a zooms in on the agreement between simulated and observed 
methylpentane yields. An improved agreement was obtained compared to the results 
presented in Chapter 6 (Figure 6-2) where a linearly decreasing corrected diffusion 
coefficient with the site occupancy was assumed without any interspecies ‘drag’, see Eqn. 6-





13. Either by accounting for the rather limited channel connectivity within the MFI unit cell, 
or interspecies correlations portrayed by the countersorption diffusion coefficients, a superior 
global model significance and agreement with experimental data could be obtained. Section 
7.4.3 elaborates further on whether the implementation of both or a single one of these 
aspects, was crucial in obtaining such an improvement. 
 
Table 7-2 Estimated catalyst descriptors using the methodology described in Section 7.1 
and with the kinetic and catalyst descriptors reported in respectively Table 3-1 
and Table 7-1 (detailed model), and by additionally assuming a quartic steady-
state concentration profile for each sorbate species following Section 7.3 
(approximate model). 
 
Parameter detailed model approximate model 
−∆jO,kM (s) (kJ mol-1) 69.9 (± 0.1)a 69.8 (± 0.2) O,O  (m2 s-1)   
i → nC6 1.8 (± 0.3) 10-14 2.8 (± 0.8) 10-14 
 2MP 1.1 (± 0.1) 10-14 1.1 (± 0.2) 10-14 
 3MP 2.5 (± 0.2) 10-15 3.2 (± 0.5) 10-15 
 DMB 3.2 (± 0.4) 10-18 3.2 (± 1.1) 10-18 
 
a
 95% confidence interval 
 
 
Figure 7-2 Experimental (symbols) and simulated (lines) total n-hexane conversion (Eqn. 2-
2) as a function of the reactant space time at 523 K, 1 MPa (diamonds), at 503 K, 
1 MPa (squares), at 503 K, 2 MPa (triangles), at 503 K, 3 MPa (circles) and an 
inlet H2-to-nC6 molar ratio of 50. Simulated conversions were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1, and the parameter 
estimates reported in Table 7-2 (full line), and by additionally assuming a 
quartic steady-state concentration profile for each sorbate species following 
Section 7.3 (dashed line). 
 





A peculiar feature in n-alkane hydroconversion over a ZSM5 catalyst is that the 
selectivity towards the 2-methylbranched alkane within the feed isomers exceeded the value 
expected from thermodynamic equilibrium [78-80]. This is demonstrated in Figure 7-4 
showing the experimentally obtained 2-methylpentane/3-methylpentane yield ratios along 
with the thermodynamic equilibrium value. Additionally, n-hexane hydroconversion data 
obtained on a Pt/H-USY (Si/Al = 30) reported by Thybaut et al. [81] are depicted, and are 
reminiscent for the fast establishment of thermodynamic equilibrium between 2-
methylpentane and 3-methylpentane on non-shape selective catalysts. Moreover, on non-
shape selective catalysts, this equilibrium is approached from the other side, i.e., from lower 
2- to 3-methylpentane ratios as determined by the kinetically controlled formation of methyl 
branched isomers from n-hexane. The equilibration follows directly from fast intramolecular 
methyl shifts occurring between these two isomers compared to the slower (de)branching and 
cracking reactions, vide Table 3-1 and Figure 6-3. 
 
 
Figure 7-3 Experimental (symbols) and simulated (lines) 2-methylpentane (squares) and 3-
methylpentane yield (Eqn. 2-4) as a function of the total n-hexane conversion 
(Eqn. 2-2). Simulated isomer yields were obtained using the methodology 
described in Section 7.1 and with the kinetic and catalyst descriptors reported in 
respectively Table 3-1 and Table 7-1, and the parameter estimates reported in 
Table 7-2 (full line) (a), and by additionally assuming a quartic steady-state 
concentration profile for each sorbate species following Section 7.3 (b). In (a), 
the model regression results presented in Figure 6-2 in which a linearly 
decreasing corrected diffusion coefficient with the total site occupancy was 
assumed (Eqn. 6-13), are also depicted as dashed lines. 
 
It was already demonstrated in Chapter 6 that intracrystalline diffusion of 3-
methylpentane is hindered to a higher extent that than of 2-methylpentane resulting in a 
higher apparent reactivity of the former species and, consequently, in a higher 2-
methylpentane yield. The corrected diffusion coefficient of 3-methylpentane was estimated at 
a nearly fourfold lower value than that of 2-methylpentane, vide Table 7-2. A three- to 





fourfold difference in corrected diffusion coefficients was confirmed by the sparse 
comparative studies in literature [82, 83]. A 1.6 times higher diffusion coefficient of n-hexane 
compared to 2-methylpentane was estimated by the model and relates also well with earlier 
reported differences [82, 84]. The corrected diffusion coefficients of both dimethylbutanes 
were estimated at a value which is three orders of magnitude lower than the coefficient 
obtained for 3-methylpentane. Such low diffusion coefficients were also reported before [84], 
and are mathematically equivalent to the former species being completely immobile upon 
formation. As a result, they tend to react further instead of diffusing out of the crystallite 
leading to negligible dimethylbutane yields. Reaction of dimethylbutanes towards more 
mobile species exclusively involves debranching towards a 2-methylpentane, vide Figure 6-3. 




Figure 7-4 Experimental (full symbols) and simulated (open symbols) 2-methylpentane/3-
methylpentane yield ratio (Eqn. 2-4) as a function of the total n-hexane 
conversion (Eqn. 2-2) at 503 K (diamonds) and 523 K (squares). Simulated 
2MC5/3MC5 yield ratios were obtained using the methodology described in 
Section 7.1 and with the kinetic and catalyst descriptors reported in respectively 
Table 3-1 and Table 7-1, and the parameter estimates reported in Table 7-2. 
Experimentally obtained 2MC5/3MC5 yield ratios on a Pt/H-USY catalyst (Si/Al 
= 30) (full circles) from data reported by Thybaut et al. [81] are also depicted 
along with the thermodynamic equilibrium value evaluated at 503 K (dashed 
line). 
 
The corrected diffusion coefficient estimates are situated around the lower limit of the 
reported range of diffusion coefficients obtained from macroscopic measurements [32, 58, 
85]. As commented in Section 6.3.2, the discrepancy between results from macroscopic and 
microscopic measurement techniques has been the subject of many research [50-52], and is 
designated to the experimental technique itself and not to the methodology used to extract the 





corrected diffusion coefficients from the obtained data. This was demonstrated by Jobic et al. 
[86] and Millot et al. [59] who applied the Stefan-Maxwell formulation to determine the 
corrected diffusion coefficient of various alkanes from respectively Quasi-Elastic Neutron 
Scattering (QENS) and permeation measurements, the former being a microscopic technique 
while the latter is classified as a macroscopic technique. A recent study by Hansen et al. [87] 
who modelled benzene alkylation with ethylene, demonstrated that the application of 
corrected diffusion coefficients situated within the reported range of diffusion coefficients 
obtained from macroscopic measurements, was vital to accurately describe the 
experimentally obtained product yields. 
7.4.2 Quartic approximation of steady-state concentration profiles 
Figure 7-5 shows the steady-state concentration profiles of n-hexane, 2-methylpentane 
and 3-methylpentane at distinctly different reaction temperatures and pressures, i.e., at 503 K 
and 3 MPa (Figure 7-5-a), and at 523 K and 1 MPa (Figure 7-5-b). In both cases, the 
relatively high diffusion coefficients of n-hexane and both monomethyl isomers result in 
rather moderate concentration gradients. Especially at higher conversions, such as in Figure 
7-5-b, a discontinuity in the first-order derivative emerges at the intracrystalline grid point 
closest to the external surface boundary, and results from the unconstrained reaction at the 
external surface and the reaction inside the catalyst crystallite in the presence of hindered 
mass transport. This effect is much more pronounced for the dimethylbutanes where the 
negligible occupancy at the external surface is in clear contrast with the relatively high 
intracrystalline concentrations at steady-state. 
 
 
Figure 7-5 Simulated steady-state site occupancies of n-hexane (diamonds), 2-
methylpentane (squares), 3-methylpentane (triangles) and dimethylbutanes 
(circles) as a function of the dimensionless length coordinate at 503 K and 3 MPa 
(a), at 523 and 2 MPa (b), an inlet H2-to-nC6 molar ratio of 50 and a space time 





of 100 kg s mol-1. Site occupancies were obtained using the methodology 
described in Section 7.1 and with the kinetic and catalyst descriptors reported in 
respectively Table 3-1 and Table 7-1, and the parameter estimates reported in 
Table 7-2 (symbols), and by additionally assuming a quartic steady-state 
concentration profile for each sorbate species following Section 7.3 (lines). 
In Figure 7-5, the steady-state site occupancies determined via a quartic profile 
approximation following the methodology described in Section 7.3, are also shown and 
excellently agree with the detailed concentration profiles. Model regression results adopting a 
quartic profile approximation are depicted in Figure 7-2 and Figure 7-3 and demonstrate the 
applicability of this approximation in accounting for simultaneous intracrystalline diffusion 
and reaction. The estimated model parameters are reported in Table 7-2 and agree with the 
previously obtained parameter estimates in such a way that, in each case, the corresponding 
95% confidence intervals overlap. In addition, the simulation time decreased by more than an 
order of magnitude owing to a reduction from 20 grid points to only 3 at which Fick’s second 
law is to be integrated. The above methodology is therefore ideally suited for initial 
parameter value optimization via either Rosenbrock or Levenberg-Marquardt algorithms, and 
aids considerably in reducing exhaustive computation to a minimum. 
7.4.3 The impact of channel connectivity and interspecies correlations 
Considering the improvement in agreement between model and experiment compared 
to the results from Chapter 6, vide Figure 7-3, the peculiar ZSM5 channel connectivity and/or 
interspecies correlations during diffusion seem to impact considerably on the pure component 
diffusion mechanism, and should be taken into account to attain physically more relevant 
corrected diffusion coefficients. Figure 7-6 illustrates the effect of the framework topology on 
the corrected diffusion coefficient, the latter represented as a function of the site occupancy 
(Figure 7-6-a), and on the catalyst performance in n-hexane hydroconversion (Figure 7-6-b). 
The corrected diffusion coefficient is related to the corrected diffusion coefficient at zero site 
occupancy via [26]: 
   = (^)2KK |}O = (^)2KK O,O       [7-33] 
with A and B determined from Eqns. 7-28 and 7-29, respectively. The additional 
factor in Eqn. 7-33 accounts for the increase in average physisorption time owing to the 
presence of acid sites. Similarly as described in Section 7.1.2 for an MFI framework, 





Coppens et al. [26] determined a mean field expression for the self-diffusion coefficient in a 
cubic lattice as a function of the total site occupancy and acid site concentration: 
   = 2(^)()(^)22(.)(^)()O,O = (^)2O   [7-34] 
with θs the occupancy of the strong physisorption sites. Figure 7-6-a additionally 
depicts a linearly decreasing function of the corrected diffusion coefficient with the total site 
occupancy as in Eqn. 6-13. Pronounced differences in corrected diffusion coefficients trends 
are simulated between an MFI and a cubic lattice. A generally higher corrected diffusion 
coefficient is observed for the latter framework type which follows directly from the higher 
accessibility of the different physisorption site locations compared to the ZSM5 framework 
[25]. Especially in the higher site occupancy range, the presence of vacant physisorption sites 
surrounding the sorbate position in the unit cell, is more limited for a ZSM5 framework 
resulting in a rapid decrease in diffusion coefficient. The higher diffusion coefficient in the 0-
0.3 site occupancy range for the ZSM5 compared to the cubic lattice, could only be attributed 
to faster sorption on the strong physisorption sites which, owing to the higher physisorption 
time on these sites, reduce the overall corrected diffusion coefficient if unoccupied [26, 27]. 
The latter was also observed for the cubic lattice although to a lesser extent. 
 
 
Figure 7-6 Corrected diffusion coefficient normalized to the corrected diffusion coefficient 
at zero occupancy as a function of the total site occupancy (a) assuming a 
linearly decreasing corrected diffusion coefficient (Eqn. 6-13) (full), for an MFI 
framework (Eqns. 7-28, 7-29 and 7-33) (long dash) and a cubic lattice (Eqn. 7-
34) (short dash). Simulated n-hexane conversion (Eqn. 2-2) (black lines, left axis) 
and 2-methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey lines, right 
axis) as a function of the space time at 503 K, 1 MPa and an inlet H2-to-nC6 
molar ratio of 50 (b) assuming a linearly decreasing corrected diffusion 
coefficient with the site occupancy (full), for an MFI framework (long dash) and 
a cubic lattice (short dash). Conversions and yield ratios were obtained using the 
methodology described in Section 7.1 and with the kinetic and catalyst 
descriptors reported in respectively Table 3-1 and Table 7-1. 
 





Figure 7-6-b shows the impact of the framework type on the overall catalyst 
performance in n-hexane hydroconversion. Owing to a more efficient diffusion inside a cubic 
lattice, a higher feed conversion is to be expected. In addition, the 2-methylpentane/3-
methylpentane yield ratio evolves more quickly to the thermodynamic equilibrium value. A 
good agreement was obtained between the simulated n-hexane conversions considering a 
ZSM5 framework, and by assuming a linearly decreasing corrected diffusion coefficient with 
the total site occupancy. As was indicated in Figure 7-6-a, both methodologies approach each 
other rather well in the higher site occupancy range from 0.6 on. Minor discrepancies in 
product selectivities are, however, observed in the lower conversion range. This implies that 
accounting for the exact geometry of the catalyst framework, contributed rather moderately to 
the distinct improvement between the regression results presented in Section 6.3.2, and those 
obtained here, vide Figure 7-3. 
The impact of interspecies correlations on the intracrystalline concentration profiles of 
n-hexane, methylpentanes and dimethylbutanes is illustrated in Figure 7-7-a. In case of no 
interspecies correlations accounted for, i.e., for infinitely large countersorption diffusion 
coefficients, only the individual component corrected diffusion coefficients and the net 
production rates determine the steady-state concentration profiles. As for n-hexane exhibiting 
the highest diffusion coefficient, its site occupancy varies slightly according to the 
dimensionless length and, consequently, a substantially higher n-hexane conversion was 
simulated, vide Figure 7-7-b. Discrepancies in product selectivities emerge in the higher 
conversion range and the model fails at accurately describing the experimental data. The 
latter was earlier illustrated in Figure 7-3 showing the SEMK modelling results obtained in 
Chapter 6. 
Interspecies correlations, hence, impact considerably on the diffusion of hexane 
isomers through a ZSM5 crystallite at the reaction conditions considered in this work, and 
become more pronounced as the catalyst micropores become saturated with sorbate species 
[88]. Krishna and Van Baten [89] found that the interspecies correlations were difficult to 
assess in case of pronounced intersection blocking by immobile species. To this purpose, 
Beyne and Froment [90] developed an Effective Medium Approximation (EMA) theory for 
site blockage, more specifically for coking in ZSM5. This theory was further elaborated by 
Coppens and co-workers [27, 38]. However, in this work, dimethylbutanes as the immobile 
species in the reaction network, tend to react further to more agile species, hence, eliminating 





any permanent obstruction inside the catalyst crystallite. The impact of permanent 
intersection blocking on the component mass transport was therefore assumed marginal. 
 
Figure 7-7 Simulated steady-state site occupancies of n-hexane (full), methylpentanes (long 
dash) and dimethylbutanes (short dash) as a function of the dimensionless length 
coordinate at 503 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50, and at zero n-
hexane conversion (a). Simulated n-hexane conversion (Eqn. 2-2) (black lines, 
left axis) and 2-methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey lines, 
right axis) as a function of the space time at 503 K, 1 MPa and an inlet H2-to-nC6 
molar ratio of 50 (b). Site occupancies, conversions and yield ratios were 
obtained using the methodology described in Section 7.1 and with the kinetic and 
catalyst descriptors reported in respectively Table 3-1 and Table 7-1 (black lines 
- figure a; full lines - figure b), and by additionally neglecting interspecies 
correlation effects (grey lines - figure a; dashed lines - figure b). 
7.4.4 The impact of the total acid site concentration 
While the physisorption saturation concentration, the Langmuir physisorption 
coefficient and the alkene standard protonation enthalpy affect the sorbate net production 
rates only, vide Eqn. 3-7, the total acid site concentration also impacts directly on the sorbate 
diffusion coefficient following Eqns. 7-27 to 7-29. Figure 7-8-a shows a lower corrected 
diffusion coefficient normalized to the diffusion coefficient at zero occupancy and zero acid 
site concentration, for the catalyst containing the highest acid site concentration. As earlier 
mentioned in Section 7.4.3, strong physisorption sites are first occupied by sorbate species 
resulting in a non-linear decrease of the corrected diffusion coefficient with the site 
occupancy [26]. This non-linearity becomes more pronounced with higher acid site 
concentrations as shown in Figure 7-8-a. Note that no model simulations were carried out 
with acid site concentrations exceeding 2.6 10-1 mol kg-1 which would correspond to a strong 
physisorption site fraction of about 0.5. The Stefan-Maxwell theory was found to agree rather 
well with kinetic Monte Carlo simulation results up to such intermediate values, after which 





the former theory tends to fail to even qualitatively predict the dependence of the corrected 
diffusion coefficient on the total site occupancy [28]. 
 
Figure 7-8 Simulated corrected diffusion coefficient (Eqns. 7-27 to 7-29) normalized to the 
corrected diffusion coefficient at zero occupancy and zero acid site concentration 
as a function of the total site occupancy (a) at a total acid site concentration of 
2.6 10-4 mol g-1 (full), 1.3 10-4 mol g-1 (long dash) and 5.0 10-5 mol g-1 (short dash). 
Simulated n-hexane conversion (Eqn. 2-2) (black lines, left axis) and 2-
methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey lines, right axis) as a 
function of the space time at 503 K, 1 MPa and an inlet H2-to-nC6 molar ratio of 
50 (b) at a total acid site concentration of 2.6 10-4 mol g-1 (full), 1.3 10-4 mol g-1 
(long dash) and 5.0 10-5 mol g-1 (short dash). Conversions and yield ratios were 
obtained using the methodology described in Section 7.1 and with the kinetic and 
catalyst descriptors reported in respectively Table 3-1 and Table 7-1. 
 
Figure 7-8-b shows an increasing catalytic activity with the total acid site 
concentration. The latter follows directly from the rate expression in Eqn. 3-7 in which the 
acid site concentration acts as a mere multiplicator of the rate isomerization and cracking 
coefficients. Note that an identical alkene standard protonation enthalpy of -69.9 kJ  mol-1 
was used for model simulation in any of the three cases represented in Figure 7-8-b. In 
reality, its absolute value varies as a function of the total acid site concentration owing to acid 
site isolation [91-93]. The total acid site concentration exhibits a negative effect on the 
sorbate corrected diffusion coefficients and, consequently, the product distribution should be 
affected by the aluminium content of the catalyst. Indeed, at an identical feed conversion, a 
higher selectivity towards 2-methylpentane was simulated for the catalyst containing the 
highest acid concentration, vide Figure 7-8-b. The selectivity towards the more agile 2-
methylpentane increases when mass transport is generally hindered to a higher extent. The 
latter demonstrates that the catalyst acid site concentration constitutes a design parameter 
which does not only allow to alter the catalyst activity, but also the product distribution. 





7.4.5 The impact of the crystallite geometry and dimension 
The crystallite shape and dimensions are perhaps the easiest adjustable design 
parameters among the catalyst descriptors introduced in this work. Both parameters appear in 
Eqns. 6-3 and 6-11 in the determination of the average net production rates and the 
intracrystalline concentration profiles, respectively. The most commonly investigated 
crystallite shapes are the slab, cylindrical and spherical geometries which correspond to a 
shape factor amounting to 0, 1 and 2 respectively. In the absence of reaction, analytical 
expressions for the steady-state intracrystalline concentration profiles for all three geometries 
indicate more pronounced concentration gradients over the crystallite characteristic length 
with decreasing shape factors [62]. Simulation results adopting any of the above three 
crystallite geometries are shown in Figure 7-9 and indeed designate the least uniform 
concentration profile to the slab geometry. As a result, the activity of a slab-shaped catalyst 
becomes inferior to that of a spherically shaped catalyst of the same characteristic length. The 
latter was found already before from comparing the effectiveness factors of all three 
crystallite geometries in the presence of a first-order reaction [94]. The slab-shaped catalyst 
exhibits a substantially higher selectivity towards 2-methylpentane illustrating that the 
catalyst geometry could also impact considerably on the product distribution [95]. A 
cylindrical shape gives rise to a steady-state concentration profile and n-hexane 
hydroconversion performance intermediate to the results obtained with a slab and a spherical 
geometry. Extension to irregularly shaped crystallites was elaborated by Burghardt and 
Kubaczka [62] who developed a general expression for the shape factor. 
Mass transport limitations become increasingly more important as the diffusion path 
inside the catalyst crystallite becomes longer. Figure 7-10 demonstrates the impact of the 
diameter of a spherical crystallite on the steady-state concentration profiles and the catalyst 
performance in n-hexane hydroconversion. No gradient in site occupancy is observed for n-
hexane and both methylpentanes at a diameter of 0.1 µm. In this case, the intracrystalline 
diffusion path is sufficiently short that the reaction remains kinetically limited. As a result, a 
relatively high n-hexane conversion was simulated and, additionally, thermodynamic 
equilibrium between 2- and 3-methylpentane was observed from low conversions on. The 
synthesis of ZSM5 particles in the nanometer range constitutes a well-established method to 
attenuate the shape selective properties exhibited by ZSM5-based catalysts [96, 97]. 
 






Figure 7-9 Simulated steady-state site occupancies of n-hexane (black lines), 
methylpentanes (grey lines) as a function of the dimensionless length coordinate 
at 503 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50, and at zero n-hexane 
conversion (a) for a spherical (full), cylindrical (long dash) and a slab crystallite 
geometry (short dash). Simulated n-hexane conversion (Eqn. 2-2) (black lines, 
left axis) and 2-methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey lines, 
right axis) as a function of the space time at 503 K, 1 MPa and an inlet H2-to-nC6 
molar ratio of 50 (b) for a spherical (full), cylindrical (long dash) and a slab 
crystallite geometry (short dash). Site occupancies, conversions and yield ratios 
were obtained using the methodology described in Section 7.1 and with the 
kinetic and catalyst descriptors reported in respectively Table 3-1 and Table 7-1. 
 
 
Figure 7-10  Simulated steady-state site occupancies of n-hexane (black lines), 
methylpentanes (grey lines) as a function of the dimensionless length coordinate 
at 503 K, 1 MPa, an inlet H2-to-nC6 molar ratio of 50, and at zero n-hexane 
conversion (a) for a crystallite diameter of 5 µm (full), 1 µm (long dash), 0.5 µm 
(short dash), and 0.1 µm (dot). Simulated n-hexane conversion (Eqn. 2-2) (black 
lines, left axis) and 2-methylpentane/3-methylpentane yield ratio (Eqn. 2-4) (grey 
lines, right axis) as a function of the space time at 503 K, 1 MPa and an inlet H2-
to-nC6 molar ratio of 50 (b) for a crystallite diameter of 5 µm (full), 1 µm (long 
dash), 0.5 µm (short dash), and 0.1 µm (dot). Site occupancies, conversions and 
yield ratios were obtained using the methodology described in Section 7.1 and 
with the kinetic and catalyst descriptors reported in respectively Table 3-1 and 
Table 7-1. 
 
 The gradient in steady-state site occupancies emerges from higher crystallite 
diameters on and becomes more significant up to the point full micropore saturation is 
reached. Only the catalyst having the largest crystallite diameter was subjected to such 





saturation effects, while the total site occupancy ranged from 0.59 to 0.85 for the other 
crystallite dimensions depicted in Figure 7-10. Under saturation conditions, Figure 7-6 and 
Figure 7-8 imply a completely hindered diffusion for each sorbate species. As a result, the 
catalyst activity drops drastically with increasing crystallite dimensions and, in addition, the 
product distribution is dominated by the fastest sorbate species in the diffusing mixture. Both 
features are demonstrated in Figure 7-10 and indicate that, similarly to the crystallite shape 
factor, the crystallite characteristic length constitutes one of the most important catalyst 
descriptors in optimizing the catalyst performance particularly for a diffusion-controlled 
reaction. 
7.5 Conclusions 
Intracrystalline diffusion impacting on n-hexane hydroconversion on Pt/H-ZSM5 was 
described via Fick’s second law for mass transport, wherein the Fick diffusion coefficient 
was quantified via the Stefan-Maxwell theory for multicomponent diffusion. The effect of the 
framework geometry and the physisorption site heterogeneity on the pure component 
diffusion coefficients was assessed via a mean field approach. A Single-Event MicroKinetic 
(SEMK) model was applied to simulate the reaction kinetics in a fundamental manner while 
retaining the number of adjustable parameters to an acceptable level. Integration of all three 
approaches into a single, comprehensive methodology enabled to accurately describe 
experimentally observed n-hexane hydroconversion activities and product selectivities via 
model regression. The set of model parameter estimates including the alkane corrected 
diffusion coefficients, correspond well to reported values in literature. An approximate 
method in which the sorbate intracrystalline concentration profiles are represented by a 
quartic function, was validated and opened up the route to a swift model parameter analysis 
procedure.  
The identification of catalyst descriptors in the model equations aided in rationalizing 
the impact of the catalyst properties on the diffusion and reaction phenomena occurring on 
the microscopic scale, and on the individual product yields observed on a macroscopic scale. 
Model simulations demonstrated that the selectivity of the catalyst towards the individual 
methylpentane products varied by increasing the total number of acid sites and the crystallite 
diameter, and reduced with the channel connectivity and crystallite shape factor. Especially 
the crystallite dimension exhibited a significant impact on the catalyst performance in n-





hexane hydroconversion. A mere sensitivity analysis of these catalyst descriptors, hence, 
brings a comprehensive catalyst design strategy within reach which is readily extendable to 
other reactions and catalytic materials giving rise to mass transport limitations. 
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Reaction pathway analysis 
of n-decane hydroconversion 
on Pt/H-ZSM5 
 
n-Decane hydroconversion has been commonly used to probe shape selectivity in 
zeolite frameworks [1-4], and is representative of the chemistry involved in realistic, 
commercial feedstocks in, e.g., Fischer-Tropsch wax upgrading. The n-decane 
hydroconversion reaction network includes any of the potentially dominant reaction steps 
comprised in the reaction mechanism, including tribranched isomer formation and the 
correspondingly fast (t;t) β-scission towards lighter iso-alkanes [5, 6]. n-Decane 
hydroconversion on ZSM5-based catalysts gave rise to an unusually high cracking product 
yield compared to the product distribution obtained over non-shape selective catalysts. 
ZSM5-related materials are commercially used to exploit shape selectivity in tuning the 
product distribution towards the market demands [7, 8]. Their industrial application is 
supported by their high resilience against coking as coke precursor polymerization is 
sterically restricted inside the catalyst framework [9]. Specifically in alkane hydroconversion, 
ZSM5 significantly promotes cracking over feed isomerization in contrast to other medium 
pore zeolites such as ZSM22 [10]. The micropore sites in an MFI framework are, unlike in 
ZSM22 [11], accessible to both linear and branched hydrocarbons [12] and, concordantly, the 
high cracking affinity of a ZSM5 is primarily ascribed to intracrystalline diffusion limitations 
experienced by the reaction products [13]. These limitations severely aggravate with the 
sorbate diameter [14, 15], and lie at the origin of the often high apparent reactivity of the 
most bulky products upon formation [16, 17].  





The high cracking affinity of the catalyst could be caused by the formation of 
immobile tribranched species which nearly directly crack upon formation. However, 
experimental studies suggested that the physisorption and formation of tribranched alkanes 
within MFI frameworks are sterically limited owing to the relatively large size of these 
species [18-20]. Instead, various studies claimed that type C and/or type B cracking modes 
involving a secondary reactant and/or product carbenium ion, govern the cracking mechanism 
leading to high propane yields usually observed during experimentation [21-25]. In this work, 
a reaction pathway analysis is performed based on experimental data acquired on the Pt-
loaded ZSM5 catalyst described in Section 2.1.3. Herein, the product distributions are 
thoroughly analyzed and, based upon the cracking product selectivities, the dominant 
cracking modes are identified by means of SEMK model simulations. A preliminary study on 
the reaction pathway involved and the shape selectivity effects exhibited by the catalyst, is of 
utmost importance for the development of a detailed microkinetic model which, in a later 
stage, can be used for model regression. Such a comprehensive analysis provides 
considerably more insight in the shape selective phenomena occurring at the nanoscale during 
the conversion of an industrially more relevant hydrocarbon based feed. 
8.1 Experimental 
8.1.1 Data evaluation 
A total of 24 n-decane hydroconversion experiments were carried out in a plug flow 
reactor of the pilot-scale high-throughput setup described in Section 2.2.4. The number of 
replicate data points per set of reaction conditions ranged from 1 to 4. The reactor was loaded 
with 9.7 g of the Pt/H-ZSM5 catalyst described in Section 2.1.3. The reaction temperature 
was set to either 503 or 513 K, while the reactor pressure was varied from 1 to 1.5 and 2 
MPa. At each set of reaction temperatures and pressures, the space time was varied from 300 
to 750 kg s mol-1. The inlet hydrogen-to-hydrocarbon ratio was maintained at 200 which 
ensures that no condensation occurs in the reactor nor in the analysis section of the setup. No 
significant catalyst deactivation was observed after 5 h of experimentation. Hydrogenolysis 
was experimentally not observed as evident from the negligible yields of methane and 
nonane. Consequently, 1 Nl h-1 methane was added to the inlet stream for verifying the mass 
balance during effluent analysis. Tracing of the analysis section and nitrogen dilution enabled 





maintaining the effluent within the gas phase for GC analysis. To this purpose, a GC 
equipped with a HP-PONA column and FID was used. The hydrogen excess was as such that 
a precise quantification of the hydrogen outlet flow rate via analysis on the µGC was not 
possible and, moreover, irrelevant. 
8.1.2 Catalyst activity and cracking affinity 
Figure 8-1 shows the experimentally obtained n-decane conversions at different 
reaction temperatures, pressures and reactant space times. The error bars represent the 95% 
confidence intervals on the mean value. The total feed conversion increased nearly linearly 
with the space time even up to relatively high conversions. The catalyst activity also 
increased with the reaction temperature as expected. A negative effect of the reaction 
pressure on the feed conversion was observed which is indicative for the establishment of 
ideal hydroconversion [26].  
 
 
Figure 8-1 Experimental total n-decane conversion (Eqn. 2-2) as a function of the n-decane 
space time at 503 K (open) and 513 K (full), at 1 MPa (diamonds), 1.5 MPa 
(squares) and 2 MPa (circles), and an inlet H2-to-nC10 molar ratio of 200. 95% 
confidence intervals on the mean values are represented as error bars. 
 
The total isomerization and cracking yields are depicted in Figure 8-2. A remarkably 
high selectivity towards cracking products is observed while the maximum isomer yield only 
amounted up to approximately 7%. Martens and co-workers [4, 10, 27] found a maximum 
decane isomer yield situated between 17 and 30% depending on the catalyst type and reaction 
conditions considered. They applied a relatively low reaction pressure of 0.45 MPa which 
likely gave rise to a lower occupancy of the physisorption sites and, as commented in 
Sections 7.3.3 and 7.3.4, to less pronounced diffusion limitations in general. As a result, 





monobranched feed isomers could escape the catalyst framework more efficiently and, hence, 
appear to be less susceptible to consecutive isomerization and cracking. The latter would lead 
to a higher global isomerization yield as observed in these studies. Next to the applied 
process conditions, the crystallite geometry and acidity significantly impact on the product 
selectivities observed on ZSM5-related materials. The latter was demonstrated by Galperin 
[28] who observed a nearly 60% difference in isomer selectivity in the lower conversion 
range, between a high-silica Pt/H-ZSM5, and a Pt/H-ZSM5 with Si/Al ratio similar to the one 
applied in this work. Discrepancies between reported decane isomer yields, and the results 
presented in this work are, hence, attributed to the differences in operating conditions and/or 
in catalyst properties. 
 
 
Figure 8-2 Total isomerization yield (Eqn. 2-5) (diamonds and triangles) and cracking yield 
(Eqn. 2-6) (squares and circles) as a function of the total n-decane conversion 
(Eqn. 2-2) at 503 K (diamonds/squares) and 513 K (triangles/circles), at 1 MPa 
(open), 1.5 MPa (grey) and 2 MPa (full), and an inlet H2-to-nC10 molar ratio of 
200. 
8.1.3 Isomer product distribution 
This section zooms in more closely on the isomer product distribution. Similarly as in 
n-hexane hydroconversion, dibranched decane isomers were hardly occurring in any of the 
GC analyses made with total yields below 0.1%. The low production of dibranched species 
could probably be exclusively ascribed to reaction at the external crystallite surface. No 
tribranched and ethylbranched decane isomer production was observed which agrees well 
with other experimental studies reported in literature [10, 13, 22]. The methylnonane 
distribution is depicted in Figure 8-3 along with the theoretically deduced thermodynamic 
equilibrium values at 503 K. The latter were calculated from pure component thermodynamic 
data estimated with Benson’s group contribution method [29], while considering an identical 





set of Langmuir physisorption parameters for each isomer. Clearly, the selectivity towards 2-
methylnonane is significantly higher than would be expected from thermodynamic 
equilibrium, while, conversely, the selectivities to 4- and 5-methylnonane are lower. Both 
observations are reminiscent for intracrystalline diffusion limitations which become more 
pronounced as the methyl branch is located more to center of the carbon skeleton [13]. Webb 
and Grest [30] calculated the self-diffusion coefficient of each methylnonane isomer and 
confirmed that the branch position impacts considerably on the sorbate mobility. Cavalcante 
and Ruthven [31] considered the longer tail of the 2-methylnonane as the determining factor 
in bringing the molecule in a more favourable orientation for transport through the catalyst’s 
micropores. The preferred formation of the 2-methylalkane over any other monobranched 
isomer from n-alkane hydroconversion on ZSM5-based catalysts, was confirmed in other 
experimental studies [10, 13, 21-23]. 
 
 
Figure 8-3 Percentage contributions to the total isomerization yield (Eqn. 2-5) of 2-
methylnonane (diamonds), 3-methylnonane (squares), 4-methylnonane 
(triangles) and 5-methylpentane (circles) as a function of the total n-decane 
conversion (Eqn. 2-2). In addition, the thermodynamic equilibrium values are 
depicted as lines for 2-methylnonane (long dash), 3- and 4-methylnonane (short 
dash), and 5-methylnonane (dot). 
8.1.4 Cracking product distribution 
A detailed characterization of the cracking product distribution is presented in Figure 
8-4 showing the linear and branched alkane product yields lumped per carbon number. 
Considering the individual product yields, propane clearly is the most abundantly present in 
the product mixture which contrasts strongly with the product selectivities obtained on non-
shape selective catalysts. In the latter case, cracking is governed by fast type A β-scission of 
tribranched species leading to a cracking product distribution which is primordially 





composed of monobranched alkanes with carbon numbers in between 4 and CNfeed - 4, vide 
Figure 1-5 for a n-octane feed. On a ZSM5-based catalyst, however, a more uniform cracking 
product distribution with respect to the product carbon number is obtained. A higher 
contribution of linear species is also observed compared to the corresponding iso-alkanes for 
any product carbon number. The latter indicates that the obtained product distribution is not 
the result from unconstrained reaction at the crystallite external surfaces, but that n-decane 
was able to fully penetrate the catalyst micropores for isomerization and subsequent cracking. 
 
 
Figure 8-4 Experimental cracking product yields lumped per carbon number, and 
separated between linear (black) and branched cracking products (grey), at a 
space time of 750 (full bars), 600 (horizontally striped bars), 450 (vertically 
striped bars), and 300 kg s mol-1 (dotted bars), and at 503 K and 1 MPa (a), 513 
K and 1 MPa (b), at 503 K and 1.5 MPa (c), at 513 K and 1.5 MPa (d), at 503 K 
and 2 MPa (e), and at 513 K and 2 MPa (f). 
 
The cracking product distribution is practically independent of the reaction conditions 
applied as demonstrated in Figure 8-5. Herein, the total n-decane conversions ranged from 19 





to 70%. In the general alkane hydroconversion mechanism, the contributions of type C and 
type B β-scission products gradually decrease with the feed conversion as the formation of 
tribranched intermediates which are susceptible to fast type A cracking, becomes more 
pronounced in the higher conversion range, vide Figure 3-14 in Chapter 3. The present results 
imply, however, that the cracking products are initially formed from the same decane isomers 
as in the higher conversion range. 
 
 
Figure 8-5 Cracking product distributions observed at 503 K (black) and  513 K (grey), at 1 
MPa (full bars), 1.5 MPa (horizontally striped bars) and 2 MPa (vertically 
stripped bars), a space time of approximately 750 kg s mol-1, and an inlet H2-to-
nC10 molar ratio of 200. Branched products are lumped per carbon number. 
 
Figure 8-5 also shows a considerably higher propane yield compared to heptane 
which is an indication for secondary cracking of the cracking products and, following the 
methodology presented in Section 3.3.2, for competitive physisorption between alkanes of 
different carbon numbers. Denayer and co-workers [19, 32] found an exponential increase of 
the Langmuir physisorption coefficient with the sorbate carbon number in the low occupancy 
regime for various ZSM5 zeolites. Owing to the narrow pores of an MFI framework, 
physisorption is governed by strong Van der Waals interactions with the sorbent leading to a 
significant enrichment of hydrocarbons from the bulk into the physisorbed phase. The latter 
results in a micropore saturation degree close to 100% and, concordantly to size and 
configurational entropy effects similarly as described in Section 3.3.2 [33, 34]. These 
primarily affect the physisorption behaviour of the largest compounds within the physisorbed 
phase owing to their low packing efficiency in the catalyst framework relative to the lighter 
components [35]. Consequently, re-physisorption and subsequent reaction of cracking 





products, are more likely to occur and probably lie at the origin of the significant propane 
yields. Figure 8-6 depicts the propane/heptane and the butane/hexane yield ratio as both 
alkane pairs are simultaneously formed from the cracking of a decyl carbenium ion. 
Significant cracking of heptyl ions towards C3 and C4 compounds leads to a nearly twice as 
high propane yield compared to heptane, and to a butane/hexane yield ratio which slightly 
exceeds 1. Cracking of hexane molecules is limited because of the high activation energy 
associated with (s;s) β-scission of a 4-methylpent-2-yl ion, vide Table 3-1, which is the only 
cracking reaction within the n-hexane hydroconversion network, see Figure 6-3. The n-
hexane hydroconversion data presented in Section 6.1 indeed indicated only a marginal 
hexane conversion towards propane. Dibranched heptyl ions, on the other hand, can undergo 
type B1 and B2 β-scission and are therefore more susceptible to further cracking following the 
lower activation energies for these reaction families, see Table 3-1. 
 
 
Figure 8-6 Propane/heptane (full diamonds) and butane/hexane yield ratio (open circles) 
(Eqn. 2-4) as a function of the total n-decane conversion (Eqn. 2-2). 
8.2 Reaction pathway analysis 
Decane conversion primarily occurs within the catalyst crystallites leading to a cracking 
product distribution which considerably deviates from the conventional distribution obtained 
on non-shape selective catalysts. The production of multibranched isomers was not evident 
from the experimentation, while the low yields of monobranched alkanes are most likely due 
to pronounced mass transport limitations occurring within the catalyst crystallite. The latter 
implies that methylnonanes are more likely to react further towards other isomer species or 
cracking products once formed inside the micropores, than to move out of the catalyst 
framework towards the bulk phase. The formation of multibranched species was considered 





possible in case of a n-hexane feed, vide Chapters 6 and 7, even though their participation to 
the reaction mechanism was not evident from the corresponding product yields. The 
extension towards a feed as heavy as n-decane might include some form of transition state 
shape selectivity during the formation of multibranched isomers which are larger than the 
dimethylbutanes involved in n-hexane hydroconversion. In addition, the formation of 
quaternary carbon atoms might be sterically hindered as their critical diameter, i.e., the 
diameter of the smallest cylinder which can circumscribe the molecule in its most favourable 
equilibrium conformation [14], is substantially larger than that of other isomers of the same 
carbon number and branching degree [36].  
In order to gain more insight into the reaction mechanism involved in n-decane 
hydroconversion on Pt/H-ZSM5 catalysts, SEMK model simulations were performed at the 
reaction conditions applied during the experimentation. A few alternative cases have been 
simulated in which the different cracking modes, shown in Figure 1-3, are alternately 
accounted for. Intracrystalline diffusion limitations are most likely the origin of the low 
production of monobranched decane isomers leading to their enhanced apparent reactivity. 
The latter was simulated by increasing the corresponding physisorption coefficients of the 
monobranched decane species. Doing so, time-consuming computations for the integration of 
Eqn. 6-11 can be avoided for the present reaction pathway analysis. To this purpose, a SEMK 
model as described in Section 3.1 was used instead and adopts the micropore volume and the 
total acid site concentration reported in Section 2.1.3. The Langmuir physisorption 
parameters in Eqn. 3-2 for n-alkanes were determined by Arik et al. [32] on ZSM5 zeolites 
with Si/Al ratios ranging from 15 to 400. An interpolated value for the standard physisorption 
enthalpy and entropy was concordantly adopted. The Langmuir physisorption coefficients of 
the methylnonanes were set approximately two orders of magnitude higher than the one for n-
decane.  
Thermodynamic equilibrium was assumed within the multibranched isomer lump. To 
this purpose, Benson’s group contribution method was used to calculate the pure component 
thermodynamic data [29]. Their negligible production during experimentation was simulated 
by applying a pseudo-steady state approximation for the corresponding ionic intermediates, 
such as in Eqn. 3-8, but this time oriented towards the reaction products from the PCP 
branching and cracking reactions of which the ion is the reactant. The alkane standard 
protonation enthalpies for secondary and tertiary ion formation were set to a value close to 





respectively -70 and -100 kJ mol-1 in order to approach the experimentally obtained n-decane 
conversions. These enthalpy values lie well within the reported range of enthalpies for a 
variety of zeolite catalysts [6, 37], see also Table 3-2, Table 4-3, and Table 7-2 for 
respectively a Pt/H-beta, a Pt/H-USY and another Pt/H-ZSM5 catalyst. 
First, type C cracking of mono- and dibranched alkanes was exclusively considered, 
while isomerization towards trimethyloctanes was not accounted for. No secondary cracking 
and isomerization reactions were included yet. In a pioneering research, Weitkamp et al. [22] 
did consider the formation of dibranched species during nC9-nC16 hydroconversion on Pt/H-
ZSM5 although their production was negligible even at high feed conversions. Their 
formation was evident from the production of branched cracking products which, otherwise, 
could not be formed from (s;s) β-scission of monobranched alkyl ions only. However, the 
authors ruled out type B cracking of these species as the experimentally obtained cracking 
product distributions could not be elucidated by considering these reaction families. Figure 8-
7 shows the experimentally obtained cracking product distributions at 9% (a) and 43% n-
decane conversion (b), along with the simulated distribution by accounting for (s;s) β-scission 
only. The contributions of propane, n-butane and n-pentane agree reasonably well with the 
corresponding experimental values. The formation of iso-hexanes and -heptanes was, on the 
other hand, significantly overestimated which could be ascribed to the lack of secondary 
isomerization and cracking reactions underwent by these species. In the present model, these 
secondary reactions were not significant owing to the relatively low Langmuir physisorption 
coefficient of the cracking products. The zero production of iso-butane, however, completely 
disagrees with the experimental observations and cannot be attributed to the absence of 
competitive physisorption in the model only. If iso-butane would be exclusively the product 
of secondary reactions, the yield of propane which is simultaneously formed from the 
cracking of an iso-heptyl carbenium ion, would be severely overestimated. The present 
cracking product distribution could, hence, not be explained from type C β-scission reactions 
only. 
iso-Butane is a product which is exclusively formed from type B β-scission of 
dimethyloctyl ions, or from type A β-scission of trimethylheptyl ions. Incorporation of 
tribranched species into the n-decane hydroconversion network led to very low contributions 
of propane and heptane to the overall cracking product distribution, and also to a significantly 
lower yield of linear species. The latter agrees well with the cracking product selectivities 





observed on non-shape selective catalysts as could be expected from the relatively low 
activation energy for (t;t) β-scission, vide Table 3-1, and is therefore not depicted in Figure 8-
7. The formation of tribranched isomer species likely only occurs to a very low extent as the 
corresponding critical diameters typically exceed the pore diameter [14, 15], and approach 
the dimensions of the cages formed at the pore intersections [24]. 
 
 
Figure 8-7 Experimental (full bars) and simulated cracking product distributions at 503 K, 
2 MPa (a) and at 513 K, 1 MPa (b), at an inlet H2-to-nC10 molar ratio of 200 and 
a space time of 450 kg mol s-1. Simulated product yields were obtained 
considering type C β-scission exclusively (open bars), considering type B and C 
β-scission (grey bars), and additionally incorporating competitive physisorption 
between decane and cracking products (shaded bars). 
 
The grey bars in Figure 8-7 represent the simulated cracking product yield 
contributions when accounting for both type C and B β-scission of mono- and dibranched 





decane isomers. A substantial improvement in agreement with the experimental results is 
observed for any of the cracking products considered, except for propane. The significant 
contribution of the (s;t) and (t;s) β-scission families to the overall kinetics is evident from the 
simulated yield contribution of iso-butane which, in this case, approaches the experimental 
value reasonably well. As iso-butane is formed from (s;t) β-scission of a 2,2-dimethyloct-4-yl 
ion, the formation of quaternary carbon atoms inside the catalyst framework is likely 
possible. This implies that any dimethyloctane can be formed either from PCP branching of a 
methylnonane, or from alkyl shifts of other dimethyloctane isomers. The latter reactions 
exhibit a low activation energy, vide Table 3-1, and allow the establishment of fast 
thermodynamic equilibrium within the dimetylbutane isomer lump prior to cracking towards 
lighter species. 
The overestimation of the iso-heptane and iso-hexane yields contrast strongly with the 
underestimation of the corresponding linear product yields, especially in case of heptane. The 
total physisorption site occupancy at the reaction conditions applied amounted up to 98% of 
the saturation capacity and, hence, competitive physisorption effects as elaborated in Section 
3.3.2, are probably affecting the increased selectivity of the catalyst towards the 
physisorption of the longest alkanes within the reaction mixture. Incorporation of a 
competitive physisorption step by reducing the Langmuir physisorption coefficient of decane 
species, resulted in the shaded product distribution in Figure 8-7. Branched hexane and 
heptane molecules tend to debranch back to the corresponding n-alkanes increasing the yield 
of nC6 and nC7, respectively, or crack further towards propane and/or butane species. The 
latter is most obvious for iso-heptane as dibranched species susceptible to type B β-scission, 
are much more reactive to cracking than a 4-methylpent-2-yl ion. The slight underestimation 
of propane yields completely vanished as a result of such secondary cracking reactions. In 
fact, any of the product yield contributions could be accurately simulated, implying that type 
B β-scission of dibranched species involving a tertiary carbenium ion reactant or product, 
dominates the cracking kinetics within the catalyst framework. Transition state shape 
selectivity effects only emerged during the isomerization towards tribranched species. 
8.3 Conclusions 
In this chapter, a reaction pathway analysis of n-decane hydroconversion on Pt/H-
ZSM5 is presented based upon experimental data and Single-Event MicroKinetic (SEMK) 





model simulations. The catalyst’s low affinity towards decane isomer products was attributed 
to strong diffusion limitations occurring on the microscale in accordance with other studies in 
literature. The substantially higher selectivity towards 2-methylnonane relative to the other 
mono-methyl branched isomers, confirmed that the diffusion rate significantly depends upon 
the branch position on the carbon-carbon skeleton of branched hydrocarbons. The negligible 
production of dibranched species was not an indication for their restricted formation inside 
the catalyst framework in contrast to tribranched alkanes. The former species are primarily 
responsible for the peculiar cracking product distribution obtained on the catalyst which is 
almost evenly distributed over the product carbon number. Fast intramolecular alkyl shifts 
established thermodynamic equilibrium within the dimethyloctane isomer lump prior to 
cracking towards lighter products. Competitive physisorption owing to framework saturation 
led to an increased reactivity of branched hexane and, especially, heptane molecules once 
formed from the cracking of a decyl ion, leading to debranching towards the corresponding 
linear species and, in case of heptane, to cracking towards propane and butane products. 
Saturation effects should therefore be accurately accounted for in future model development. 
The detailed elucidation of the reaction mechanism involved in the hydroconversion 
on Pt/H-ZSM5, of a model alkane such as n-decane constitutes the next challenge in 
mastering the intriguing phenomena involved in heavy hydrocarbon conversion on ZSM5-
related catalysts. As concluded from the results presented in this chapter and in Chapter 6, a 
complex interplay of physico-chemical phenomena including intracrystalline diffusion 
limitations, competitive physisorption, product and transition state shape selectivity, occur 
along with the intrinsic reaction kinetics, and are difficult to untangle from the apparent 
kinetics without the aid of a fundamental model. The SEMK methodology applied in this 
work is perfectly suited to tackle this formidable challenge. 
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Conclusions and future 
work 
 
The impact of hydroconversion processes in refineries worldwide has augmented 
considerably since their commercialization in the 60’s. The most advanced state-of-the-art 
hydroconversion technologies are oriented towards the upgrading of heavy feedstocks in 
slurry phase reactors, and the conversion of alternative feeds coming from gas or biomass to 
liquids conversion processes. The possibility to efficiently remove heteroatoms such as sulfur 
and nitrogen from the (heavy) feeds, as well as other ‘contaminants’ such as heavy metals, 
establishes hydroconversion as a vital refinery process, at present even more than before 
considering the dwindling crude oil resources and increasing environmental concern. 
The development of superiour catalytic materials for high quality fuel production 
remains a crucial challenge in coping with the contamination issues described above. In this 
respect, fundamental Single-Event MicroKinetic (SEMK) models have proven to be a 
versatile tool in untangling the intrinsic kinetics associated with often complex reaction 
networks. The SEMK methodology is able to unambiguously distinguish the catalyst role 
from the overall kinetics which, hence, opens up the route towards catalyst optimization 
based upon a sensitivity analysis of ‘catalyst descriptors’, i.e., model parameters which 
account for the catalyst properties. The latter was demonstrated for n-alkane hydroconversion 
and other processes for which a SEMK model has been developed. 
The kinetics are commonly disguised by other physico-chemical phenomena 
occurring on the microscale which complicates comprehensive data analyses considerably. 
Thanks to its strictly consecutive reaction network comprising a limited amount of reaction 
families, ideal n-alkane hydroconversion is particularly suited as model reaction to 
fundamentally assess shape selectivity and competitive physisorption effects that occur 
alongside the reaction. Accordingly, extreme shape selectivity observed when using 





unidirectional medium-pore zeolites, and liquid phase phenomena during heavy alkane 
conversion have been successfully accounted for in SEMK models. As part of this thesis, 
n-decane hydroconversion was carried out on large-pore Pt/H-USY catalysts which 
underwent Atomic Layer Deposition (ALD) using trimethylaluminium and water. The 
complex chemistry involved in post-synthesis modification techniques such as alumina ALD, 
could be unraveled via evaluation of the catalyst descriptors by independent characterization 
techniques, complemented by SEMK model regression against experimental data. Future 
work could be oriented towards innovative zeolite frameworks in which mesoporisity has 
been created, or to other post-synthesis treatments such as acid leaching and twinning 
techniques, which aim at a considerable improvement of catalytic materials for a target 
reaction. 
The synergy effect between a shape selective ZSM22 and a non-shape selective Y 
zeolite on the overall isomerization yield, was explored at industrially relevant conditions 
including the feed composition, by means of SEMK model simulations. A complex interplay 
between the isomerization reactions occurring consecutively over both catalysts, and 
physisorption competition at liquid phase conditions, resulted in a slight attenuation of the 
enhanced total isomerization yields. Feed mixture effects at gas phase conditions would 
completely eliminate any synergy effect, however. Future work could be directed to the 
experimental confirmation of the synergy during the hydroconversion of a Fischer Tropsch 
paraffinic wax, and would involve the challenging task to interpret intrinsic kinetics effects 
from data acquired in the highest conversion range.  
Extension of the SEMK methodology towards reaction at micropore saturation during 
gas phase hydroconversion of a heavy alkane feed, was elaborated for an alternative 
framework topology, i.e., beta. Entropy losses inversely related to the packing efficiency of 
sorbate molecules onto saturated surfaces, were incorporated to describe the increased 
contribution of secondary cracking and isomerization reactions to the overall reaction 
mechanism. Additionally, minor shape selectivity during the formation of ethyl branched 
isomers had to be accounted for. The SEMK methodology was ideally suited to 
fundamentally assess subtle shape selectivity effects as observed with beta frameworks, and 
demonstrated itself as a complementary tool in the evaluation of new and advanced materials 
for a given target reaction. 
 





More extreme forms of shape selectivity were observed during n-hexane 
hydroconversion on Pt/H-ZSM5. The latter primordially included intracrystalline diffusion 
limitations for the hexane isomers, and were fundamentally assessed by means of the Stefan-
Maxwell theory for multicomponent diffusion. Incorporation of the catalyst’s unit cell in a 
mean field approach allowed to account for specific framework properties. It considerably 
increased the versatility of the SEMK methodology towards other catalyst frameworks and 
crystallite geometries. Future work could be directed towards the assessment of such 
intracrystalline diffusion limitations during other, commercially relevant processes such as 
xylene isomerization on ZSM5-related materials. 
The high affinity of ZSM5 towards alkane hydrocracking was evident from the 
conversion of a heavier feed such as n-decane. Transition state shape selectivity was believed 
to occur during the isomerization towards tribranched species owing to their extremely low 
impact on the observed kinetics. Isomerization was limited up to dibranched species only 
which, in turn, were completely immobile upon formation. Assuming thermodynamic 
equilibrium within the dibranched isomer lump in addition to accounting for secondary 
isomerization and cracking, enabled to accurately describe the product distribution and, 
hence, to fully comprehend the shape selectivity effects occurring on the microscale. The 
extension of the comprehensive SEMK, Stefan-Maxwell and mean field methodology, as 
constructed for n-hexane hydroconversion, to the large reaction network involved with a 
decane feed, would constitute a considerable step forward in the development of an 
optimization routine for catalytic materials giving rise to intracrystalline diffusion limitations 
during complex reactions. 
SEMK model development is, at present, oriented towards Fischer-Tropsch synthesis, 
aromatics hydrogenation, hydrodeoxygenation and hydrodenitrogenation, among other 
reactions. Considering the present outlook in fuel production and consumption, the extended 
applicability of the SEMK methodology will be of paramount importance for the design and 
optimization of current and emerging catalysts and conversion technologies, oriented towards 
the exploitation of heavily contaminated feedstocks, bio-based materials, and natural gas.  
 
 
 
